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Abstract 
 

 

     The employment of tubular hydrophobic carbon-based titania membranes in sweeping gas 

membrane distillation (SGMD) was studied in this PhD thesis. Each membrane is composed of four 

layers possessing different morphological properties. The membranes were manufactured by the 

Fraunhofer Institute for Ceramic Technologies and Systems (IKTS, Hermsdorf, Germany).  

     The characterization of some of the membrane morphological properties was implemented in 

this thesis by coupling experimental and modeled results of single gas permeation tests. This stage 

was a prerequisite for modeling SGMD owing to the impact of the morphological properties on the 

membrane mass transfer resistance. The dusty gas model was adopted in modeling the gas 

permeation. Two different approaches were followed during modeling. The first approach 

considered the morphological properties of each single membrane layer. This allowed the prediction 

of the role played by each layer in the overall membrane mass transfer properties. As for the second 

approach which is the most commonly applied in literature, average membrane morphological 

properties were characterized without considering the unique contribution of each membrane layer. 

Results demonstrated that the second approach underestimated the mass transfer resistance during 

SGMD processes. 

     The investigation of the module performance during SGMD operations was achieved by 

experimental and modeling studies for NaCl (aq.) feed. The model considered the Knudsen and 

molecular diffusion mechanisms in the membrane. The module was capable of undergoing SGMD 

experiments at temperatures up to 110°C which is higher than the values applied in most of the 

works in literature. Experimental flux results went in agreement with the modeled values obtained 

on using the morphological properties of each membrane layer. On the contrary, the modeled values 

obtained on considering average membrane morphological properties deviated significantly from 

the experimental results. The SGMD model was also used to estimate the effect of the operating 

conditions and flow configuration on the obtainable water flux. The liquid temperature and gas 

pressure possessed the most significant effects on the modeled flux. Besides, the contribution of the 

Knudsen diffusion was found to be negligible during SGMD. Other modeling studies of the 

membrane modules were performed for the case belonging to SGMD of ethanol (aq.). This aimed 

at predicting the effect of the operating conditions on the membrane selectivity. The Maxwell-

Stefan modeling approach was followed in this case. Results showed that the liquid inlet 

temperature and the total length of the SGMD unit vessel were the most important factors affecting 

the obtainable selectivity.  

     Eventually, a hypothetical sweater desalination process was proposed. This process incorporated 

SGMD (using the modules studied in this thesis) as the desalination unit. Process development and 

optimization procedures were carried out using preliminary design and non-rigorous cost 

estimation. Results showed that the SGMD inlet liquid temperature was the key parameter affecting 



 

ii  
 

the choice of the operating conditions and the array of the modules inside the SGMD unit. The 

water production cost (WPC) could be minimized by maximizing the SGMD inlet liquid 

temperature and the total length of the SGMD unit vessel. However, process limitations necessitated 

the compromise between these factors. The optimized liquid temperature was found to be 107°C 

for an SGMD vessel having a total length of 5.4 m. This corresponded to a water production cost 

(WPC) of 20.9 $/m3 such that the feed heating requirement was the determinant cost item. This 

WPC could be mitigated in case of the availability of a waste heat source.  
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1.1.Membrane Distillation Separation Concept 

 

     During the past half-century, membrane separation technologies have witnessed a tremendous 

breakthrough and have grown from simple lab-scale studies to important industrial applications 

[1,2]. The separation principle and operation mode differ from one membrane separation 

technology to the other according to the process nature, the required application and the driving 

force [2,3]. A membrane contactor (MC) utilizes a porous non-selective membrane to separate two 

phases preventing their uncontrolled mixing and dispersion while enabling them from being in 

contact with each other according to a well-defined interfacial area. The membrane morphological 

properties control the resulting interfacial area which is necessary for mass transfer and/or reaction. 

Many membrane separation systems fall into the category of membrane contactors like membrane 

stripping, membrane crystallization, membrane scrubbing and membrane distillation  [4,5]. 

 

     Membrane distillation (MD) is a non-isothermal process where the vapor pressure gradient 

across the membrane represents the mass transfer driving force. Therefore, the rate of mass transfer 

can be improved in MD by heating the liquid feed which increases the vapor pressure of the volatile 

components contained in the feed. Accordingly, membrane distillation can be categorized as a 

thermally driven separation process [1,4,6,7]. Being heated, the feed is brought into contact with a 

porous non-selective membrane such that transmembrane mass and heat transfer from the feed side 

occur simultaneously towards the permeate-side.  Liquid vaporization of the volatile components 

in the feed takes place at the pores entrance lying at the vicinity of the feed-side (feed/membrane 

interface). This creates an immobilized liquid/vapor interphase. As a result, the volatile components 

present in the feed are transported in the form of vapor molecules by diffusion through the unwetted 

membrane pores towards the permeate side. This is the sequel of the created vapor pressure gradient 

across the membrane. Then mass transfer mechanism occurring in the permeate-side depends 

greatly on the configuration of the membrane distillation where the permeating species are 

separated and recovered [1].  

 

 

     The pores of the membrane should be kept unwetted by the liquid streams during membrane 

distillation to avoid the undesired intrusion of the liquid into the membrane pores by capillary 

forces. This can lead to the consequence of the total passage of the liquid through the membrane 

until reaching the opposite membrane-side in the liquid form. The wetting phenomenon results in 

inefficient separation and can risk the flooding of the permeate-side marking process failure 

[1,4,6,7]. As a result, the difference between the feed pressure and that inside the pores should not 

exceed a minimum value known as the liquid entry pressure (LEP) which is dependent on the 

surface energy of the material and the liquid stream properties at given operating conditions [8]. 

 

 

     Heat and mass transfer phenomena occur simultaneously during MD processes. Generally, heat 

is transferred across the liquid feed boundary layer from the feed bulk towards the feed-membrane 

interface. Then part of this heat is used to evaporate the permeating molecules from the feed while 
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the remaining portion is considered as heat losses and is transferred by heat conduction across the 

membrane towards the permeate side. Finally, the heat energy that reached the permeate-membrane 

interface is transferred to the permeate bulk across the permeate boundary layer. Therefore, 

conduction losses decrease the thermal efficiency of the membrane distillation processes as they 

represent the portion of total heat transferred from the bulk to the membrane that is not used in the 

vaporization of the permeating molecules [1,4]. 

 

 

1.2.Evolution of Membrane Distillation Technology 

1.2.1. Short History 

 

     Membrane distillation was first introduced in the 1960s. Its development was impeded due to 

two main factors. The first was the difficulty in obtaining the membrane with the desired properties 

at a reasonable cost. The second was the uncertainties regarding the process economics when 

compared to conventional separation methods due to the high energy requirement required for 

heating the liquid feed to the desired operating temperatures [6,7]. 

 

 

     In 1963, the first patent on membrane distillation was filed by Bodell which introduced the 

separation concept of membrane distillation in the scientific society. Silicone rubber membrane was 

used in this patent for water desalination  [1,9]. In the permeate side, ambient air was allowed to 

flow and carry the water vapor molecules permeating from the feed side. Then the water was 

condensed and collected later in an external condenser. This configuration resembled the sweeping 

gas membrane distillation (SGMD). In 1967, another patent on membrane distillation was filed by 

Weyl claiming improvements in membrane distillation technology offering fewer energy demands  

[10]. Weyl used hot saline water and cold demineralized water as the feed and permeate sides 

respectively. The two sides were separated by a PTFE membrane with air-filled pores. This 

configuration resembled the direct contact membrane distillation (DCMD) configuration. The 

maximum flux reported was 1 kg/(h m2). Then Bodell took out his second patent in 1968 [11]. This 

patent was a continuation of the work presented in his first patent where it was able to obtain potable 

water from saline water. 

 

 

     Other patents followed the work by Bodell and Weyl suggesting new composite materials  [12] 

and new configurations like the spiral-wound for membrane distillation processes [13]. It is worth 

mentioning that the first paper on membrane distillation was published by Findley in 1967 in the 

Journal of ñIndustrial & Engineering Chemistry Process Design and Developmentò where the 

application of (DCMD) configuration was experimentally studied [14]. Various membrane 

materials were used like paper, glass fiber, and diatomaceous earth-containing membranes. The 

coating materials used to achieve the required hydrophobicity were silicone and Teflon.  

 

 

     In the 1980s, membrane distillation was considered a newborn technology, so the vagueness 

related to its principles demanded distinct definitions and descriptions. Therefore, a committee was 

established in Rome in 1986 at the ñWorkshop on Membrane Distillationò aiming at standardizing 
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the membrane distillation process terminology  [6,9]. The main characteristics and features of the 

membrane distillation process as defined by the committee were as follows: 

 

¶ The membrane should be porous. 

¶ The membrane should not be wetted by the process liquids. 

¶ Capillary condensation should not occur inside the membrane pores. 

¶ The membrane must not lead to alterations in the liquid/vapor equilibrium of the different 

components in the process liquids. 

¶ At least one side of the membrane should be in direct contact with the process liquid. 

¶ For each component, its partial pressure gradient in the vapor phase represents the driving 

force for mass transfer 

 

1.2.2. Recent Research Directions 

 

     A significant consideration is being dedicated to membrane distillation technology from 

industrial and academic pursuits. This has kept up the momentum for new publications regarding 

this technology [15]. Accordingly, the frequency of publications concerning membrane distillation 

has risen exponentially since the 1980s [1]. Recently, many research works found in the literature 

are dedicated to the characterization of membranesô properties and the investigation of their 

performance for various MD applications. In fact, seawater desalination is deemed to be the most 

studied MD application. Several works studied other applications related to concentration of 

solutions for food and pharmaceutical industries [16ï21], water treatment [22ï27] and 

dehumidification of desiccants  [28ï32]. Given that the overall performance of the MD process is 

greatly dependent on the morphological and physiochemical properties of the membranes used [15], 

many recent works in the  focus on the characterization and optimization of these properties for 

MD processes [19,33ï39]. Such properties could include the membrane hydrophobicity (expressed 

by contact angle and LEP), the morphological properties and the chemical, thermal and  mechanical 

stability [1].  

 

     Most of the LEP measurements take place at room temperature [40ï43]. However, measuring 

the LEP at higher liquid temperatures close to the desired MD operating temperature could offer a 

more realistic evaluation. This approach was followed by F. Varela-Corredor et al. [8]  where LEP 

tests took place at temperatures up to 120 °C introducing the concept of the liquid entry temperature 

(LET). According to the authors, at a given transmembrane pressure difference, on increasing the 

temperature, the LEP decreases till reaching the temperature value of the LET at which wetting 

occurs. Regarding the morphological properties of the membranes used in MD, typical membrane 

characterization techniques are applied such as the scanning electronic microscopy (SEM), bubble 

point test, the mercury intrusion porosimetry [26,27,44,45]. Moreover, gas permeation tests 

represent an effective tool in the estimation of the important membrane mass transfer and 

morphological properties  [46ï51]. Aiming at investigating the performance of the membranes in 

MD processes, experimental and modeling studies were coupled in several works in literature [52ï
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62]. In many cases, this offered further simulations and optimization of the membrane properties, 

module geometric parameters, operating conditions and the configurations of the MD process and 

the employed membrane 

 

     It is worth noting that in the majority of the works in literature dedicated to MD studies, the 

research works are limited to membrane characterization and module performance investigation 

based on laboratory-scale and pilot-scale studies. However, few works in literature focused on 

process development and economic evaluation of large-scale MD processes [63ï71]. The absence 

of the detailed information required for process development and optimization is considered one of 

the main challenges facing the implementation of MD on a commercial scale [66].  

 

1.3.Configurations of Membrane Distillation 

 

1.3.1. Processes 

 

 

     There are four main configurations of membrane distillation (MD) processes. They differ in the 

nature of the permeate side stream and the method by which the permeating molecules are 

recovered. Consequently, the configurations differ in the corresponding transfer phenomena [1]. 

These configurations are the direct contact membrane distillation (DCMD), the air gap membrane 

distillation (AGMD), the sweeping gas membrane distillation (SGMD) and the vacuum membrane 

distillation (VMD) [72]. The schemes corresponding to the main four membrane distillation 

configurations are shown in Fig. (1.1). Each MD configuration has its own advantages and 

disadvantages. Therefore, the choice of the most suitable configuration greatly depends on the 

operating conditions, feed properties and process application. Due to its simplicity and minimum 

equipment required, DCMD is the most studied configuration of MD with the highest number of 

publications such that more than half of the publications on MD are concerned with DCMD [1,7].  

 

 

     In the sweeping gas membrane distillation (SGMD) configuration, an inert gas stream flows in 

the permeate-side and is referred to as the ñsweeping gasò. The vapor molecules permeating across 

the membrane from the feed side join the permeate side and are carried by the sweeping gas towards 

the outlet of the MD module [1,7]. Then, the permeating molecules could be recovered from the 

sweeping gas by means of external separation methods like condensation and adsorption. The 

configuration of SGMD is recommended for the removal of volatile components from aqueous 

solutions [72,73].  Temperature polarization is an undesired phenomenon as it can negatively affect 

the efficiency of heat transfer and the obtained mass flux. High temperature polarization is due to 

high heat losses by conduction across the solid matrix of the membrane. This results in less available 

latent heat of vaporization which is required for the vaporization of the permeating components 

from the feed side. SGMD offers the advantages of low temperature polarization with respect to the 

other configurations in addition to the absence of the risk of wetting in the permeate side. However, 

SGMD suffers low fluxes and adds complexity to the system due to the need for recovering the 
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permeating molecules from the sweeping gas as well as pretreating the sweeping gas if required 

[1,15].  

 

 

 

 

 

 

 

 

 

 

 

 

                                    

 

 

 

 

 

 

 

 

 

 

 

 

 

 

     In the case of direct contact membrane distillation (DCMD) configuration, the permeate side 

contains a flowing aqueous solution that is present at a temperature lower than that of the feed. The 

vapor pressure difference of the permeating component is related to the temperature difference 

between the two streams. Evaporation of the permeating molecules occurs at the feed/membrane 

interface, then diffusion in the vapor filled pores takes place across the membrane and finally, the 

permeating molecules condense at the permeate/membrane interface and join the permeate-side 

solution [1,7]. DCMD is considered as the simplest and easiest MD configuration as it needs the 

least equipment [9]. It is very convenient for desalination and the concentration of aqueous solutions 

like orange juice for example. Being compared to VMD, DCMD offers higher fluxes and can be 

preferred for the removal of volatile components. The simplicity of the DCMD system enables its 

employment in any desired membrane equipment configuration like flat sheets, spiral wound, 

tubular, capillaries and hollow fibers [4]. Still, DCMD configuration suffers the highest temperature 

polarization with respect to the other configurations and its flux is sensitive to the feed concentration 

[15]. Its high temperature polarization is due to the fact that it has the highest heat conduction losses 

among the membrane distillation configurations [6]. 

Figure (1.1) The scheme of the main MD process configurations: (a)SGMD    b)DCMD   (c)VMD  (d)AGMD 

                     (a)                                                                                 (b)                           

                     (c)                                                                                 (d)                           
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     Air gap membrane distillation (AGMD) represents the configuration in which a stagnant air is 

interposed between the membrane surface and a condensation surface in the permeate side [1]. The 

vapor molecules from the feed side diffuse through the membrane pores and then across the stagnant 

air gap until reaching the cold surface where condensation occurs, and the distillate is collected at 

the outlet of the permeate side. The AGMD configuration has the highest energy efficiency so it 

can be widely employed for most membrane distillation applications [7]. The fact that there is an 

extra mass transfer resistance added for the vapor flow in the AGMD leads to low flux values [6,15].  

 

 

     As for the vacuum membrane distillation (VMD) configuration, a vacuum is applied in the 

permeate side. The applied vacuum pressure is less than the vapor pressure of the permeating 

components generating a positive driving force. Therefore, no condensation occurs in the permeate 

side. If necessary, the permeating molecules can be recovered by an external condenser at the exit 

of the downstream of the permeate side [7]. The mass transfer resistance in the permeate boundary 

layer is neglected and heat conduction losses across the membrane are also neglected [1,6]. VMD 

offers low temperature polarization and can be applied for aroma recovery. It can be also used for 

the removal of volatile organic compounds (VOCs) from aqueous solutions. Besides, it shows fewer 

heat losses by conduction than in the case of DCMD  [7,74]. However, it shows a higher risk of 

wetting and fouling in addition to less selectivity in case of permeation of more than one volatile 

component [15].  The use of vacuum is considered more convenient when the operation needs to 

be performed at low temperatures. Thatôs because the heat losses are negligible during VMD [9].  

 

 

     It is worth noting that two other hybrid variants of MD configurations were introduced aiming 

at increasing the flux and mitigating the energy requirements [75]. These two configurations are 

the thermostatic sweeping gas membrane distillation (TSGMD) and the liquid gap membrane 

distillation (LGMD). The latter can be also referred to as permeated gap membrane distillation. 

However, negligible research works studied the LGMD and the TSGMD when compared to the 

four main MD configurations. The TSGMD combines the configurations of the AGMD and the 

SGMD in order to minimize the temperature of the sweeping gas which increases significantly 

across the length of the membrane module in case of SGMD due to the heat transferred from the 

liquid feed [1,73].  In the TSGMD, part of the permeated water vapor molecules in the sweeping 

gas could condense inside the module according to the operating conditions while the uncondensed 

portion is recovered by an external condenser [1,76]. As for the LGMD, it combines the 

configurations of the DCMD and the AGMD such that the gap present between the membrane and 

the condensing surface in the permeate side of the AGMD system is filled by the distilled water 

that has permeated across the membrane from the feed side and has condensed on reaching the 

permeate side. This water acts as a stagnant cold liquid solution inside the membrane module [75]. 
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1.3.2. Membranes 

 

 

     The most common and traditionally applied types of membrane geometries are the flat-sheet and 

hollow-fiber membranes [44]. Typically, both membrane geometries are prepared from PP, PVDF 

and PTFE. It is also possible to prepare flat sheet membranes from PVDF-PTFE composite 

materials [7]. Hollow fiber membranes can offer high compactness up to 9000 m2/m3 [77]. This 

enables them from possessing larger surface area per unit volume than flat sheet membranes. The 

higher packing density of hollow fiber membranes is due to the small outer diameter of fibers.  

Besides, they offer lower mass transfer resistance when compared to the planar membranes. This 

is the result of the relatively small membrane thickness in hollow fibers with respect to flat sheet 

membranes [78,79]. 

 

 

1.3.3. Modules 

 

 

     As for the module configurations, the most commonly used geometries in membrane distillation 

systems are the plate frame, hollow fiber, tubular and spiral wound [6]. The membranes are grouped 

and assembled or packed in a defined array in a module that represents the membrane distillation 

equipment [80]. The choice of the right module geometry (module configuration) for membrane 

distillation depends on the process nature, limitations and application. A good module configuration 

is the one that can offer compactness, robustness and minimum pressure drops according to the 

system fluid dynamics. This can result in an improvement in the mass transfer and the obtainable 

flux [15].  

 

 

     Flat membranes are used in both the plate frame and the spiral wound modules. In the plate 

frame modules, the membrane and a spacer are layered together between two flat sheets. This 

geometry has a very wide application in the lab-scale due to its simplicity and easiness of cleaning 

and experimental management. Their use in the common membrane distillation applications as 

water desalination and wastewater treatment is widely spread. In case of the spiral wound geometry, 

flat sheet membrane and spacer are enveloped together and are then rolled around a central 

collection tube that is perforated. The feed moves in an axial direction and permeates across the 

membrane where the permeate moves radially towards the center and exits from the central 

perforated collection tube [81].  

 

 

     Thousands of hollow fibers are grouped and then packed inside a shell tube resembling the 

hollow-fiber module with a fiber-side and a shell-side. The feed can either pass inside the fiber or 

in the shell where it permeates towards the other side and then is collected and recovered. In case 

wetting occurs in the hollow-fiber modules, the whole module should be replaced [81]. The high 

compactness of hollow-fiber modules enables them from having a small footprint for a given 

effective mass transfer area. This makes this geometry of membrane distillation very attractive for 

industrial applications [6]. Although, hollow-fiber modules offer the advantages of both high 

compactness and low mass transfer resistance, the complexity involved in the modeling of the 
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transfer phenomena in hollow fibers modules is one of the main challenges in their study and 

development [82]. The tubular membranes have a geometry that is very close to that of the shell 

and tube heat exchangers. Tubes are grouped and inserted in the shell. Due to their low tendency of 

fouling, easy cleaning and high mass transfer area, tubular membranes are considered to be more 

practical then hollow fibers. However, they suffer high operating cost and have less compactness 

than the hollow-fiber modules [81].  

 

1.4.Membranes used in Membrane Distillation 

 

1.4.1. Polymeric Membranes  

 

     The commercial polymeric membranes used in membrane distillation (MD) are porous 

hydrophobic membranes that are made of polypropylene (PP), polyvinylidene difluoride (PVDF) 

or polytetrafluoroethylene (PTFE) (Teflon) [83]. Hollow fibers of polyethylene (PE) were also 

employed in desalination by MD [84]. Typically, the phase inversion technique is applied in the 

manufacturing of PVDF membranes while the stretching and thermal phase separation techniques 

are employed in the manufacturing of PP membranes. PTFE is generally manufactured using the 

sintering or the stretching techniques [1]. SEM images of PVDF and PTFE membranes are shown 

in Fig (1.2). 

 

 

 

 

 

 

 

Figure (1.2) SEM images for: (a) PVDF membrane [85]      (b) PTFE membrane [86]  

                                                

1.4.2. Ceramic Membranes  

 

 

     On being compared to ceramics, polymeric materials have some drawbacks as low thermal and 

chemical stability in addition to poor mechanical strength [78]. Higher thermal stability of ceramic 

materials could offer relatively high feed temperatures during MD operations. This could augment 

the mass transfer driving force given that MD is a thermally driven process. Moreover, ceramic 

membranes could offer higher lifetime than polymeric membranes since ceramics can undergo 

cleaning, backwashing and sterilization with harsh cleaning agents and/or at high temperatures [80].  

Accordingly, the employment of ceramic membranes in MD has attracted attention in many 

(a)                                                                        (b)            
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research works found in literature [44,87]. However, ceramic membranes lack the 

uncompromisable hydrophobicity necessary for avoiding pores wetting and module flooding. This 

is due to the presence of the hydroxyl group in ceramics giving them their hydrophilic nature. Also, 

ceramics suffer from high membrane thermal conductivity that may negatively affect the thermal 

efficiency in MD. Still, this could be mitigated by optimizing the membrane thickness [88]. Besides, 

ceramic membranes could be hydrophobized to prevent wetting and flooding  [78]. Other 

drawbacks of ceramic membranes are their high capital cost on being applied on a large scale 

besides their lower packing factor and high fragility [80]. The ceramic membranes mainly studied 

in literature for MD processes are metal oxides like alumina, zirconia, titania, silica while few 

studies considered non-metal oxides like silicon nitride [79,89]. There are many manufacturing 

methods of ceramic membranes like slip casting, tape casting, pressing, extrusion [5] .  

 

     The hydrophobization of ceramic membranes can take place by surface modification techniques 

like grafting and hydrophobic surface coating [1,78]. In most of the works devoted to the application 

of ceramics in MD, direct grafting with organo-silane compounds is the most adopted surface 

modification technique [44,87]. Simply, silane is a molecule that contains a silicon atom having 

four functional groups while the organosilane is the silane that has one or more organic groups 

forming bonds between carbon and Si like that in alkylated silicon (R-Si-). This bond is very stable 

and non-polar due to the organic nature of the functional group. On grafting, the organo-silane 

forms hydrogen, ionic, van der Waals, or covalent bonds with the ceramic membrane surface. The 

most widely employed organo-silanes in the hydrophobization process are fluoroalkyl silanes 

(FAS) while the main approaches used are the immersion, chemical vapor deposition (CVD) and 

the sol-gel methods [44]. SEM images are shown in Fig (1.3) for silica-based membranes before 

and after being grafted by fluoroalkyl silane. 

 

 

 

 

 

 

 

 

Figure (1.3) SEM images for silica-based membrane [90]  : (a) Before being grafted     (b) After being grafted  

 

     Before grafting, the ceramic membrane surface is hydroxylated because as the concentration of 

the hydroxyl groups on the membrane surface increase, the reaction between the FAS molecules 

and the membrane surface is enhanced. FAS compounds contain both, the hydrolysable and 

hydrophobic end groups where the length of the hydrophobic group, grafting time and grafting 

(a)                                                                                 (b)            
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temperature affect the hydrophobization process results [34ï36,91ï93].The hydrolysable group 

combines with the hydroxyl groups on the surface of the ceramic membrane [80,94] and the free 

hydrophilic groups are responsible for the hydrophobic character of the grafted membranes as 

demonstrated by Fig (1.4). FAS are the most used due to their high performance, low water 

absorption, resistance to oxidation and solvents. They have characteristics similar to those of PFTE 

but FAS are much easier to handle. Other coating materials used in ceramic membrane 

hydrophobization are chloro-alkyl silanes, alcohols, PDMS [36]. The first work on hydrophobic 

ceramic membranes for MD was reported by Labort et al. in 2004 [95]. They used alumina and 

zirconia membranes that were hydrophobized by 1H 1H 2H 2H perfluorodecyltriethoxysilane. 

Having applied the air gap membrane distillation (AGMD) configuration, they were able to achieve 

fluxes up to 6.9 kg/(h m2) at a feed temperature of 95 °C.  

 

 

 

 

 

Figure (1.4) Representation of the main reaction involved during the hydrophobization of ceramics                                                                 

by  FAS compounds (updated from [80]  ) 

 

1.4.3. Membrane Requirements 

 

     The membranes used in MD should offer high permeability and stable performance [15]. 

Therefore, the choice of the membrane material represents one of the main critical MD process 

aspects. A good membrane material should offer controlled contact between the two phases 

involved in the process without dispersing one into the other. This can be guaranteed by avoiding 

liquid intrusion into the membrane pores. Besides, high thermal and chemical stabilities and 

sufficient mechanical strength of the membrane are crucial for a successful MD operation.  It is also 

utterly obvious that one of the most important requirements of the membrane is that it should be 

available at a low cost [1]. Accordingly, many membrane properties need to be examined, 

characterized and optimized prior to its employment in MD processes. The membrane properties 

can be morphological and physiochemical. The membrane morphological properties include the 

mean pore size, pores size distribution, maximum pore size, porosity, tortuosity, thickness. As for 

the physiochemical properties of the membrane, they dictate the interaction behavior of the 

membrane with the process streams. Such properties include the membrane surface hydrophobic 

nature, the interfacial surface tension, thermal conductivity, thermal stability, chemical stability and 

mechanical strength [80]. 
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     Pore wetting can lead to possible clogging of pores reducing the active area available for mass 

transfer. Exacerbated cases of wetting could result in module flooding and failure of the MD 

process. In a satisfactory MD operation where wetting and flooding are prevented, the liquid/vapor 

equilibrium taking place at the feed/membrane interface is the only determinant of the selectivity 

factor in membrane distillation [96]. Also, if the feed solutions contain dissolved salts like the case 

of saline water, partial pore wetting may lead to precipitation of salts inside the pores causing partial 

or total clogging of pores. Consequently, the active area available for mass transfer and the obtained 

flux are reduced. In most of the applications of membrane distillation, the liquid process stream is 

a hydrophilic aqueous solution which necessitates the usage of hydrophobic membranes. This 

prevents the wetting and flooding phenomena as long as the pressured difference between the liquid 

stream and the gas entrapped in the pores is kept below the liquid entry pressure (LEP)  [1,4]. The 

membraneôs surface energy and the feed temperature are regarded as the main factors affecting the 

LEP value [8]. It is worth noting that although the transmembrane pressure should not exceed the 

LEP value, it should not be negative. A negative transmembrane pressure corresponds to the case 

at which the permeate pressure is higher than that of the feed inducing a pressure-driven reverse 

transmembrane flow. This phenomenon is known as bubbling [80]. Obviously, the LEP represents 

a critical membrane characteristic [81]. It needs a clear investigation in order to ensure the 

applicability of membrane distillation experiments within the desired operating conditions. The 

LEP value can be theoretically estimated from the Laplaceôs equation as given by Eq. (1.1)  

 

 

                                                    ( )
min

max

2 cosl
f pLEP P P

r

bg q-
= - =                                                            (1.1) 

 

 

where Pf and Pp represent the feed and permeate pressure values respectively (for SGMD, AGMD 

and VMD) while lgand ɗ  represent the surface tension of the liquid at the liquid/air interface and 

the liquid-solid contact angle respectively. rmax is the maximum pore radius and ɓ is the pore 

geometric factor and it is equal to unity in case of cylindrical pores. The contact angle increases as 

the polarity difference between the liquid and the membrane increases [4]. High contact angle and 

LEP are desired characteristics of the membrane due to low corresponding risk of wetting and 

flooding. From Eq. (1.1), it can be indicated that the membranes that are more hydrophobic (have 

higher contact angle) and possess small pore size can offer higher LEP values. The commonly used 

pore size in the membrane distillation process lies within the range of 100 nm to 1 µm [15]. Besides, 

LEP value increases as the liquid surface energy decreases [81]. 

 

     Another important membrane aspect is its mass transfer properties [97]. According to the mass 

transfer resistance involved in membrane distillation processes, the molar transmembrane flux 

increases by increasing the porosity and mean pore size and by reducing the membrane thickness 

and pore tortuosity [15]. As a matter of fact, both mass and heat transfer take place simultaneously 

in membrane distillation processes. Therefore, the effect of these morphological properties on the 
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permeability should be investigated form the point of view of the transmembrane mass and heat 

transfer phenomena together. Aiming at improving the MD process thermal efficiency, the thermal 

conduction losses can be minimized by maximizing the heat transfer resistance across the 

membrane. This can take place by increasing the membrane  thickness [88,98]. However, this 

negatively impacts the transmembrane mass transfer. As a result, the membrane thickness should 

be carefully optimized [1,15]. Besides, the heat conduction losses can be reduced by choosing a 

membrane material possessing low thermal conductivity (high heat conduction resistivity) [1] and 

by increasing the porosity of the membrane since the thermal conductivity of the gas entrapped in 

the pores is around ten times less than that of the solid matrix of the membrane  [15]. The thermal 

conductivity of the commercial membranes used in membrane distillation is in the range of  0.04-

0.06 W/(m.K) [1]. 

 

     In addition to high permeability and hydrophobicity, high chemical stability is an indispensable 

membrane property for sustainable MD performance. The reaction between the membrane and the 

processes streams can affect the properties of the membrane matrix and the surface energy of the 

membrane. The latter can affect the hydrophobic nature of the membrane which could risk wetting 

and flooding. As a result, the membrane material should be resistant to the chemical attacks of the 

process fluids in order to preserve its desired properties [15,40,97].   

 

     Given that MD is thermally driven [1], high feed operating temperatures are desired in MD 

processes. However, the membrane properties and the hydrophobic nature of the membrane surface 

could be affected by long-term operations at high temperatures due to thermal degradation  [15]. 

This could result in pore wetting and flooding. Therefore, thermally stable membranes could offer 

a high driving force and stable flux in MD processes [97]. 

 

     Generally, the operating pressure difference involved in membrane distillation is close to or 

below the atmospheric pressure. This is relatively low when compared to other membrane 

separation processes like reverse osmosis (RO). Therefore, the required membrane mechanical 

properties in MD are not so high [97]. However, sufficient membrane strength is required in order 

to avoid cracks and failures. The mechanical properties of a given membrane material can be 

improved by increasing its thickness and decreasing its porosity  [15]. However, high membrane 

thickness and low porosity correspond to high mass transfer resistance. Therefore, these 

morphological properties need to be well examined and optimized. 

 

     Fouling in membrane distillation takes place due to the deposition and accumulation of 

undesired materials on the membrane surface and/or in membrane pores.  This could lead to partial 

or total clogging of pores with the consequence of flux declination [83]. The fouling mechanism is 

affected by the foulant properties (like its molecular size, diffusivity, solubility, charge, 

hydrophobicity), the feed properties (like the flow rate, pressure, temperature and concentration) 
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and the membrane properties (like pore size, pore size distribution, hydrophobicity, functional 

groups and roughness) [99]. The interfacial interactions, the affinity of the membrane and its charge 

with respect to the foulant particles could determine the fouling degree. Minimum fouling tendency 

occurs when the membrane surface and the fouling particles carry the same charge due to the 

produced repulsion between them. As the surface roughness increases, the hydrophobicity increases 

due to more entrapment of air in the membrane pores at the surface [83].  

 

 

1.5.Transmembrane Mass Transfer in Membrane Distillation 

 

     The mass transfer of vapor molecules in membranes used in MD processes has been widely 

studied and investigated where some theoretical models were developed based on the kinetic theory 

of gases [98]. The most common modeling approaches developed for the description of mass 

transfer across the membranes during membrane distillation include macroscale approaches like 

Fickôs law, Maxwell-Stefan approach, or the dusty gas model (DGM). Besides, the Navier-Stokes 

equations could be applied and numerically solved for detailed studies of the gas behavior inside a 

single membrane pore. The choice of the adequate modeling approach depends on the flow nature, 

space and time scales and the purpose of the modeling study [100]. 

 

     The main considered flow mechanisms of transmembrane mass transfer in membrane distillation 

can be either continuum (viscous flow and/or molecular diffusion) or non-continuum (Knudsen 

diffusion) or the flow can lie in the transition region between the continuum and the non-continuum 

flow regimes [9,96]. The flow type can be predicted according to the Knudsen number (Kn) which 

represents the ratio of the mean free path taken by the permeating molecule  l free to the pore diameter 

dp as given by Eq (1.2) [4]. The mean free path represents the distance between two successive 

molecule-molecule collisions and is estimated by the kinetic theory of gases according to Eq(1.3). 

 

                                                                                 

free

p

l
Kn

d
=                                                                                   (1.2) 

                                                                            
2 2

free BK T
l

Pps
=                                                                           (1.3) 

 

where,  T,P,KB,ů  represent temperature, pressure, Boltzmannôs constant and the collision diameter 

of the molecule respectively. On one side, continuum flow tends to be prevailing in the cases at 

which the mean free path of the gas is much smaller than the pore size. This is due to the fact that 

the collisions between the molecules with each other are more predominant than the collisions 

between the molecules with the pore walls. In such cases, the corresponding Knudsen number is 

much smaller than unity (Kn<0.01) [9,81]. On the other side, the non-continuum flow becomes the 
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predominant mass transfer mechanism in case the collisions between the molecules with the pore 

walls are much more significant than the collisions between the molecules with each other. The 

corresponding Knudsen number in such cases is larger than unity (Kn>1) [4,81]. Apparently, the 

transition region lies between these two extremes at (0.01<Kn<1) [4,101]. The main difference 

between the MD models adopted in literature lies in the considered flow mechanisms and the 

arrangement of their mass transfer resistance during MD processes [9]. 

 

     The dusty gas model (DGM) described by E. A. Mason and  A. P. Malinauskas [102] is 

commonly adopted in describing the transmembrane mass transfer in MD processes [1]. The DGM 

combines the (Poiseuille) viscous flow, molecular (ordinary) diffusion, Knudsen diffusion and 

surface flow mechanisms assuming the existence of a hypothetical mixture that is composed of the 

gas and the porous medium. Conceptually, the porous medium is assumed to resemble giant 

spherical molecules (dust particles) that are motionless and are uniformly held in space by external 

forces. The gas motion between these dust particles can be described by the kinetic theory of gases 

[100,102]. Surface diffusion is always neglected in the modeling of MD processes [9]. It is worth 

noting that the DGM was derived for isothermal systems which are not the case of MD.  F. Gao et 

al. introduced a polytropic equation of state to the discretized form of the DGM in order to estimate 

the temperature profile across the membrane pores during gas permeation tests [51]. In spite of that, 

a constant average value of the membrane temperature is usually applied in the DGM for MD 

modeling. This assumption is accepted especially in systems operating at small membrane 

temperature gradients [4]. The resistances of the flow mechanisms considered by the DGM can be 

assumed to be arranged in a manner similar to that of electric resistors. This can be demonstrated 

by the arrangement shown in Fig (1.5). 

 

 

 

 

 

Figure (1.5) Transmembrane mass transfer resistance according to the DGM [1]  

 

 

     The most general form of the DGM is expressed for the transitional flow regime by the set of  

Equations (1.4-1.9) [4,100,101] after neglecting the surface diffusion. The inclusion or the omission 

of one or more of these mass transfer mechanisms depends greatly on the operating conditions, 

membrane morphological properties and process nature [4,9].  

 

https://www.google.it/search?q=E.+A.+Mason&stick=H4sIAAAAAAAAAOPgE-LRT9c3NErKq7RMqUxS4gXxDJMNKgpMzKrStGSyk630k_Lzs_XLizJLSlLz4svzi7KtEktLMvKLFrFyu-opOOop-CYW5-cBAHtfJ0VLAAAA&sa=X&ved=2ahUKEwjN6bzwkI_jAhXkzIUKHZK_BeUQmxMoATAUegQIDBAK
https://www.google.it/search?q=A.+P.+Malinauskas&stick=H4sIAAAAAAAAAOPgE-LRT9c3NErKq7RMqUxS4gXxDNOSS6qSDDMqtWSyk630k_Lzs_XLizJLSlLz4svzi7KtEktLMvKLFrEKOuopBOgp-CbmZOYllhZnJxYDANN229RRAAAA&sa=X&ved=2ahUKEwjN6bzwkI_jAhXkzIUKHZK_BeUQmxMoAjAUegQIDBAL
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where, , ,D V

i i iJ J J represent the diffusive, viscous and total fluxes of component (i) respectively 

while ,K

i ihD D represent the Knudsen diffusivity and the binary diffusion coefficient of component 

(i) in a binary mixture (i/h) respectively. The subscript ñeò refers to the effective values. The total 

pressure, the partial pressure of component (i) and that of component (h) are represented by , ,i hP P P   

while ,i iMm  represent the viscosity and molecular weight of component (i) respectively. 

 

     The porosity  Ў  represents the ratio between the volume of all the pores with respect to that of 

the membrane  while the tortuosity  Ű  represents the ratio between the pore length and the membrane 

thickness [47]. In the case of perfectly cylindrical pores, the tortuosity is equal to one while in case 

of tortuous pore paths, the tortuosity is larger than unity. From the definitions of the porosity and 

the tortuosity, it can be indicated that the porosity-tortuosity ratio  Ў/ Ű  represents the ratio of the 

cross-sectional area of all the pores to the mass transfer area of the membrane. Therefore, the 

porosity-tortuosity ratio represents the ratio of the mole flux across the membrane to the mole flux 

across the pores.  

      

Some simplifications can be adopted in modeling the mass transfer during MD processes according 

to the implemented configuration and operating conditions  [4,9]. A set of simplified cases and the 

corresponding mass transfer expressions are given in Table (1.1). 
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Table (1.1) Transmembrane mass transfer expressions for different cases of MD  (updated from [4]  ) 

Case Mass Transfer Expression Eq. Comments 

DCMD, SGMD 

(Permeation of a 

single component 

i across stagnant 

gas h in pores) 

, ,

1i h i
iK

i e ih e g

J P J
P

D D R T

-
+ = Ð 

Dusty Gas Model 

(1.10) 
¶ Neglected viscous flow 

due to constant pressure 

in pores 

AGMD 

(permeation of 

single component 

i across stagnant 

gas h in pores) 

,

ln

ih e

i i

g h

D
J P

R T P
= Ð 

lnhP  is the log mean of pressures of 

h at both sides of membrane 

(1.11) 

¶ Neglected viscous flow 

due to constant pressure 

in pores. 

¶ Neglected Knudsen 

diffusion when 

compared to large 

molecular diffusion in 

membrane and air gap 

for AGMD 

 Permeation of 

more than one 

component 

across stagnant 

gas in pores) 

1 ,

n
h i i h i

h i ih e g

P J PJ P

D R T= ¸

- -Ð
=ä  

 

Stefan-Maxwell Equation 

(1.12) 

¶ Neglected viscous flow 

due to constant pressure 

in pores. 

¶ In case of low Knudsen 

number 

VMD 

(neglected 

continuum flow) 

(for a single 

component i) 

,

K

i e i

i

g

D P
J

R T

- Ð
=  

Knudsen Diffusion 

(1.13) 

¶ Predominant non-

continuum flow in case 

of large Knudsen 

number at very low-

pressure values. 

VMD (transition 

region flow for a 

single component 

i) , Single gas i 

permeation test 

2

,
8

K

i i e

g i

P r P
J D

R T

e

t m

è øå õ-Ð
= +é ùæ ö

ç ÷ê ú
 

Dusty Gas Model 

(1.14) 
¶ Absence of molecular 

diffusion in case of the 

presence of a single gas 

 

 

The integrated form of Eq (1.10) [1]  expressed by Eq (1.15) can be derived as follows for ideal gas 

and for a flat membrane of a thickness d . 
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where C and  y  represent the total molar concentration and the mole fraction in the vapor state 

respectively while the subscripts ñfmò and ñpmò refer to the feed-membrane interface and the 

permeate-membrane interface respectively. z represents the direction of diffusion. 

 

     As a simplification of the DGM expression in Eq (1.15), the Wilke model combined with the 

Bosanquet formula can be proposed [103,104]. The Wilke model describes the molar flux across 

the membrane relative to the molar average velocity by Fickôs law using an effective diffusion 

coefficient 
Eq

ihD  instead of the binary diffusion coefficient. This is given by Eq (1.16). The effective 

diffusion coefficient  is estimated by the Bosanquet formula for equimolar diffusion as expressed 

by Eq (1.17) assuming that the Knudsen and molecular diffusion mass transfer resistances lie in 

series as it is assumed by the DGM [103,105].  

 

                                                                     
Eq
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                                                                    (1.16) 
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Eq K

ih ih iD D D
= +                                                                         (1.17) 

Accordingly, the molar flux with respect to stationary coordinates can be expressed by Eq(1.18) 

which can be integrated to the form of Eq(1.19) for a flat membrane having a thickness d. 
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     The application of both equations, Eq(1.17) and Eq(1.19) can be referred to as the Wilke-

Bosanquet model [103ï105] or generalized Fickôs law with equivalent diffusion coefficient [106]. 

This approach is proposed in many works in literature regarding the description of transmembrane 

mass transfer during MD operations  [1,47,82,98,106ï108]. The approaches expressed by Eq(1.15) 

and (1.19) become almost identical in case of negligible mole fraction of the permeating species 

and in case of negligible Knudsen diffusion. 

 

 

1.6.Comparison between Membrane Distillation and Conventional Separation Methods 

 

 

     Membrane distillation (MD) is considered as a hybrid between thermal distillation and 

membrane separation technology. However, MD can offer some important advantages over the 

conventional trayed or packed distillation columns [55,109]. The available interfacial area available 

for mass transfer is constant in MD regardless of the ratio of the flow rates of the streams in the 

feed and permeate sides. This ensures a stable operation that can be easily managed and controlled. 

MD offers a higher mass transfer area per unit volume so it can be preferred for compact systems 

[80]. Also, MD operations avoid the problems associated with phase mixing like entrainment and 

emulsification. The membrane materials used in MD can be either polymeric or hydrophobized 

ceramics which offer high corrosion resistance [81]. Considering the possible energy savings in 

MD, the liquid feed is not heated to the boiling point as in conventional distillation processes. 

Besides, MD operating temperatures can be below 80° which could allow the employment of low-

grade waste and/or alternative energy sources such as solar, wind or geothermal energies, and waste 

thermal energy sources [110]. However, when compared to convention distillation processes, there 

is extra resistance in MD owing to the presence of the membrane  [78].  

 

 

     Similarly, evaporation used in crystallizers is limited by the low area available for evaporation. 

This could result in high energy demands. The higher mass transfer area in MD allows 

crystallization at lower operating temperatures. This could lead to possible energy savings [111]. 

The low operating temperature in MD could be also beneficial in the concentration of juices. 

Conventionally, the concentration of juices takes place by multi-stage vacuum evaporation. 

However, the high operating temperature utilized in such processes could lead to the loss of 

important flavors due to the decomposition of some organic compounds [19]. 

 

 

     Reverse osmosis (RO) which is a pressure-driven process is currently the most utilized 

technology for water desalination. On being compared to RO, MD was found to offer higher salt 
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rejection  [23,81].  Besides, MD can offer less required feed pretreatment and better potential of 

energy recovery from renewable energy [112,113]. It is worth noting that although MD could be 

auspicious for various industrial applications, few studies are dedicated in literature to the process 

development of MD. Unfortunately, this has resulted in insufficient details and information about 

the accurate scale-up procedures, process development and cost estimation of industrial-scale 

desalination MD processes [1]. 

 

 

1.7.Main Applications of Membrane Distillation: Literature Survey  

 

 

1.7.1. Seawater Desalination 

 

 

     The lack of enough freshwater resources in remote places or in regions of high demand was 

exacerbated by the growing world population and industrial breakthrough. Freshwater is needed for 

both, domestic and industrial use [114,115]. This has given rise to the development of desalination 

technologies at the present time in order to be employed in freshwater production. The most 

commonly used desalination technologies are reverse osmosis (RO), multi-effect distillation 

(MED) and multi-stage flash (MSF). The application of MD in water desalination has attracted 

many researchers due to their advantages over conventional methods in terms of high rejection and 

possible energy savings in case of the availability of low-grade waste heat sources [81,112,113].  

 

 

     The main works found in literature dedicated to the employment of polymeric membranes in 

MD for water desalination applications are listed in Table (1.2). PVDF is considered as one of the 

most studied polymeric membranes in MD. New material modifications to PVDF were suggested 

in literature to improve water fluxes for desalination purposes [116ï118]. Q. F. Alsalhy et al. 

applied the AGMD configuration using a flat copolymer of PVDF and hexafluoropropylene (HFP) 

[116]. However, low fluxes were obtained.  Similarly, M. R. S. Kebreia et al. employed a novel 

thin-film composite (TFC) membrane with ultrathin zeolitic imidazolate framework (ZIF-

8)/chitosan layer coated on the polyvinylidene fluoride (PVDF) membrane [117]. The 

corresponding flux was 3.5 times that obtained by the unmodified PVDF. 

 

 

     Ceramic membranes were also investigated in literature for water desalination by MD. A list of 

the corresponding main works is presented in Table (1.3) such that the highest water flux (60 

L/(h.m2))  was reported by C-C.Ko et al. [78]. In this work, alumina hollow fiber membranes 

hydrophobized by 1H,1H,2H,2H-perfluorooctyltriethoxysilane were used. This corresponded to an 

aqueous solution feed of NaCl (3.5 wt.%) at 70°C and a permeate side pressure of 0.03 bar. 
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MD 

Type 
Geometry Membrane Operating Conditions 

Flux 
(Kg/(m2h)) 

Ref. 

SGMD 

Flat 

PTFE  dp=199 nm   

ŭ=55Õm  ắ=69 %   Ű=1.59 

Feed: deionized water  Tf =70°C 

vf =0.15 m/s  Tp =20°C  vp =0.8m/s 
14.4 [119] 

PTFE 

dp=0.48µm 

ŭ=178 Õm   ắ=80 % 

Feed: NaCl (aq.)   Tf =71.6°C 

Cf=30 g/L  vf =0.16 m/s 

Tp=17.3°C  vp =2.11 m/s 

10 [120] 

Hollow 

fibers 

PVDF  dp= 0.1 µm 

ŭ= 50 Õm ắ=55 % 

 

Feed: NaCl(aq.)  Tf =70°C 

Cf=5 mg/L  vf =0.02 m/s 

vp =0.54 m/s 

1.3 [82] 

DCMD 

Flat 

PTFE  dp=0.22µm 

ŭ=0.11mm  ắ=83 % 

Feed: NaCl (aq.) (1 % wt.) 

Tf =60°C  vf =0.55m/s  Tp =20°C 
21 [41] 

PTFE   dp=0.27µm 

ŭ=170 Õm   ắ=77% 

Feed: Red sea water  Tf =70°C 

V f =90 L/h  Tp=20°C  Vp =60 L/h 
46 [121] 

PTFE  dp=0.22Õm  ŭ=39 

µm 

ắ=53.4 %  Ű=4.02 

Feed: deionized water  Tf =60°C 

V f =1.5L/m  Tp=20°C  Vp =1.5L/m 
28.7 [122] 

PTFE 

dp=0.2µm 

ŭ=160 Õm  ắ=88% 

Feed: NaCl (aq.)   Tf =65°C 

V f =10L/m  Cf=15 ppt 

Tp=19-25°C  Vp =4L/m 

38 [123] 

PVDF 

ŭ=27 Õm 

 

Feed: NaCl (aq.) (10 % wt.) 

Tf =65°C  Vf =1.5 L/m 

Tp=20°C  Vp =1.5L/m 

60 [124] 

PTFE 

dp=0.2µm 

ŭ=35 Õm 

Feed: brine from desalination 

Tf =70°C  Vf =1.5L/m 

Tp=30°C  Vp =1.5L/m 

29.1 [55] 

PVDF 

dp=0.22µm 

ŭ=125 Õm 

ắ=70 % 

Feed: Na2SO4(aq.) (2 Molar) 

Tf =60°C  Tp=30°C 
11 

[56] 
Feed: NaCl(aq.) (4.5 Molar) 

Tf =60°C  Tp=30°C 
13 

Hollow 

fibers 

PP 

ŭ=0.25mm  ắ=70 % 

Feed: NaCl (aq.) (3.5 % wt.) 

Tf =78.6°C  Vf =6L/m  Tp=19°C 
32.6 [52] 

VMD 

Flat 
PP   dp=0.2Õm   ŭ=91 Õm 

ắ=70 %   Ű=1.42 

Feed: deionized water  Tf =60°C 

vf =0.4 m/s  Pp=20 mbar 
48 

[125] 

Capillary 
PP  dp=0.2Õm  ŭ=400 Õm 

ắ=70 %  Ű=1.42 

Feed: deionized water  Tf =60°C 

vf =0.8 m/s  Pp=90 mbar 
9 

Flat 
PTFE 

dp =0.2 µm 

Feed: deionized water  Tf =80°C 

V f =2 L/m  Pp=35 kPa 
17 [58] 

Hollow 

fibers 

PE 

ŭ=0.4 mm 

Feed: NaCl (aq.)  Tf =60°C 

vf =2.5 m/s  Pp=2 kPa 
33 [84] 

PTFE  dp=0.4 µm 

ŭ=0.45mm  ắ=50 %  Ű=2 

Feed: deionized water  Tf =70°C 

vf =1.6 m/s  Pp =3 kPa 
19 [126] 

PVDF 

dp=0.28Õm   ắ/ŭ=22m-1 

Feed: deionized water  Tf =80°C 

V f =0.6 L/m  Pp=45 kPa 
1.8 [127] 

AGMD Flat 

PTFE 

dp=0.2µm 

ŭ=100 Õm 

ắ=80 % 

Feed: NaCl (aq.) (4.2 % wt.) 

Tf =80°C  Vf =1.5L/m 

Vcoolant=1.5L/m  Tcoolant=20°C 

Air Gap thickness=9mm 

6.5 [128] 

Table (1.2) Main works in literature employing polymeric membranes in MD for water desalination 

Ў:porosity, dp: pore diameter, Ű:tortuosity, v:velocity, T:temperature, P:pressure, V:volumetric flow rate,  Subscripts ( f:feed, p:permeate) 
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MD 

type 
Geometry Membrane  

Grafting  

Material  
Operating Conditions 

Flux 
(Kg/(m2h)) 

Ref 

VMD 

 

Hollow 

fiber 
Alumina 

Octyl 

(C6) 

Tf=50°C  1 M NaCl 

V f=140 ml/min   Pp=3kPa 
20 [33] 

Planar 
Silica/ 

Alumina 

Decyl 

(C8) 

Tf=70°C  3.5 wt%  NaCl 

V f=1 l/min  PP=0.03 bar 
29 [34] 

Hollow 

fiber 
Alumina 

Octyl 

(C6) 

Tf=70°C  Vf=1 l/min  Pp=90kPa 

10 Brix° Sucrose solution 

 

 

20 
[19] 

50 Brix° Sucrose solution 12 

DCMD 
Nano 

fiber 
Titania 

Octyl 

(C6) 

Tf=80°C  3.5 wt% NaCl 

Tp=20°C 
12.2 [35] 

VMD 

 

Hollow 

fiber 
Alumina 

Octyl 

(C6) 

Tf=70°C  3.5 wt% NaCl 

Pp=0.03 bar 
60 [78] 

Planar Alumina 
Octyl 

(C6) 

Tf=75°C  Pp=0.09MPa 

3 wt% NaCl 

 

10.39 
[91] 

AGMD 

Hollow 

fiber 

 

Alumina 
Decyl 

(C8) 

Tf=80°C   Vf=35 l/h 

3 wt% NaCl   Tp=20 
43 [77] 

DCMD 

 

 

 

ɓ-Sialon 

Si4Al 2O2N6 

Octyl 

(C6) 

Tf =80C   Vf=100 l/h 

4 wt% NaCL 

Tp=20 in DCMD 

Vp=100 L/h in DCMD 

 

 

 

6.79 
[93] 

VMD Pp=0.02 bar in VMD 10.75 

DCMD 

Planar 

 

Alumina 
Octyl 

(C6) 

Tf=80°C  vf=0.03 m/s 

Tp=20°C  vp=0.03 m/s 

4 wt% NaCl 

 

 

17 

[37] 

SGMD 
Alumina/ 

Graphite 

Octyl 

(C6) 

Tf=90°C  Vf=240 l/h 

4 wt% NaCl   Gas: dry N2 

TG=20°C   VG=337 l/h 

21 [38] 

AGMD Capillary 
Alumina/ 

Clay 

Decyl 

(C8) 

Tf=70°C 

V f=0.429 l/min 

0.5 M NaCl 

Tp=10°C 

4.11 [39] 

DCMD 
Hollow 

fiber 
Silicon nitride 

Octyl 

(C6) 

Tf=80°C   4 wt% NaCl 

VL=100 l/h 

Tp=20 in DCMD 

Vp=100 l/h in DCMD 

10.4 

[79] 

 

VMD 
Pp=0.02bar in VMD 27 

AGMD 

 

Tubular 

 

Titania 

Octyl (C6) 

Tf=90°C  0.5 M NaCl  Tp=5°C 

3.75 

[40] Tetradecyl 

(C12) 
3.86 

Phosphate/ 

Zirconia 

Decyl 

(C8) 

Tf=95°C  Tp=5°C 

Water oil content 110 mg/L 
6.88 [129] 

DCMD Planar Alumina 

Decyl(C8) 
Tf=53°C   Tp=18°C 

0.1M NaCl 

8 

[130] Trichlorom- 

ethylsilane 
7.8 

DCMD Planar 

Yttria 

Stabilized 

Zirconia 

Octyl (C6) 

 

Tf=80°C  Vf=100 l/h 

Tp=20°C  Vp=100 l/h 

4 wt % NaCl 

 

24 [110] 

Table (1.3) Main works in literature employing ceramic membranes in MD for water desalination 
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MD 

type 
Geometry Membrane 

Grafting  

Material  
Operating Conditions 

Flux 
(Kg/(m2h)) 

Ref 

AGMD 

Tubular 

Zirconia 

Decyl 

(C8) 

Tf=95°C   Tp=5°C 

0.5 M NaCl   Vf=400 l/h 

4.7 

[96] 

Titania 0.83 

DCMD 

Zirconia Tf=95°C   Tp=35°C 

0.5 M NaCl  V f=400 l/h 

Vp=50 l/h 

3.96 

 

Titania 0.8 

VMD 

Zirconia Tf=40°C   Vf=210 l/h 

0.5 M NaCl   Pp=3 mbar 

Tp=room Temp 

7.5 

Titania 0.83 

AGMD 

 

Tubular 

Zirconia/ 

Alumina 

support 

Decyl 

(C8) 
Tf=99°C  Tp=5°C  1 M NaCl 5.42 [42] 

Tubular 
Alumina Decyl 

(C8) 

Tf=95°C  Tp=5°C 

1 M NaCl 

5.4 
[95] 

Zirconia 6.9 

DCMD 
Hollow 

Fiber 

Kaolin clay 

Al 2Si2O5(OH)4 

Decyl 

(C8) 

Tf=70°C  Tp=15°C 

V f=0.7 l/m  Vp=0.5 l/m 

AS(III) solution 

 

28 [131] 

AS(V) solution 24 

SGMD Planar Ŭ-Si3N4 

Dimethyle 

dichlorosilane 

/ Dichloro 

methyl 

silane 

Tf=90°C  Vf=100 l/h 

Gas: dry N2  VG=100 l/min 

4 wt% NaCl 

 

11 
[132] 

AGMD Tubular 

MF 

(0.18µm) 

Clay 
Decyl 

(C8) 

Tf=95°C 

vf=2.6 m/s 

1 M NaCl 

Tp=5°C 

6.5 

[133] 

UF(15 nm) 

Clay 
4.6 

SGMD 

 

 Planar Ὓ-Y2Si2O7 
Dimethyle 

dichlorosilane 

& 

Dichloro 

methyl 

silane 

Tf=90°C 

V f=1 l/min 

Vp=1 L/min dry N2 

4 wt% NaCl 

14 

 
[92] 

DCMD 
Tf=70°C 

Tp=5°C 
15.55 

SGMD Planar SiN2O 

Tf=90°C 

4 wt% NaCl 

 

11.11 [134] 

DCMD 
Hollow 

Fiber 

Amorphous 

Silica-based Decyl 

(C8) 

Tf=60°C  Tp=10°C 

vf=0.023 m/s  vp=0.003 m/s 

6 g/l NaCl 

 

 

35 [90] 

Crystalline 

Silica-based 

33 

 

VMD Tubular Alumina 

Hexadecyl 

trimethoxy 

silane 

Tf=70°C   vf=160 l/h 

3 wt% NaCl 

Pp=5 kPa 

30 [135] 

 

 

 

Ў:porosity, dp: pore diameter, Ű:tortuosity, v:velocity, T:temperature, P:pressure, V:volumetric flow rate,  Subscripts ( f:feed, p:permeate)    

Octyl (C6):  1H, 1H, 2H, 2HΆperfluorooctyltriethoxysilane                     Decyl(C8): 1H,1H,2H,2HPerfluorodecyltriethoxysilane 
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1.7.2. Water Treatment 

 

 

     Removal of volatile organic compounds (VOCs) from aqueous solutions has a wide range of 

industrial and environmental applications. In the field of wastewater treatment, membrane 

distillation can be employed to reduce the concentration of VOCs in the wastewater to reach the 

allowable environmental limits [136].  Regarding the field of wastewater treatment, extensive 

experimental and modeling studies were undertaken by S. Bandini et al. regarding the removal of 

VOCs (acetone, ethanol, isopropanol, ethyl acetate, methyl acetate and methyl tertiary butyl ether 

(MTBE)) from water by applying VMD [24]. The membranes used were flat PTFE with PP support. 

The results of this work suggested that increasing the feed flowrate improved the flux of the VOCs 

due to the reduction in the concentration polarization. In a similar work, the removal of ethanol and 

acetone from water by flat PTFE membranes applying the SGMD configuration was studied by C. 

Boi et al. [136] such that SGMD was recommended for obtaining high selectivity of the VOCs. 

 

 

     Ceramic membranes were also studied in the separation of VOCs by MD [137,138]. Ethanol 

removal from water by VMD was investigated by W. Kujawsky et al. who used commercial tubular 

alumina, zirconia and titania membranes [137]. The hydrophobization of the membranes was 

achieved by per-fluoro-octyl-tri-ethoxy-silane (C6) and by per-fluoro-tetra-decyl -tri-ethoxy-silane 

(C12). The C6 coating resulted in higher ethanol selectivity than the C12 where the pore size of the 

hydrophobized membrane played an important role in determining the obtained selectivity. 

 

 

     Halogenated volatile organic compounds (HOVs) as chloroform, trichloroethylene (TCE) and 

tetrachloroethylene could lead to the pollution of groundwater and surface water [139]. In their 

work, N. Couffin et al. studied the application of vacuum membrane distillation (VMD) in the 

separation of TCE [140]. Flat PVDF membranes were investigated for this purpose. The removal 

of HOVs by VMD showed low energy demands.  For a similar application, hollow fibers of 

polypropylene (PP) were studied by A. M. Urtiaga et al. for the removal of chloroform from water 

by VMD using a modeling approach [141]. The performance was compared to the pervaporation 

process using the PDMS membranes and applying the same module geometry for the VMD. Results 

showed that pervaporation could offer better chloroform selectivity.  

 

 

 

     The separation of ammonia by membrane distillation (MD) could have wide applications in the 

treatment of wastewater and biogas plant effluents. Besides, the recovery of ammonia by MD can 

be employed in the production of ammonia-based fertilizers. A.Zarebska et al. studied the 

separation of ammonia from pig manure by MD using PP and PTFE membranes [99]. The feed side 

stream was the solution of raw swine manure while the permeate side stream was an acidic strip 

solution. This configuration used is similar to the DCMD combining stripping and absorption such 

that ammonia was stripped from the feed then permeated across the membrane and then was 

absorbed by the permeate side stream. The study in this work focused on fouling mitigation and it 

was claimed that MD could be a promising method for separating ammonia from animal wastes in 

case the appropriate feed pretreatment requirements were met. Another work regarding ammonia 
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removal by MD was performed by Q .He et al who studied the removal of ammonia from the biogas 

slurry by VMD  [142]. According to this work, the feed pH and temperature played a great role in 

the obtained ammonia flux and selectivity since they have a significant effect on the ammonia 

equilibrium in the aqueous solution.  

 

 

     Other works investigated the employment of MD in the removal of dyes [26], oil  [129], arsenic 

[131,143], glycerol [23], N-methyl-2-pyrrolidone (NMP) [59], boric acid [22] and radioactive 

isotopes [22,144ï146] from wastewater. Results showed that MD could offer very high rejection. 

However, membrane fouling and in some cases, low flux were considered the main process 

challenges. Besides, some works  in literature were concerned with process development and 

optimization for industrial wastewater treatment applications [27,45,147].  

 

 

     The integration of air gap membrane distillation (AGMD) to chemical pretreatment stages for 

the removal of tetra methyl ammonium hydroxide (TMAH) was studied by Imtisal-e- Noor et al. 

[27]. Economic analysis showed that the treatment of 20,000 m3/year of the TMAH wastewater 

would require a specific cost of 16 $/m3. AGMD was also examined by E. U. Khan et al for 

recycling the rejected water from biogas production [148]. The membranes used in this study were 

flat PTFE membranes with polypropylene (PP) supports. The assessment of the techno-economic 

viability of integrating membrane distillation in the treatment of water rejected from biogas 

production was carried out by the same research group [147]. According to the conducted process 

development study, the reduction of the content of TS from 4.1% to 0.05% in the recirculated water 

could increase the biogas production by 45-50 %. Also, the cost per permeate was estimated to be 

around 5.6 ϫ/m3 for a rejected water feed temperature of 75-80°C. Another economic analysis 

regarding wastewater treatment by MD was conducted by A. Carrero-Parreno et al. [45]. This 

represented the first work that developed a multi-stage membrane distillation systems (MDS) 

mathematical model coupled with heat recovery for optimizing the treatment of shale gas-produced 

water. The economic study presented in this work considered DCMD using PTFE membranes. 

Economic analysis showed that for a feed containing  TDS  at a concentration in the range of 150-

250 g/kg, the treatment cost would be up to 23 $/m3. However, it is worth noting that membrane 

distillation alone would encounter some challenges like fouling and pore wetting by the shale gas 

wastewater. The application of DCMD in wastewater treatment was also investigated by C.F. Couto 

et al.  for the removal of pharmaceutical active compounds (PhACs) [21]. In this work, the effect 

of the concentration of humic acid (HA) on the separation performance was studied. HA was a 

foulant model representing the various natural organic matter (NOM). An 8 % decline in the flux 

was observed due to the fouling nature of the HA. However, according to a similar study performed 

by D. Amaya-Vias et al., the presence of HA showed no fouling or membrane damage [149].  
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1.7.3. Concentration of Solutions  

 

 

     The concentration of various aqueous solutions offers the advantages of easy and cheap product 

transportation and storage. Besides, the concentration of juices and syrups elongates the storage life 

due to the reduced water activity [150,151]. When compared to high-temperature evaporation, 

membrane distillation (MD) can offer the advantage of less energy consumption and better 

preservation of the aroma compounds  [21,152]. Owing to that, MD can be applied in the beverage 

industry like in the production of high-quality wine, aroma recovery and concentration of juices 

[153]. 

 

 

     The first publication regarding the concentration of sucrose aqueous solutions using the 

sweeping gas membrane distillation (SGMD) was presented by C. Cojocaru et al. [150] where 

modeling and experimental studies were employed in optimizing the operating conditions. A 

similar approach was followed by S. Al-Asheh et al. [154] and Y.-R. Chen et al. [19]. The 

performance of both VMD and SGMD was analyzed and compared by R. Bagger-Jørgensen et al. 

for aroma recovery in black currant juice  [152]. Concentration by VMD was considered sufficient 

unlike the case of SGMD. This was attributed to the relatively low driving force of SGMD. 

Regarding the VMD, S. Bandini .et al investigated its application using PP membranes in 

concentrating must juice [153]. According to the results of this work, it was recommended to use 

reverse osmosis (RO) to concentrate the must solutions from 20 to 30°Brix and then use VMD to 

concentrate the residual to 50°Brix. The idea of integrating MD with other separation methods was 

also presented in the work of C.A. Quist-Jensen [151] who studied the concentration of orange juice 

by integrating ultrafiltration and direct contact membrane distillation (UF/DCMD). Results 

confirmed the preservation of the important nutrients by MD. 

 

 

     It is worth mentioning the possible application of osmotic membrane distillation (OMD) in the 

field of solutions concentration [20,155ï158]. OMD is a non-thermal membrane distillation variant 

and is sometimes referred to as osmotic distillation (OD). The feed and the permeate side streams 

are liquid solutions present at the same temperature, but they differ in concentration [159]. Osmotic 

membrane distillation can be applied for concentrating thermo-sensible solutions since it can work 

at room temperature and pressure which enables it from preserving the important nutritional 

characteristics. OMD has wide applications like in the concentration of milk, fruit and vegetable 

juices, instant tea and coffee [155].  

 

 

1.7.4. Other Applications 

 

 

     Other applications of MD could include biofuel processing, crystallization and dehumidification 

of desiccants. The removal of VOCS by MD can have an important role in biofuel processing which 

could present an auspicious solution to the growing energy demand that is expected to rise by 48% 

between the years 2012 and 2040 [160].  For example, MD can be applied in the water-ethanol 

azeotrope separation required for the dewatering of bioethanol fuel [161,162]. M. M. A. Shirazi et 
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al. studied the integration of SGMD to a bioethanol plant [161]. Flat PTFE membranes were utilized 

in this study. According to their results, increasing the feed temperature and flow rate had the most 

impact on the permeation flux due to the improvements in the driving force and the reduction in the 

concentration polarization. The application of  AGMD in the separation of bioethanol from algal-

based fermentation broths was evaluated by P. Loulergue et al. [162] where AGMD was claimed 

to be an efficient separation technique for such a process. However, A. Kujawska et al. [163] 

obtained relatively low fluxes suggesting limitations of the AGMD in the removal of ethanol, 

butanol and acetone. 

 

     Membrane crystallization (MCr) is an extension of membrane distillation and it aims at 

concentrating solutions to ranges above the supersaturation. This in turn, promotes nucleation and 

crystallization rates [33,164]. This combination between membrane distillation and crystallization 

can also be referred to as membrane distillation crystallization (MDC) or membrane assisted 

crystallization (MAC). It can be used to recover valuable salts from the effluents of the processed 

brines and desalination processes [111]. The first MDC investigation using real industrial 

wastewater was performed by J. Kim et al. [165]. This work aimed to assess the feasibility of 

employing MD in the recovery of water and valuable minerals from shale gas produced water 

(SGPW). The minerals recovery reached 84 %. The feasibility of applying direct contact membrane 

distillation (DCMD) in recovering the valuable minerals from SGPW was demonstrated in this 

work. However, the applicability of such technology required an investigated unit with ensuring 

effective scale collection and control. DCMD was also studied for recovering water from sodium 

sulfate (Na2SO4) aqueous solutions [164] where stable performance and successful Na2SO4 

crystallization were achieved. The employment of DCMD and vacuum membrane distillation 

(VMD) using ceramic membranes in the crystallization of lithium chloride (LiCl) and NaCl was 

investigated by C.-C. Ko [33] The obtained permeate flux in case of VMD was more than the double 

that obtained in case of DCMD due to the higher mass transfer driving force in VMD. The feasibility 

of applying sweeping gas membrane distillation (SGMD) in  membrane assisted crystallization 

(MAC) was studied by F. Anisi et al. [111]. This was aimed at investigating the potential of 

concentrating the aqueous solution of L-ascorbic acid (vitamin C) to the degree of supersaturation 

to aid the crystallization process. The feed temperature and sweeping gas flow rate were the most 

significant factors affecting the SGMD flux. 

 

     The application of membrane contactors in CO2 stripping can be considered an interesting topic 

where the operating principle is very similar to that of membrane distillation having the 

configuration of the SGMD process. The employment of membrane contactors in the stripping of 

CO2 from monoethanolamine (MEA) was studied by S. Koonaphapdeelert et al. [166]. In their 

work, nitrogen was used as the stripping agent (sweeping gas). Hydrophobic surface-modified 

hollow fiber alumina membranes were used.  

 

     Air dehumidification has wide applications in air conditioning and natural gas processing [28]. 

In air dehumidification by liquid desiccants, the liquid is brought into contact with humid air in an 

absorber where the moisture in the air is absorbed by the liquid desiccant. Accordingly, the liquid 

desiccant air-conditioning system removes latent and sensible heats from the humid air.  This 

process is more environmentally friendly than conventional air conditioning systems [29]. This is 

https://www.sciencedirect.com/topics/engineering/desiccant
https://www.sciencedirect.com/topics/engineering/air-conditioning-system
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due to the fact that liquid desiccant requires no refrigerants and fewer energy requirements. The 

most commonly used liquid desiccants in the industry are glycols and halide solutions like those 

containing lithium chloride (LiCl), lithium bromide (LiBr), calcium chloride(CaCl2), tri ethylene 

glycol and other salts. The moisture removal capacity is promoted by cooling and dehumidifying 

the liquid desiccant used in the absorption step [30]. Therefore, the dehumidification of the spent 

(humidified) liquid desiccant is necessary for its regeneration in order to be reused again in moisture 

absorption. Packed columns can be used for the regeneration step. However, the entrainment of the 

desiccant into the dehumidified conditioned air could engender detrimental consequences to human 

health and building structures and furniture [28]. Membrane distillation can be safely applied in the 

regeneration step of spent liquid desiccants to obtain freshwater and a dehumidified liquid desiccant 

[29,31]. R. Lefers et al. studied the application of vacuum membrane distillation (VMD) in liquid 

desiccant dehumidification  [30]. Aqueous solutions of CaCl2 and MgCl2 represented the spent 

liquid desiccants. Results confirmed the feasibility of using VMD for regenerating the studied liquid 

desiccants and for obtaining fresh distilled water. J. Zhou et al. theoretically investigated the 

application of VMD in the regeneration of humidified liquid desiccants [31]. The model developed 

in this work was validated by comparing the simulated results to the corresponding experimental 

results from other works found in literature [30,167]. Modeled results suggested flow feed rates for 

high percentage removal of humidity. In another modeling study, the utilization of the air gap 

membrane distillation (AGMD) in regenerating the liquid desiccant LiCl2 was examined by A. S. 

Rattner [32]. In this work, hypothetical values of membrane properties, device geometry and 

operating conditions were proposed based on the typical corresponding experimental works in 

literature. The modeled results showed less dehumidification capacity of MD than what is generally 

claimed in the other works in literature.  

 

 

Other than water desalination objectives, details about the main studied applications of MD in 

literature are listed in Table (1.4). 
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MD 

Type 
Geometry Membrane Application  Operating Conditions 

Total Flux 
(Kg/(m2.h)) 

Ref 

DCMD Tubular 

PP  dp=0.2 µm 

ŭ=0.4 mm 

ắ=77.5 % 

 

Concentration of 

black fruit currant 

juice 

Feed: Currant juice 

(11°Brix)  Tf =35°C 

V f =100L/h  Tp =15°C 

Vp =250L/h 

1.8 [168] 

SGMD 

Flat 

PTFE ắ=70 % 

dp=0.22µm 

ŭ=175 Õm 

Concentration of 

glycerol 

Feed: Glycerol (aq.) 

(1 % wt.)  Vf =0.4 L/m 

Tf =65°C  Vp=0.45 Nm3/h 

20.93 [23] 

PTFE 

dp=0.45µm 

ŭ=178Õm 

ắ=80 % 

Concentration of 

sucrose solution 

Feed: Sucrose (aq) 

Cf =223 g/L  Tf =71°C 

vf =0.15 m/s  Tp =20°C 

vp =2.1 m/s 

3.88 [150] 

PTFE 

dp=0.45µm 

ŭ=100Õm 

ắ=70% 

NH3 separation 

from water 

Tf =65°C  Vf =250 mL/m 

Cf =100 mg/L of NH3 

Tp =Troom   Vp =3L/m 

Pp=4 bar 

10 [169] 

PTFE 

dp=0.1µm 

ŭ=260Õm 

 

Recovery of 

volatile fruit juice 

aroma compounds 

Tf =45°C  Vf =400L/h 

Tp =27°C  Vp =1.2 m3/h 

Pp=1 atm 

4.9 

[152] 

VMD 

Tf =30°C  Vf =500L/h 

ȹP=2500 Pa 
21 

Tubular PP 

dp=0.2µm 

Butanol/water 

separation 

Feed:  Butanol (aq.) 

(1 wt %)  Tf =Troom 

V f =80L/h  Pp=25 mbar 

 

2.5 
[170] 

Capillary 3.5 

Flat 

PTFE ŭ=50 Õm 

dp=0.22µm 

ắ=60-70 % 

Ethanol/water 

separation 

Feed: Ethanol(aq.) 

(5 % wt.)  Tf =60°C 

V f =50L/h  Pp=92 kPa 

24 [57] 

Hollow 

fibers 

PP 

ŭ=0.05mm 

ắ=62% 

Concentration of 

N-methyl-2-

pyrrolidone 

Tf =75°C 

X f =0.02 NMP 

Pp=0.09 MPa 

6.52 [59] 

PP 

dp=0.18µm 

ŭ=0.86mm 

ắ=60% 

Separation of 

boric acid from 

radioactive 

wastewater 

Cf=100 g/L of boric acid 

Tf =70°C  Vf =41.8 L/h 

Pp=0.97 atm 

 

6 [22] 

PP  ắ=60% 

dp=0.18µm 

ŭ=0.63mm 

Separation of Cs+ 

from radioactive 

wastewater 

Tf =70°C  Vf =41.8 L/h 

Cf =10 mg/L  of Cs+ 

Pp=50.05 kPa 

6.1 [145] 

PP  ắ=60% 

dp=0.18µm 

ŭ=0.86mm 

Separation of Sr2+ 

from radioactive 

wastewater 

Tf =70°C  Vf =41.8 L/h 

Cf =10 mg/L of Sr2+ 

Pp=0.98 atm 

6.7 [146] 

PP 

dp=85 nm 

ŭ=50Õm 

ắ=33% 
NH3 separation 

from water 

Feed: Raw biogas slurry 

Tf =75°C  Vf =60 mL/m 

Cf =2.5 g/L Total NH3 

nitrogen 

Pp =10 kPa 

1.45 [142] 

PP  ắ=60% 

dp=0.2 µm 

ŭ=0.125mm 

Tf =50.4°C  Pp =736 Pa 

V f =250 mL/m 

Cf =218 mg/L of NH3 

1.1 [171] 

 

Table (1.4) Main works in literature for MD applications other than water desalination 
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1.8.Aim and Outline of This PhD Thesis 

 

     Membrane distillation (MD) is usually suggested in many works in literature as a promising 

technology for seawater desalination. However, most of the works and research dedicated to MD 

are limited to lab-scale characterization and investigation studies. In fact, this lack of details about 

the scale-up procedures and accurate economic analysis of MD processes has been one of the main 

challenges facing the implementation of this technology on an industrial scale. This has led to 

varying opinions about the attainable water production cost from desalination processes employing 

the MD technology. Therefore, the main objective of the presented PhD thesis is to investigate the 

employment of sweeping gas membrane distillation (SGMD) in seawater desalination on an 

industrial scale. The membranes used were tubular hydrophobic multi-layer titania membranes. The 

choice of ceramic membranes was based on the fact that they can offer a substitute to polymeric 

membranes which are commonly applied in MD. This is attributed to the higher chemical, thermal 

and mechanical stability possessed by ceramic membranes. 

 

     Indeed, the investigation of the module performance during SGMD lab-scale experiments was 

of vital importance before proceeding with process development and optimization procedures 

followed in this PhD thesis. In addition to that, the preliminary design of the desalination process 

necessitated the development of an adequate model that could enable the simulation of the SGMD 

separation unit incorporated in the overall process. Moreover, the characterization of the membrane 

morphological properties is deemed to be a prerequisite for SGMD modeling since the membrane 

morphological properties can play a significant role in the resulting membrane mass transfer 

coefficient. On that account, the strategy implemented in this thesis took place according to the 

following sequence. 

¶ The characterization of the unknown or unconfirmed membrane morphological properties took 

place by gas permeation tests and modeling.  

¶ These characterized morphological properties were used as inputs to a developed SGMD model. 

¶ The module performance during SGMD at high liquid temperatures was investigated. This took 

place by the aid of lab-scale SGMD experiments of NaCl (aq.) feed coupled with the developed 

SGMD model. 

¶ The developed SGMD model was used in simulating the SGMD unit in a proposed hypothetical 

sweater desalination process. Eventually, process development and optimization took place 

aiming at finding the optimum operating conditions and array of the membrane modules in the 

SGMD unit vessel. 

 

     The morphological characterization of the multi-layer hydrophobic ceramic membranes is 

discussed in Chapter (2). This was carried out by coupling experimental and modeled results of 

single gas permeation tests. The dusty gas model was adopted in the description of the mass transfer 

during the gas permeation tests due to the contributions of the Knudsen diffusion and viscous flow 
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mechanisms. Two modeling approaches were utilized. The first considered the morphological 

properties of each membrane layer. This method is referred to as the ñlayer-by-layerò method. The 

second approach was used to characterize the average membrane morphological properties 

regardless of the unique role played by each membrane layer in the membrane overall mass transfer 

resistance. The second approach is commonly applied in literature. The SGMD mass transfer 

resistance was modeled according to the characterized morphological properties obtained from each 

approach. The description of the materials used, the experimental and modeling approaches are 

discussed in this chapter. 

 

     The investigation of the module performance was implemented by experimental and modeling 

studies. This was discussed in Chapter (3). Lab-scale SGMD experiments were conducted using 

NaCl (aq.) feed at relatively high liquid temperatures. The transmembrane mass transfer was 

modeled according to the contributions of the Knudsen and molecular diffusion mechanisms. The 

experimental results were compared to modeled results obtained on considering the role of the 

morphological properties of each membrane layer and were also compared to modeled results 

obtained on considering average morphological properties of the membrane. The developed SGMD 

model was employed for further simulations to estimate the effect of the operating conditions on 

the flux and to predict the role played by each of the molecular and Knudsen diffusion mechanisms.  

 

     Even though the main thesis objective is related to seawater desalination, SGMD modeling of 

ethanol (aq.) was performed in Chapter (4). This was based on the possible application of SGMD 

in the removal of volatile organic compounds (VOCs) from aqueous solutions. The Maxwell-Stefan 

modeling approach was employed in the description of the transmembrane mass transfer of water 

and ethanol. The modeling results were used in estimating the effect of the operating conditions 

and the total SGMD unit length on the flux and selectivity.  

 

     Chapter (5) presents the main thesis objective. In this chapter, a hypothetical desalination 

process is proposed incorporating SGMD as the separation unit. Preliminary process design was 

coupled with the SGMD model in order to simulate the overall process performance. Non-rigorous 

cost estimation was also carried out. Process development and optimization were based on the water 

production cost (WPC). The main operating conditions and design parameters were optimized. In 

addition to that, the results attained by using the ñsingle-passò configuration were compared to those 

attained on using the ñfeed and bleedò configuration. The process limitations, the followed approach 

of process development, the optimization procedures and the obtained results are all discussed in 

Chapter (5). 

 

Eventually, the main conclusions drawn from the entire thesis are presented in Chapter (6) to get 

an overview of the work done. 
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List of Symbols 

 

 

Latin Letters 
 

C  Molar Concentration 

K

iD  Knudsen diffusion of component i 

ihD  Molecular diffusion of component i in a binary mixture (i/h) 

pd  Pore diameter 

J  Molar flux 

Kn Knudsen number 

BK  Boltzmannôs constant 

LEP Liquid entry pressure 

freel  Mean free path 

M  Molecular weight 

P  Pressure 

r  Pore radius 

gR  Universal gas constant 

T  Temperature 

y  Molar fraction in vapor phase 

z  Direction of diffusion 

 

Greek Letters 
 

b Geometric factor 

lg Surface tension of the liquid at the liquid/air interface 

d Thickness 

e Porosity 

q Contact angle 

m Dynamic viscosity 

s Collision diameter 

t Tortuosity 

 

Subscripts and Superscripts 
 

e  Effective 

Eq  Equivalent 

D  Diffusive 
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f  Feed 

fm Feed/membrane interface 

h  Component h 

i  Component i 

l  Liquid 

max Maximum 

min Minimum 

p  Permeate 

pm Permeate/membrane interface 

V  Viscous 
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2.1.Introduction  

 

     Owing to the important role played by the membrane morphological properties in the overall 

performance of the membrane distillation (MD) process, several works in literature were dedicated 

to the characterization and optimization of the membrane morphological properties [19,33ï39]. 

Besides, modeling of MD processes can represent an important tool in module investigation and 

performance improvement [1]. Prior to MD modeling, the main morphological properties of the 

membrane like the porosity, pore size, tortuosity factor and thickness should be well characterized. 

This is due to the fact that these properties affect the simulated transmembrane mass and heat 

transfer during MD processes at given operating conditions [46].   

 

     Regarding the most commonly applied characterization techniques of the membrane 

morphological properties, the porosity of the membrane can be simply estimated by the 

Archimedian method while microscopic techniques like the scanning electronic microscopy (SEM) 

can be used to analyze the surface microstructure and important morphological properties of the 

membrane [1]. The pore size distribution of the membrane can be obtained by the bubble point test, 

the mercury intrusion porosimetry or the liquid displacement technique [1,4]. In addition to that, 

gas permeation tests could be employed in the estimation of important morphological properties 

and mass transfer parameters [46ï51]. 

 

     Recently, there has been a growing interest among the scientific community in the application 

of ceramic membranes in MD [91,94,130,132], due to their high thermal and chemical stability; 

such materials might give greater morphological stability than polymeric membranes over time. As 

it has been mentioned in Chapter (1), fluoroalkylsilanes are usually applied in the hydrophobization 

of the ceramic membranes employed for MD applications [42,89,137]. Accordingly, hydrophobic 

titania membranes were studied in this thesis for sweeping gas membrane distillation (SGMD) 

applications. The studied membranes are composed of 4 layers that possess different morphological 

properties. The main membranesô morphological parameters like pore size, porosity, tortuosity, 

thickness were reported by the manufacturer except for some values that were either unconfirmed 

or unknown. Besides, these parameters are not adjustable, since they can be determined 

independently of flux measurements in MD operations.  

 

 

     In the current chapter, the main focus is on the characterization of the unconfirmed and unknown 

morphological properties of the membrane. These characterized properties were then used as inputs 

to the SGMD model that was applied to estimate the transmembrane mass transfer resistance during 

SGMD in case of the permeation of water vapor across air-filled pores. This was done by 

considering the morphological properties of each layer and the consequent contribution of each 

layer. This can be referred to as the ñlayer-by-layerò (LBL) method. The transmembrane mass 

transfer was also estimated according to the average membrane morphological properties estimated 
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by the conventional characterization method in literature [1,36,172]    which can be termed as the 

ñaverage membrane morphologyò (AMM).  

 

     The morphological characterization presented in the current chapter is based on coupling 

experiments with modeling for single gas permeation across the membrane. The model used was 

the dusty gas model (DGM) discussed in Chapter (1) involving the contributions of the viscous 

(Poiseuille) flow and Knudsen diffusion mechanisms. The ordinary diffusion was not considered 

due to the presence of single gas inside the membrane pores which resulted in the absence of 

concentration gradient across the membrane. This characterization approach can be considered as 

a continuation of the characterization procedures followed by the manufacturer [46]. Typically, in 

symmetric polymeric membranes, the morphological properties can be estimated by elaborating gas 

permeation data according to the dusty gas model (DGM) equations, whereas for polymeric 

asymmetric membranes the same method can be used to get information about the skin morphology 

[1]. An improved method was developed by J. Kong et al. for asymmetric PVDF membranes [172]. 

This method was later applied by the same authors for the characterization of ceramic membranes 

as well [36,173], to estimate averaged parameters of the entire membrane. Only M. Weyd et al. [46] 

performed the characterization of multilayer membranes according to the ñlayer-by-layerò (LBL) 

technique, which allowed them to get morphological parameters of every single layer by the 

elaboration of gas permeation data according to the DGM.  

 

2.2.Materials and Methods 

2.2.1.  Membranes and Modules  

 

     The studied membranes are hydrophobic carbon-based titania membranes that had been 

manufactured by the Fraunhofer Institute for Ceramic Technologies and Systems (IKTS, 

Hermsdorf, Germany). The membranes were delivered in the form of single channels and capillary 

bundles. The capillary bundles had the shell and tube configuration with uniformly arranged 

capillaries and unbaffled shell.  The schemes of the single channel, capillary bundle, housing and 

the multi-layer membrane are shown in Fig (2.1). The uncoated samples represent the basic ceramic 

membranes without the hydrophobic coating. They are the same for both, the single channels and 

the capillary bundles. However, the only difference between the membranes used in single channels 

and those used in capillary bundles is the thickness of the support layer. This is based on the 

information provided by the manufacturer. The uncoated membrane is composed of four layers 

having different thicknesses and other different morphological properties. 

 

     The ñsupportò represents the outer layer of the lumen (tube) and it possesses a pore size of 4500 

nm. The top layer located at the vicinity of the lumen side is referred to as ñlayer 3ò and its nominal 

pore size is 100 nm while its thickness is 10 Õm. The ñsupportò layer is followed by intermediate 

layers that are referred to as ñlayer 1ò and ñlayer 2ò having thickness values of  30 µm each and 

nominal pore size values of 800 nm and 250 nm respectively. 
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     The manufacturing technique of the uncoated membranes was described by the manufacturer 

[174]. Besides, SEM pictures and the morphological characterization of each layer of the studied 

membranes were presented by M.Weyd et al. [46]. The detailed description of the manufacture of 

the capillaries and bundles was also provided by the manufacturer in addition to the followed 

procedures of the hydrophobization process [175]. Two subsequent techniques were followed such 

that the ñuncoated ñmembrane is carbon-coated by the deposition and pyrolysis of a polymeric 

precursor. This is patented in [176] and well documented in [177,178]. After that, surface grafting 

of the membrane surface took place by fluoroalchylsilane (FAS, tridecafluoro-1,1,2,2 tetra-hydro-

octyl-trichloro-oxysilane). This followed the procedures mentioned in the patent of I.Voigt et al.  

[179]. The ends of both, the coated and uncoated membranes were refined by epoxy resin endcaps 

in order to avoid leakage potential of liquids or gases from the lumen side towards the shell side 

through the inlet section annulus. The same epoxy resin was also employed to seal the capillaries 

on the ceramic plates of the bundle to avoid permeation across the ceramic plates. Efficient 

hydrophobic coating could prevent pore wetting and offer immobilized liquid-vapor interface at the 

pore entrance of ñlayer 3ò. The coating on ñlayer 3ò represents the actual barrier against wetting 

during membrane distillation processes.  

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure(2.1)  Scheme of membrane and module. (a) Housing; (b) Capillary bundle;                                                        

(c) Section of a cylindrical membrane; (d) Multilayer membrane cross-section;                                                                      

(e) Details of the radial section of the coated membrane showing the water                                                                       

composition profiles, with reference to SGMD of a salt-water solution. [47] 
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2.2.1.1.Single Channels 

 

     The studied membranes have a cylindrical geometry and are composed of four layers indicated 

by (j) such that (j) can be noted as  (1) or (2) or (3) or (s) when referring to ñlayer 1ò or ñlayer 2ò 

or ñlayer 3ò or the ñsupportò respectively. Each layer (j) is characterized by its corresponding pore 

diameter (dpj), thickness (ŭj) and porosity-tortuosity ratio ((Ў/Ű)j). 

 

      The single channels that were studied possessed the following geometric characteristics. They 

had an inner diameter and outer diameter of 7 mm and 10 mm respectively with a total length of 

250 mm. On excluding the length of the end caps, the effective length of the single channel is  224 

mm and its effective inner area AIN is 49.2 cm2. The characterization involved different kinds of 

samples which can be referred to as follows.  

¶ The samples representing the uncoated membrane containing only the ñsupportò layer are 

referred to as ñSupport Aò and ñSupport Bò.  

¶ The samples representing the basic uncoated membranes composed of the four layers are 

referred to as ñS-DAò and ñS-DBò.  

¶ The samples representing the coated membranes composed of the four layers are referred to 

as ñS2515ò and ñS2516ò.  

 

     The manufacturer provided the complete information of the morphological parameters of each 

layer of the uncoated single channels with the exception of ñlayer 3ò. This can be found in Table 

(2.1) in the form of nominal values. These values were obtained by measurement procedures 

described by the manufacturer [46] such that scanning electron microscope (SEM) was applied to 

estimate the thickness of each layer while mercury porosimeter was used to predict the 

corresponding volume porosity. 

 

     The combination of single gas permeation tests and modeling was implemented by the 

manufacturer to estimate the tortuosity factor of each membrane layer [46]. The model used was 

the dusty gas model (DGM) considering the transmembrane gas flow to be due to the contributions 

of the viscous flow and Knudsen diffusion. First, the ñsupportò layer was solely used in the gas 

permeation tests. By combining experimental and modeled permeance results of the support layer, 

it was possible to estimate its tortuosity factor. Then the intermediate layer ñlayer 1ò was deposited 

on the support. Single gas permeation experiments and modeling were performed again but this 

time, on the membrane composed of the ñsupportò and ñlayer 1ò together. This allowed the 

estimation of the tortuosity factor of ñlayer 1ò. The same concept was repeated in order to predict 

the tortuosity factors of ñlayer 2ò and then of ñlayer 3ò. It is worth noting that this kind of 

characterization using the ñlayer-by-layerò method allowed the characterization of all the connected 

open pores involved in the gas transfer across the four layers of the membranes. Therefore, in order 

to interpret the results precisely, it is important to observe that the values of the tortuosity are not 
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absolute. This is because they depend on the values of volume porosity and pore diameter applied 

in the modeling equations of the DGM. Therefore, the porosity-tortuosity ratio (Ў/Ű) is the value 

that is given by the elaboration technique rather than the evaluation of the absolute porosity and the 

absolute tortuosity. This can explain the reason of reporting the data in the form of (Ў/Ű) in Table 

(2.1) 

 

     The hydrophobization ensures the immobilization of the liquid/vapor interface at the pore 

entrance at the liquid/membrane interface. This principle is demonstrated in Fig (2.1e) representing 

pores that are not flooded by the liquid feed. Despite the fact that the hydrophobic coating was 

distributed along the surface of all the pores, only the coating located at the inner layer (ñlayer 3ò) 

of the membrane is deemed to be effective. ñLayer 3ò is the layer that is to be at the vicinity of the 

liquid feed during MD processes.  

 

 

Table 2.1 Morphological parameters of single channel (Nominal values provided by the manufacturer) 

Membrane Layer ŭj  (µm) dpj (nm) Ўj (Ў/Ű)j 

support 1500 4500 0.33 0.11 

layer 1 30 800 0.34 0.20 

layer 2 30 250 0.39 0.34 

layer 3 10 100 --- --- 

 

 

 

2.2.1.2.Capillar y Bundles 

 

     The studied capillary bundles possessed geometric characteristics that are reported in Table 

(2.2). It is important to note that although, the manufacturer provided the necessary morphological 

parameters of the ñuncoatedò bundles that correspond to the single-channels (see Table 2.1-case 

a)), the support thickness was not given by the manufacturer. Besides, both the pore diameter and 

the porosity-tortuosity ratio of ñlayer 3ò in case of bundles were not provided by the manufacturer. 

In this PhD thesis, single gas permeation experiments and modeling were applied to estimate these 

morphological properties that were not provided by the manufacturer.   
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Table 2.2 Characteristics of ñcoatedò capillary bundles 

Membrane fiber Bundle and vessel 

code 
ŭsupport 

(µm) 

ID/OD 

(mm) 

Nf 

(fibers)             

L    

(cm) 

AIN 

(cm2) 

shell OD 

(cm) 

B2754 

750 1.56 /3.20 37 20 363 3.60 B2755 

B2756 

B2758 580 1.90/3.20 22 20 263 2.50 

B2888 750 1.90/3.54 37 20 442 3.60 

Nf :number of fibers,  ID:inner diameter,  OD:outer diameter,  L: length of module 

 

 

2.2.2. Gas Permeation Experimental Tests 

 

     Following the morphological characterization concept performed by the manufacturer, 

traditional equipment was used in this PhD thesis during gas permeation tests [1,172] as shown in 

Fig (2.2). Dry air was allowed to pass across the membrane and the bundles in a dead-end mode by 

means of transmembrane total pressure difference. The permeation occurred in the ñstraight modeò 

for all the samples such that the air was introduced in the lumen side and then it permeated across 

the membrane towards the shell side. Some samples also were tested in the ñreverse modeò such 

that the air passed from the shell side towards the lumen side. Gas permeation tests took place at 

room temperature (20°C-24°C). The total pressure difference across the membrane (ȹPtot) during 

the tests was in the range of 0.1-1.2 bar. This corresponded to average pressure (Pav) values ranging 

from 1 to 7 bar. The average pressure (Pav) represented the arithmetic mean of the inlet and outlet 

gas pressure values.  

 

     Two flowmeters were available. The choice of the manometer that was to be used depended on 

the range of gas volumetric flowrates. Flowmeter FI-1 which was located upstream the membrane 

was used in the case of flow rates higher than 1200 STP m3/h while flowmeter FI-2 was used 

downstream the membrane in the case of flow rates ranging from 400 to 1200 STP m3/h. The 

temperatures of the inlet and outlet gas streams were also measured by temperature indicators TI-1 

and TI-2 respectively. 
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     The protocol of measurement required a preliminary drying of the virgin sample in an oven at  

60°C for 4 hours. This was followed by a stabilization step in which the sample was kept, for at 

least 1 hour, at a transmembrane pressure difference of 1 bar, with the atmospheric pressure 

downstream the membrane. The gas permeation equipment shown in Fig (2.2) was designed to 

measure volumetric flow rates of air across the membranes. Different mean (average) pressure 

values and transmembrane pressure gradients were applied during the tests. Valve V-1 was 

connected to a dry air line (maximum pressure available was 7 bar). Valves V-4 and V-5 were kept 

closed during all the trials while valve V-2 was kept open. Various combinations of pressure 

difference values across the membrane were obtained by regulating the openings of valves V-1 and 

V-3. These values were calculated according to the inlet and outlet pressure values that were 

measured by the manometers PI-1 and PI-2 respectively. For each value of Pav, a stabilization time 

of at least 10 minutes was required after the regulation of the setpoint. Three or more subsequent 

measurements of the volumetric flow rate were performed. Then the arithmetic mean of the 

measured values was considered as the final value.  

 

     Eventually, for air permeating across the membrane at a molar flow rate Nair , the experimental 

membrane permeance results were elaborated versus the values of the average pressure across the 

membrane Pav. The experimental membrane permeance was calculated by Eq (2.1) according to the 

total transmembrane pressure difference ȹPtot and was based on the membrane inner interfacial area 

INA . Aiming at comparing the different samples that possessed different interfacial areas, the 

permeance was reported with reference to the inner area of each sample. 

Figure (2.2) Equipment set-up for gas permeation experimental tests in straight mode 
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2.3.Theoretical Premises for Discussion of Results 

 

2.3.1. Diffusive Mass Transport in Sweeping Gas Membrane Distillation  

 

     In order to understand the ñresults and discussionò section, some theoretical premises are 

necessary. Mass transport in MD across a multilayer cylindrical membrane is considered, in which 

the driving force is represented by a concentration gradient across the membrane. The scheme and 

notation of Fig(2.1e) are used for the development of the following equations; in that case, the 

concentration gradient is fulfilled by using a sweeping gas in the permeate side [1,4]. The 

considered case refers to that of aqueous solutions containing only one volatile compound (as it is, 

for example, the simple case of sodium chloride-water solutions with air as the sweeping gas 

stream). However, the same kind of composition profile across the membrane (shown in Fig (2.1e)) 

can be expected in other MD operations, such as direct contact MD and/or air gap MD and/or 

osmotic distillation [1,4].  

 

Mass transfer across the membrane during sweeping gas membrane distillation (SGMD) is 

represented by the transfer of water vapor across four cylindrical layers containing a stagnant gas 

phase. The case of molecular diffusion across a stagnant gas under steady-state conditions is well 

known in literature [180]. In the case of macroporous membranes, those equations require some 

modifications in order to consider the possible different contributions to the resultant diffusive 

mechanism, as well as of the number of pores existing in the cylindrical wall of the membrane.  

 

     Although molecular diffusion is the main mechanism, owing to the rather high pore sizes, the 

contribution of Knudsen diffusion can be accounted as well and included in an equivalent 

diffusivity WeqD , according to the Bosanquet equation [181], as represented by Eq(2.2). The 

Knudsen diffusivity , ,W Kn jD  depends on the average pore diameter and the average temperature 

existing in the j-layer. 

                                                , ,

, , ,

81 1 1
 ;    

3

pj g

W Kn j

Weq j WG W Kn j W

d R T
D

D D D Mp
= + =                                        (2.2) 

Rg and MW   represent the universal gas constant and the molecular weight, respectively. WGD  is the 

molecular diffusion of water in the gas phase, which should be calculated at the temperature and 

pressure existing in the j-layer. 



Chapter Two 

44 

 

     The number of pores per unit length pN¡ is included in the volume porosity for layer j (Ўj) which 

generally depends on the radial coordinate. It can be considered as an average value, according to 

the relationships (2.3), which are written referring to the case of cylindrical pores of equal diameter, 

assuming the logarithmic mean surface ALM as average interfacial area. 
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 The general equation describing the total molar flow per unit length across a single membrane layer 

( totN¡) is then represented by Eq (2.4), in which the mass transfer coefficient of water in the j-layer 

of the membrane kWj is defined straightforwardly, considering the volume porosity and the pore 

tortuosity.  
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     (2.4) 

,IN jr  and ,OUT jr  represent the inner and outer radii of the layer (j), cj  is the molar concentration of 

the gas phase inside the layer and (y) is the mole fraction.  In case of a multilayer membrane, under 

steady-state conditions, by using Eq (2.4) it is possible to combine the mass transfer coefficients of 

each layer to obtain the mass transfer coefficient of the membrane kWm ; with reference to the scheme 

and notation of Fig (2.1e), Eq (2.5) can be finally derived. 
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  Eq (2.5) does not contain adjustable parameters depending on the process type nor on the process 

fluids; the morphological parameters of each layer can be determined by independent 

measurements, as made in the ñlayer-by-layerò method by M. Weyd et al. [46], for instance. When 

the parameters are known, Eq (2.5) can be used to predict total flux across the membrane, to 

simulate module and process performances at any operative conditions of temperature, pressure and 

composition, once the mole fraction of water is related to the corresponding bulk conditions.   
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2.3.2. Pressure-Driven Gas Transport in Macro-Porous Membranes 

 

     Single gas permeation across porous solids is typically due to the contribution of three main 

mechanisms  [182]: a viscous motion according to Poiseuille flow, the Knudsen diffusion and the 

so-called slip flow regime.  Often, as an alternative to that model, the Dusty Gas Model (DGM)  

[102] is used considering only the viscous and Knudsen contributions. The DGM approach was 

applied in the current chapter for describing the single gas permeation across the membranes. As 

the work in this PhD thesis continues and completes the morphological characterization started by 

the manufacturer [46], it is mandatory to apply the same equations previously used, since all the 

morphological parameters (reported in Table (2.1) as nominal ones) are related to each other and 

therefore they should be used consistently. A summary of the equations used in this work is reported 

in the following (schemes and notation of Fig (2.1) are used). At a generic axial section of a layer j 

of a cylindrical membrane, the steady-state gas flow rate of component (i) across the layer per unit 

length ( iN¡), under a constant pressure difference  ȹPj , can be expressed as reported in Eq (2.6a).  

                                                                        ,2i ij LM j jN r Pa p¡= D                                                                      (2.6a) 
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in which  Ŭij  is the permeance of component i across the j-layer; PIN,j and POUT,j  are the inlet and 

outlet pressures, respectively, in the j-layer; aij  and cij  are coefficients representing the viscous and 

Knudsen diffusion contributions, respectively; ɖG is the dynamic viscosity of the gas. In the case in 

which the parameters can be assumed as constant values along the membrane effective length L (or 

as average values along L), the total gas flow rate across the layer can be written as: 

                                                         , ,2i ij LM j j ij LM j jN r L P A Pa p a= D = D                                                  (2.6b) 

     Apparently, the permeance of each layer depends on the morphological parameters of that layer, 

the gas properties and the operative conditions. Combining the mass transfer resistances of all the 

layers, the overall membrane permeance (Ŭim) of the permeating component i  can be expressed by 

Eq (2.7).  
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     It is important to observe that the porosity parameter of each layer, appearing in Eq (2.6a), 

corresponds to the same volume porosity defined in Eq (2.3).In the case of a 4-layer membrane, as 

it is the case of this work, Eq (2.6a,2.6b) represent a set of equations which allow to calculate the 

gas molar flow and the pressures along each layer, if the operative conditions of temperature and 

of PIN,3 and POUT,s  (that is of ȹPtot ) are given in addition to knowing the values of the morphological 

parameters of each layer. The permeance of each single layer, as well as the total membrane 

permeance, can be finally estimated straightforwardly. On the other hand, Eq (2.6-2.7) can be used 

also to calculate the unknown morphological parameters of a layer, by fitting the experimental 

results of total permeance, assuming that the morphological parameters of all the other layers are 

known. This procedure is exactly the one used by M. Weyd et al. [46] to calculate the tortuosity 

factors of the ñsupportò and of the ñlayers 1 and 2ò of the ñuncoatedò single channels, and it will 

be used also in this work to estimate the morphological properties of the ñlayer 3ò, both for uncoated 

and for coated samples.  

 

     The results can then be compared to those obtained following the usual protocols used for 

polymeric membranes [1,36,172], according to which average values of the porosity-tortuosity ratio 

(Ў/Ű)m and of the average pore diameter dpm  are calculated by fitting the experimental results of 

permeance over the entire membrane. In that case, referring to the notation of this work, Eq (2.8) 

represents the overall membrane permeance as a function of the average pressure across the 

membrane, according to the DGM premises.  
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     It is self-evident that Eq (2.8) predicts a linear behavior of the total membrane permeance with 

the average pressure existing across the overall membrane; the parameters can be estimated 

according to a very simple fitting procedure which accounts for the slope and the intercept of the 

interpolating straight line.  
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2.4.Results and Discussion 

 

2.4.1. Gas Permeation 

2.4.1.1.Single Channels 

 

     The Air permeance experimental data, based on the inner area of the membrane sample as 

defined by Eq (2.1) are shown in Fig (2.3), for different kinds of single channels, as a function of 

the average pressure across the membrane. The comparison between the permeance of the 

ñuncoated supportò (single layer) and the overall permeance of the ñuncoated single channelsò (4-

layered membrane) is shown in Fig (2.3a). It can be observed that the permeance of the ñsupportò 

is nearly five to ten times greater than the corresponding values for the uncoated single channels. 

This can be attributed to the relatively large pore size possessed by the ñsupport layerò. Fig (2.3b) 

compares the permeance of the ñuncoatedò samples with the corresponding values obtained for 

ñcoatedò samples.  On one side, no differences were observed between the results obtained by the 

ñstraight modeò and those obtained by the ñreverse modeò. This could be considered as an intrinsic 

confirmation that the measurement procedure was accepted for characterizing the ñopen poresò. 

On the other side, there was a remarkable effect of the coating on the permeance. In fact, the coating 

resulted in a 50% reduction in the permeance of the ñcoatedò samples with respect to the 

ñuncoatedò ones.  

 

  

 

 

 

 

 

 

 

 

 

     Both, the experimental permeance results (points) and modeled results (fitting lines) are shown 

in Fig (2.3). The modeled results were obtained by fitting the unknown morphological properties 

to the experimental results according to the layer-by-layer (LBL) method represented by the 

Eq(2.6-2.7). All the morphological parameters estimated are collected in Table (2.3) and compared 

with the corresponding nominal values given by the manufacturer; the quality of the fitting is 

expressed in terms of the corresponding percentage relative error (%RE) between the calculated 

and experimental data. 

Figure (2.3) Gas (air) permeation experimental and modeled results at room temperature in case of:                                                         

(a) Supports and uncoated single channels                   (b)Uncoated and coated single channels 

                     (a)                                                                                                 (b)                           
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     Obviously, the expected linear behavior of the DGM was obtained according to the 

experimental and modeled results in case of both, the uncoated and coated samples. This indicated 

that the model premises had been fulfilled. Modeling results showed that there was a substantial 

reconfirmation of the nominal values of the ñsupportò. Regarding ñlayer 3ò of the uncoated 

samples, its porosity-tortuosity ratio (Ў/Ű) estimated according to experimental and modeling results 

showed that it was lower than the corresponding values of ñlayer 2ò and ñLayer 1ò but aligned with 

them.  Besides, results enabled the reconfirmation of the pore size of ñLayer 3ò that had been 

declared by the manufacturer.  

 

     The same characterization procedures  (coupling of experimental and modeled permeance 

results) was followed for ñLayer 3ò of the ñcoatedò samples, assuming that the morphological 

parameters of the other three layers (ñLayer 2ò, ñLayer 1ò and ñSupportò) were not affected by the 

coating procedure. This is based on their relatively pore size with respect to ñLayer 3ò. The 

obtained results were rather interesting. The estimated porosity-tortuosity ratio (ắ/Ű) of ñLayer 3ò 

values were found to be lower than the values of the ñuncoatedò case. However, the estimated pore 

size of ñlayer 3ò was observed to be higher than in the case of ñuncoatedò samples. In other words, 

results showed that the coating had led to an increase in the average pore size and a reduction in 

the porosity-tortuosity ratio of ñLayer 3ò at the same time. These results can be explained by 

considering the very first step of the coating process. The plugging of the small pores of ñLayer 3ò 

is possible during the carbonization step.  Besides, the hydrophobization step involving the grafting 

procedure with fluoroalkylsilanes could result in an additional pore-blocking. Consequently, the 

pore size distribution of ñLayer 3ò could be altered due to the omission of the small blocked pores 

which could augment the average pore diameter. Such results go in agreement with those observed 

by other authors with different membranes grafted by fluoroalckylsilanes [77,138,173].  

 

The concluded morphological properties of the membrane layers corresponding to the coated and 

uncoated single channels are reported in Table (2.3) which can be regarded as an update of the 

values provided by the manufacturer shown in Table (2.1). The ñaverage membrane morphology 

methodò (AMM) expressed by Eq (2.8), was used to estimate the average membrane parameters 

according to the experimental data shown in Fig (2.3b). The corresponding results of the estimated 

average morphological properties are also given in Table (2.3) as ñaverage membrane valuesò for 

both, the coated and uncoated single channels. The calculations performed according to the 

ñAMMò method also noted the effect of coating on reducing the membrane porosity and the 

possibility of pore-blocking due to the carbonization and grafting steps. This went in agreement 

with the observations obtained using the LBL method.  
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Table 2.3 Morphological parameters of single channels. Nominal values are compared with those obtained by gas 

permeation tests elaborated according to different procedures  

ŭj  (µm) dpj (nm) Ўj (Ў/Ű)j %RE 

uncoated single channels 

support 
1500 (a) 4500 (a) 0.33 (a) 0.11 (a) --- 

 4484(3) (b) --- 0.11(3) (b) 12.16 

layer 1 30 (a) 800 (a) 0.34 (a) 0.20 (a) --- 

layer 2 30 (a) 250 (a) 0.39 (a) 0.34 (a) --- 

layer 3 10 (a) 
100(a) --- --- --- 

100(3) (b) --- 0.13(3) (b) 3.52 

average membrane 

values 
1570 (a) 232(3) (c) --- 3.90(3) (c) 2.39 

coated single channels 

layer 3 10 (a) 169(6) (b) --- 0.031(6) (b) 3.54 

average membrane 

values 
1570 (a) 259(6) (c) --- 1.94(6) (c) 2.98 

(a): nominal values by manufacturer,   (b): obtained in this thesis by Eq(2.6,2.7),   (c): obtained in this thesis by 

Eq(2.8),    %RE: average percentage error between modeled and experimental values 

 

According to their definitions, the porosity could not be above unity while the tortuosity factor 

could not be below unity. This would result in a porosity-tortuosity ratio that should never be above 

unity. However, the morphological results estimated by the AMM method appeared to be 

inconsistent with their physical significance such that the estimated porosity-tortuosity ratio values 

were larger than unity. These values of the average porosity-tortuosity ratio are aligned with those 

estimated by other authors who carried out some elaborations of the same characterization 

approach using the AMM method. Koonaphapdeelert & Li [36] documented that  for 300 µm thick 

alumina fibers, it was possible to attain porosity-tortuosity ratios of 1.88 and 2.24 for non-grafted 

and grafted membranes respectively. Therefore, it could be indicated that the average 

morphological properties of the entire membrane based on the AMM method might not offer an 

accurate estimation of the important membrane mass transport properties that are required as inputs 

to membrane distillation modeling. 
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Aiming at understanding the role played by the morphological properties of each layer in 

constituting the mass transfer resistance of the membrane during gas permeation, the pressure 

profile of air was modeled according to the layer-by-layer characterization method along the 

direction of the transmembrane airflow. This is presented in Fig (2.4) for coated and uncoated 

single channels. The negative effect of the coating on the permeance appeared in the relatively 

large pressure drop in the layer at the vicinity of the feed side ñLayer 3ò in case of the coated single 

channel with respect to corresponding pressure drop in the same membrane layer in case of the 

uncoated sample. It can be also indicated that for both, the coated and uncoated single channels, 

the main pressure drop occurred in ñLayer 3ò while the pressure gradient across the support could 

be relatively insignificant. This can be attributed to the fact that ñLayer 3ò possessed the smallest 

pore size while the support possessed the largest pores size and porosity-tortuosity ratio among the 

membrane layers. 

 

 

 

 

 

 

 

 

 

 

      

 

2.4.1.2.Capillary Bundles 

 

     The experimental results of air permeance as defined by Eq (2.1) are shown in Fig (2.5) for the 

capillary bundles. Besides, the modeled permeance values based on the ñlayer-by-layerò (LBL) 

method for estimating the pore diameter and porosity-tortuosity ratio of ñLayer 3ò are also 

represented by the fitting lines. Similar to what has been mentioned for the single channels, the 

modeled results assumed that the carbonization and hydrophobizaion procedures did not 

significantly alter the properties of the other three layers. The corresponding modeled 

morphological results are given in Table (2.4). 

 

Figure (2.4) Modeled Pressured profile during air permeation at 

room temperature for uncoated and coated single channel 
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     Bundle B2758 was chosen as a representative of the coated capillary bundles. The high degree 

of agreement of its experimental and modeled data estimated by the LBL method as shown in Fig 

(2.5b) encouraged the usage of its geometric and morphological properties as inputs for further 

modeling studies. This bundle was used for modeling the SGMD resistance and for modeling the 

pressure profile across the membrane layers during gas permeation results as it is given by Fig 

(2.6). Similar to what had been observed for the single channels, ñLayer 3ò represents the layer of 

the greatest pressure drop and consequently, it represents the controlling resistance during air 

permeation tests. By comparing the results of the single channels to those of the capillary bundles, 

it can be noted that the overall air permeance was not affected in a sensible manner by the different 

thicknesses of the ñsupportò layer possessed by single-channel and that possessed by the capillary. 

The reproducibility of the results was well-attained for all the studied bundles. However, the 

capillary bundle B2758 seemed to be much more aligned with single channels.  

 

Table 2.4 Capillary bundles: elaborations of gas permeance data.  

Parameters of layer 3 Average membrane parameters  

code 
dp3 

(nm) 

(Ў/Ű)3 

 

RE% 

 

dpm 

(nm) 

(Ў/Ű)m 

 

RE% 

 

B2754 548 0.0029 3.14 468 0.27 3.36 

B2755 534 0.0032 4.69 1232 0.053 7.56 

B2756 435 0.0044 3.41 354 0.44 3.40 

B2888 328 0.0069 3.13 337 0.38 3.25 

B2758 68 0.084 3.03 87 3.414 2.89 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure (2.5) Gas (air) permeation experimental and modeled results at room temperature in case of:                                                         

(a) Coated bundles                   (b)Coated bundle B2758 

                          (a)                                                                                                    (b)                           
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2.4.2. Membrane Mass Transfer Resistance in Sweeping Gas Membrane Distillation 

 

     The morphological characterization developed in the previous sections allowed the prediction 

of the parameters (dp)3 and (Ў/Ű)3 necessary for the determination of the overall mass transfer 

coefficient of the membrane, as described by Eq(2.4,2.5) to simulate/predict the transmembrane 

flux in MD operations. Based on those results, it was then possible to estimate the mass transfer 

resistances of each layer and the overall resistance across the multilayer membrane. For that 

purpose, the relationships reported in Eq(2.5) are re-elaborated according to Eq(2.9), to get an 

expression of the mass transfer resistance of water across the total membrane ( WmR ) and across each 

layer j ( WjR ). 
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     Vapor/liquid equilibrium was assumed to take at the pore entrance (entrance to ñLayer 3ò) at the 

given operating temperature and pressure for pure water in the liquid phase and water/air in the 

vapor phase. Aiming at understanding the degree by which the operating conditions and support 

thickness affect the modeled mass transfer resistance, the following case studies were considered: 

¶ Base case: 70°C, 1.5 bar, original support thickness such that ŭ(support)=1500Õm 

¶ Case A: 90°C, 1.5 bar, original support thickness such that ŭ(support)=1500Õm 

¶ Case B: 70°C, 2 bar, original support thickness such that ŭ(support)=1500Õm 

¶ Case C: 70°C, 1.5 bar, small support thickness such that ŭ(support)=1000Õm 

Figure (2.6) Modeled Pressured profile during air permeation at 

room temperature for coated bundle B2758 
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     By comparing the results of cases, A, B and C to those of the Base case, it would be possible to 

identify the extent of the effect played by the liquid temperature, gas pressure and support thickness 

respectively on the modeled mass transfer during SGMD.  

 

     It is worth noting that even though the uncoated channels cannot be employed in MD due to 

their hydrophilicity, their transmembrane mass transfer resistance during SGMD was modeled in 

order to compare their performance to that of the coated channels. This could be beneficial in 

evaluating the coating effect on the transmembrane mass transfer resistance during SGMD. 

 

     The total membrane mass transfer resistance and the resistance of each layer during SGMD are 

shown in Fig (2.7) according to the morphological properties estimated by the LBL method. It can 

be demonstrated that the controlling mass transfer during SGMD is the ñsupportò layer. This can 

be attributed to its relatively large thickness when compared to the other layers. On considering the 

original support thickness (1500µm), the support layer thickness represents around 95.5% of the 

overall membrane thickness. Given that the mass transfer is purely diffusive during SGMD, the 

thickness plays a great role in the mass transfer resistance at given operating conditions. This 

explains the reason why the support controlled the SGMD process. The same observation was 

drawn for the coated and uncoated single channels. Even though the coating significantly reduced 

the permeance of the membranes during air permeation, it did not significantly affect the 

transmembrane mass transfer resistance during SGMD. This could be demonstrated by the almost 

similar results obtained for the coated and uncoated single channels in Fig (2.7a) and (2.7b). There 

was a remarkable percentage increase in the SGMD mass transfer resistance of ñLayer 3ò due to 

the coating procedures. Despite that, the percentage increase in the overall membrane resistance 

was negligible due to the relatively insignificant role played by ñLayer 3ò in the overall SGMD 

membrane resistance.  This is due to the fact that the effect of the pore size reduction in ñLayer 3ò 

resulting from the carbonization and hydrophobization could be significant when the viscous flow 

was considered. However, the negative effect of the pore size reduction in ñon the purely diffusive 

flux during SGMD is negligible when compared to the corresponding role played by the large 

support thickness. This can be illustrated by Fig (2.7c) that compares the total membrane resistance 

resulting from the contribution of the morphology of each membrane layer to the membrane 

resistance resulting from a hypothetical ñsupport equivalentò membrane. The ñsupport equivalent 

membraneò is assumed to be a single membrane layer having the morphology of the support. 

According to the results, the SGMD modeling of the original 4-layered membrane as a ñsupport-

equivalentò membrane is accepted in case modeling simplifications are required.  
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     The negative effect of the support thickness on the membrane resistance during SGMD is also 

explicitly identifiable in Fig (2.8a) for each given set of operating conditions. However, as the 

support thickness decreases, the improvement effect of its reduction on the membrane mass transfer 

coefficient decreases. That is because the significance of the role played by the other membrane 

layers increases as the support thickness decreases. The morphological properties of each layer 

allowed the estimation of the water vapor mole fraction gradient across the membrane layers as it 

is shown in Fig (2.8b). The change in water concentration across the membrane is almost due to the 

contribution of the support which is regarded as another confirmation of the fact that the support 

controls the SGMD. However, ñLayer 3ò experienced the largest concentration gradient during 

SGMD. This is attributed to its relatively small pore size and porosity-tortuosity ratio with respect 

to the other membrane layers. 

 

Figure (2.7) Modeled SGMD resistance (LBL) at different operating conditions and support thickness in 

case of:    (a) uncoated single channel   (b) coated single channel   (c) coated single channel and the 

corresponding ñsupport equivalentò membrane 

                  (a)                                                                                                (b)                           

                      (c)                                                                                                                                         
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Fig(2.9) represents the comparison between the SGMD transmembrane mass transfer resistance 

obtained according to the morphological properties estimated by the ñlayer-by-layerò (LBL) 

method and that obtained according to properties estimated by the ñaverage membrane 

morphologyò (AMM) method. It can be observed that the mass transfer is greatly underestimated 

on considering the morphological properties estimated by the AMM and that it is very close to the 

mass transfer resistance of ñLayer 3ò. This could be attributed to the fact that ñLayer 3ò is deemed 

to be the controlling layer during gas permeation and the average morphological properties of the 

membrane estimated by the AMM were based on the gas permeation experimental results without 

considering the role of each membrane layer.  Apparently, the extent of the positive effect of 

increasing the liquid temperature and/or decreasing the gas pressure on the mass transfer coefficient 

during SGMD can be noticed form the mass transfer resistances corresponding to different 

operating conditions in Fig (2.7, 2.8a, 2.9). 

 

 

 

 

 

 

 

 

Figure (2.8) Modeled SGMD (LBL) for coated single channel showing:  (a) effect of support thickness on 

membrane mass transfer resistance at different operating conditions                                                                                       

(b) Water vapor mole fraction gradients in the membrane layers  

                (a)                                                                                                   (b)                           

Figure (2.9) Modeled SGMD mass transfer resistance for coated single channel showing 

resistance of layer 3 and the total membrane according to the morphology estimated by 

the (LBL) method and according to those estimated by the (AMM) method  
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2.5.Conclusions 

 

     The combination of the experimental and modeling of single gas permeation was a useful tool 

in the reconfirmation of some morphological properties declared by the manufacturer and in the 

characterization of other unknown properties. The pore diameter and porosity-tortuosity ratio of the 

ñLayer 3ò were estimated for coated capillary bundles and for coated and uncoated single channels. 

ñLayer 3ò  which represents the layer that is to be in the vicinity of the liquid feed during SGMD 

was found to be the controlling resistance during gas permeation. This was due to its relatively 

small pores when compared to the other membrane layers. Experimental results allowed the 

evaluation of the negative effect of the carbonization and hydrophobization procedure on the 

membrane permeance while the gas permeation modeling results allowed the attribution of this 

reduction in permeance to possible alteration in the morphological properties resulting from these 

procedures.  

 

     The estimated morphological properties were based on two approaches which were the ñlayer-

by-layerò (LBL) method and the ñaverage membrane morphology methodò (AMM) . The former 

considers the contribution of the morphological properties of each membrane layer on the overall 

membrane mass transfer properties while the latter views the membrane as a single layer and uses 

average morphological properties for the entire membrane. 

 

     The modeled mass transfer resistance during SGMD demonstrated that the support is the 

controlling mass transfer resistance due to its relatively large thickness with respect to the other 

membrane layers. Therefore, the exacerbated mass transfer resistance of ñLayer 3ò due to the 

hydrophilization procedures was nearly insignificant on the overall membrane mass transfer 

resistance during SGMD. 

 

     Results also showed that using the average membrane morphological properties (estimated by 

the AMM approach as inputs to the SGMD modeling equations) greatly underestimated the mass 

transfer resistance during SGMD with respect to the mass transfer resistance obtained on 

considering the morphological properties of each layer as estimated by LBL method. Possible 

improvements in the mass transfer coefficient could take place by increasing the temperature, 

decreasing the pressure and by reducing the support thickness. However, the operating conditions 

and the minimum support thickness are compromised according to the available thermal and 

mechanical stability of the membrane. 
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List of Symbols 

 

 

Latin Letters 
 

ija  Viscous flow coefficient of component i in layer j 

A  Area 

ijc  Knudsen diffusion coefficient of component i in layer j 

jc  Total molar concentration in layer j 

mc  Total molar concentration in membrane 

pd  Pore diameter 

WeqD  Equivalent diffusion coefficient of water 

WGD  Molecular diffusion coefficient of water in gas 

,W KnD  Knudsen diffusion coefficient of water 

k  Mass transfer coefficient 

L  Length 

M  Molecular weight 

airN  Molar flow rate of air 

pN  Number of pores 

pN¡ Number of pores per unit length 

totN¡ Total molar flow rate per unit length across membrane  

iN  Molar flow rater of component i 

P  Pressure 

r  Radius 

gR  Universal gas constant 

R  Mass transfer resistance 

T  Temperature 

V  Volume 

y  Mole fraction in the vapor phase 

 

Greek Letters 
 

a Permeance  

d Thickness 



Chapter Two 

58 

 

e porosity 

h Dynamic Viscosity 

t Tortuosity 

 

Subscripts and Superscripts 
 

av Average 

G  Gas 

i  Component i 

I  Liquid/membrane interface 

j  Layer j 

IN  Inner or Inlet 

LM  Logarithmic mean 

m  membrane 

m G-  Membrane/gas interface 

OUT  Outlet 

S  Support layer 

tot  Total 

Void  Void in membrane 

W  Water 

3  Layer 3 
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3.1.Introduction  

 

     The phase of membrane characterization plays a pivotal role in ensuring that the membrane 

distillation (MD) process requirements are met by the studied membranes. However, the practical 

application of the membranes in MD operations cannot be decided only according to the results of 

the membrane characterization techniques. In fact, the investigation of the performance of the 

membrane module during experimental MD operations is essential for the assessment of the 

applicability of the module in fulfilling the requirements of the given MD processes at the desired 

operating conditions. In addition to experimental studies, modeling of MD could be beneficial in 

the module performance investigation [82] and the overall process simulation and optimization 

[74,183]. Modeling studies could offer a clear vision of the important key parameters affecting the 

module performance. This could enable the prediction of the effect of the MD operating conditions 

[55,57,119,184] and main membrane properties, geometric parameters and process configurations 

on the overall MD performance. In addition to that, some developed models could allow the 

demonstration of how the driving force, the flux, and process limitations vary across the length of 

the module and/or the vessel containing the modules [74,82]. This could be of great importance in 

process design and optimization since the optimized operating conditions and process lay out are 

mainly dependent on the module performance. This will be discussed in more details in the part 

related to process development and optimization in Chapter (5). Accordingly, many recent works 

in literature were dedicated to module investigation for different MD configurations and for various 

purposes using experimental and/or modeling studies [54,60,171,185,186]. 

 

     In the current chapter, sweeping gas membrane distillation (SGMD) experiments were run by 

means of a bench-scale SGMD set-up for the ceramic capillary bundles whose morphological 

properties were characterized in Chapter (2). The performance of the studied ceramic membranes 

during SGMD was investigated and assessed by these experimental studies. Moreover, modeling 

was utilized in the estimation of the water flux and the simulation of the module performance. NaCl 

(aq.) solution was selected as the feed stream. In fact, seawater desalination is deemed to be the 

main studied application of membrane distillation in literature [41,94,122,128]. During desalination 

by SGMD, the water permeates from the feed side containing the NaCl (aq.) solution towards the 

permeate side containing the sweeping gas. The permeated water vapor molecules are then carried 

by the sweeping gas towards the outlet of the module where those water molecules can be recovered 

by means of condensation [1]. It is worth noting that the computational complexity in modeling 

capillary membranes in SGMD has been a challenge facing the application and development of 

such technology [82]. As for the modeling studies performed in the current chapter, an equivalent 

diffusion coefficient was employed in describing the transmembrane mass transfer during SGMD 

considering the contributions of the Knudsen and molecular diffusion mechanisms. This equivalent 

diffusion coefficient was calculated according to the Bosanquet equation which is commonly 

applied in similar approaches in literature dedicated to modeling the transmembrane mass transfer 

in MD operations [1,47,82,98,106ï108]. 
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3.2.Materials and Methods 

 

3.2.1. Capillary Bundles 

 

     The SGMD experimental and modeling studies regarded the capillary bundles that were 

discussed in Chapter (2). They refer to the capillary bundles of the hydrophobic carbon-based titania 

membranes. These membranes were manufactured by the Fraunhofer Institute for Ceramic 

Technologies and Systems (IKTS, Hermsdorf, Germany). The membranes are composed of four 

layers possessing different morphological properties. During SGMD experiments the liquid feed 

was introduced to the tube-side such that the membrane layer in the vicinity of the liquid is named 

ñLayer 3ò. It is followed by ñLayer 2ò, ñLayer 1ò and finally by the outer layer which is the 

ñSupportò. Details about the manufacturing, the characterization and the hydrophobization 

procedures of the membranes were discussed in Chapter (2). The studied capillary bundles were 

coded as B2754, B2755, B2756, B2888 and B2758. The geometric parameters of the bundles 

including the fiber inner diameter (dIN) and outlet diameter (dOUT), the number of fibers (Nf), the 

effective module length (Leff) and the shell diameter (dS) are listed in Table (3.1). The effective 

module length represents the distance between the shell inlet and outlet nozzles, whereas the tube 

side length is equal to 20 cm for all the bundles. The LEP values for the studied bundles at room 

temperature are also included in the table. They were obtained by LEP tests performed by F. Varela-

Corredor et al. [8,80]. The high values of the obtained LEP demonstrated the accepted hydrophobic 

character of the bundles. 

 

Bundle 
dIN 

(mm) 

dOUT 
(mm) 

Nf 
(fibers) 

Leff 
(mm) 

dS 
(cm) 

LEP 
(bar) 

B2754 

1.56 3.20 
37 13 3.60 

4.2 

B2755 4 

B2756 6.2 

B2888 
1.9 

3.54 unavailable 

B2758 3.20 22 17 2.50 6.9 

 

     The morphological properties of each membrane layer of the bundles are listed in Table (3.2) 

where the pore size and porosity-tortuosity ratio of ñLayer 3ò were estimated in Chapter (2) 

according to the ñlayer-by-layerò approach. Another approach was employed in Chapter (2) for 

characterizing the membrane morphological properties. It followed the ñaverage membrane 

morphologyò (AMM) method which is commonly applied in literature [2,10,26] assuming the 

membrane to be composed of a single layer with average morphological properties without 

considering the role played by each membrane layer in the overall membrane mass transfer 

properties. These characterized average properties are listed in Table (3.3) for the capillary bundles.  

 

Table (3.1) Geometric parameters and room temperature LEP values of the capillary bundles  
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Bundle 
Layer 3 Layer 2 Layer 1 Support Layer 

dp 
(nm) 

(Ў/Ű) 
ŭ 

(µm) 

dp 
(nm) 

(Ў/Ű) 
ŭ 

(µm) 

dp 
(nm) 

(Ў/Ű) 
ŭ 

(µm) 

dp 
(nm) 

(Ў/Ű) 
ŭ 

(µm) 

B2754 548 0.0029 

10 250 0.34 30 800 0.20 30 4500 0.11 
750 

B2755 534 0.0032 

B2756 435 0.0044 

B2888 328 0.0069 

B2758 68 0.084 580 
 

 

 

 

 

 

 

 

 

 

3.2.2. Sweeping Gas Membrane Distillation Experiment 

 

3.2.2.1.Experimental Set-up 

 

     The experimental performance of the capillary bundles was assessed using a bench-scale 

sweeping gas membrane distillation (SGMD) set up that was built by F. Varela-Corredor [80]. A 

representation of the SGMD set up is shown in Fig (3.1). The main equipment involved were the 

feed tank, feed pump, membrane contactor, thermostatic bath, gas compressor, gas condenser, set 

of valves, pipelines and indicators of temperature, flow, pressure and pressure difference. The 

elements used in the SGMD pilot plant were carefully chosen to resist high temperatures up to 

150°C and pressures up to 10 barg. The feed tank is represented by a pressure vessel that is 

completely constructed of stainless steel AISI 316L. The capacity of the feed tank is 5 Liters while 

its maximum allowable operating temperature and pressure are 180 °C and 10 barg respectively. 

PTFE gasket is used to seal the top cover of the feed tank which is connected to indicators, relief 

valve, sampling pipe and the liquid feed inlet. A pressurized gas cylinder containing inert gas (N2) 

is connected to the feed tank. The nitrogen gas flow into the feed tank can be allowed in a controlled 

manner in order to regulate the liquid feed pressure inside the feed tank. Liquid samples can be 

withdrawn from the feed tank to measure their conductivity which can be then used in the estimation 

Average values 

Bundle 
dpm 
(nm) 

(Ў/Ű)m 

B2754 468 0.27 

B2755 1232 0.053 

B2756 354 0.44 

B2888 337 0.38 

B2758 87 3.414 

Table (3.2) Morphological properties of the four layers of the capillary bundles  

Table (3.3) Average membrane morphological properties of the 

capillary bundles as estimated by the AMM method 
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of the corresponding liquid salinity. The liquid feed was allowed to flow from the feed tank to the 

membrane contactor while the liquid outlet of the membrane contactor was recirculated back to the 

feed tank. The required feed temperature was attained and controlled by applying a thermostatic 

bath using silicone oil that could operate at temperatures up to 240 °C. Simultaneously, the 

thermostatic bath was used to heat the gas temperature before being introduced to the membrane 

contactor as it is shown in Fig (3.1). A simple condenser was used to condense the permeated water 

vapor carried by the sweeping gas at the outlet of the membrane contactor such that cold water was 

used in the condensation processes. Moreover, during some of the SGMD tests, a column of silica 

gel was used after the condenser in order to adsorb the uncondensed water vapor. The condenser 

was used to ensure the absence of salt in the distilled water to make sure that no salt passed across 

the membrane with the permeated water molecules during the SGMD experiments. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

     The liquid temperature and pressure in the tank were measured by indicators T2 and P2 

respectively while the volumetric flow rate and pressure of the feed at the tube-side inlet were 

measured by indicators F3 and P3 respectively. For each experiment, the desired initial feed 

concentration was attained by mixing demineralized water (maximum conductivity of 20 ɛS/cm at 

room temperature) with anhydrous NaCl salt. The salt concentration in the aqueous solution was 

measured by a conductometer. In a counter-current flow manner, dry air was introduced to the shell-

side of the module representing the sweeping gas in the permeate-side. The gas stream (G0) was 

Figure (3.1) Representation of the bench-scale SGMD set up used during SGMD experiments for NaCl(aq.) feed   
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initially at room temperature where its volumetric flow rate, pressure and temperature were 

measured by the indicators F0, P0 and T0 respectively. The transmembrane pressure difference 

monitored by the differential manometer (ȹP) (shown in Fig(3.1) ) was controlled during the whole 

experiment ensuring it did not exceed the liquid entry pressure (LEP) value to avert membrane 

wetting and flooding.  

 

3.2.2.2.Experimental Flux Measurement Procedures 

 

    The rate of change of the salt concentration in the liquid tank was used in estimating the water 

flux and the amount of the remaining circulating liquid. This took place assuming total salt rejection 

by the membrane. Accordingly, liquid samples were withdrawn periodically from the tank to 

measure the salt concentration of the circulating liquid using a calibrated conductometer. The time 

(i) is the time at which the sample is withdrawn from the feed tank and is indicated by (ti). 

Experimental water flux at time ti was calculated by Eq (3.1). 

                                                          
( ) ( )''

, 1i i

i

w w

w
t IN

t t tm m
m i

A t

-

³

D -
< >= ¸

D
                                                             (3.1) 

where, ( )
iw t tm -D , ( )

iw tm represent the mass of the recirculating water (water remaining in the system) 

at time ( )it t-D  and at the time of sample withdrawal ()it  respectively while ( )tD  is the time interval 

taken between two successive sample withdrawals. AIN  is the membrane inner surface area.  

 

3.3.Modeling of Sweeping Gas Membrane Distillation of NaCl (aq.) Solution 

 

3.3.1. Local Model 

 

The applied SGMD local model for NaCl (aq.) feed was based on the following set of assumptions. 

¶ Steady state process 

¶ The liquid feed is allocated in the tube-side while the sweeping gas is allocated in the shell-

side. 

¶ Water represented the only permeating component (100% salt rejection) 

¶ The sweeping gas is insoluble in the liquid feed.  

¶ The transmembrane mass transfer is diffusive where an equivalent diffusion coefficient was 

used to consider the contributions of the molecular and Knudsen diffusion mechanisms. 

¶ Well-insulated module (no heat losses) 

¶ No defects and no leakages (no mass losses) 

¶ Ideal gas behavior of the permeate-side stream 
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     The set of Eqs. (3.2 ï 3.9) were used to calculate the local molar and heat fluxes in addition to 

the membrane interfacial concentrations and temperatures. The equations are represented for the 

cylindrical geometry of a single fiber having a unit length. Mass transfer during SGMD takes place 

over three main steps which are listed as follows. 

1) Transfer of liquid water molecules through the liquid mass boundary layer according to the 

film theory [187]. This is described by Eq (3.2). 

2) Transfer of water vapor across the membrane pores (See Eq (3.3)) by a purely diffusive flow 

due to the contributions of the molecular and Knudsen diffusion mechanisms  

3) Transfer of water vapor through the gas mass boundary layer according to the film theory. 

This is represented by Eq (3.4). 

 

     The expected profiles of the mole fractions of water and salt during SGMD are illustrated in Fig 

(3.2). Mass transfer expressions (Eqs. (3.2 ï 3.4)) used the same notations of the mole fractions 

shown in this figure such that (x) and (y) represent the mole fractions in liquid and vapor states 

respectively while the subscripts (w), (s), (L), (G), (m) refer to water, salt, liquid stream, gas stream 

and membrane respectively. At the liquid/membrane and gas/membrane interfaces, the subscripts 

(Lm) and (Gm) are used while at the liquid and gas bulks, the subscripts (Lb) and (Gb) are used 

respectively. 

 

 

 

 

 

 

 

                                       

                                                         
, ,

,

1
' ln

1

w L L w Lm

w IN

L w Lb

k x
N d

M x

r
p

å õ-
= æ öæ ö-ç ÷

                                                                (3.2) 

                                                        
, ,

,

1
' ln

1

w m G w Gm
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g m w Lm

k P y
N d
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p

å õ-
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                                                               (3.3) 

                                                        
, ,

,

1
' ln

1

w G G w Gb

w OUT

g G w Gm

k P y
N d

R T y
p

å õ-
= æ öæ ö-ç ÷

                                                               (3.4) 

Figure (3.2) Expected mole fraction profile of NaCl salt and water in the liquid and 

of water in the membrane and the gas during SGMD 
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where, 'wN   and  wk  represent the molar flow rate of water in a single fiber of a unit length and the 

mass transfer coefficient of water respectively. , , , , gM P T Rr   refer to density, molecular weight, 

pressure, absolute temperature and universal gas constant respectively. The membrane temperature 

mT  is the arithmetic mean of the temperature at the liquid/membrane interface LmT  and that at the 

gas/membrane interface GmT . The membrane inner, outer and logarithmic mean diameters are 

represented by  , ,IN OUT lmd d d   respectively.                                                                                                                                            

 

The liquid/vapor equilibrium occurring at the liquid-membrane interface can be expressed by the 

modified Raoultô law according to Eq (3.5).                                               

                                                              ( ) ( ),

*

, , ,,Lm Lm w Lm
w Lm G w w Lm w LmT T x

y P P xg=                                                                (3.5) 

where, 
*

,,w w LmP g  represent the water vapor pressure and activity coefficient respectively at the 

liquid/membrane interface.  

 

     Both mass and heat transfer occur simultaneously during SGMD. The expected temperature 

profile is qualitatively represented by Fig (3.3) such that heat transfer takes place during SGMD 

over the following steps. 

 

1) Heat transfer from the liquid bulk towards the liquid/membrane interface through the liquid 

thermal boundary layer. The heat transfer rate per unit axial length for a single fiber across 

the liquid thermal boundary layer 'LQ  can be estimated by Eq (3.6). At the 

liquid/membrane interface, a portion of the heat transferred across the liquid boundary layer 

is utilized in vaporizing the permeating stream while the remaining portion represents the 

net heat energy  'netQ  which can be estimated by the heat balance at the liquid/membrane 

interface as expressed by Eq (3.7). 

 

 

2) Thermal conduction across the membrane towards the gas side at neglected convective 

contribution. This is described by Fourierôs law [188] as given by Eq (3.8).  

 

 

3) Heat transfer from the gas-membrane interface towards the gas bulk through the gas thermal 

boundary layer as described by Eq (3.9). 
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                                                       ( )'L L Lb Lm INQ h T T dp= -                                                                      (3.6) 

 

                                                    ( )( )' ' '
Lm

w

net L w TQ Q N l= -                                                                          (3.7)                                 

                                                  

                                                    ( )
.2

'

ln

cond

m
net Lm Gm

OUT

IN

k
Q T T

d

d

p
= -
å õ
æ ö
ç ÷

                                                                   (3.8) 

                                                  ( )G b'net G m G OUTQ h T T dp= -                                                                         (3.9) 

 

where, 
., ,w cond

mk hl represent the latent heat of vaporization of water, the thermal conductivity of 

the membrane and the convective heat transfer coefficient respectively.   

 

 

 

 

 

 

 

 

 

The local model solution strategy considered the following steps and can be represented by Fig(3.4). 

1) The local operating conditions for the gas and liquid streams were used to estimate their 

corresponding physical properties as given in Appendix (A). 

2) The mass and heat transfer coefficients in the liquid and gas boundary layers were predicted 

according to the given geometry and physical conditions. 

3) The membrane mass transfer coefficient and thermal conductivity were estimated according 

to: 

¶ Morphological properties of each membrane layer characterized by the ñlayer-by-

layerò (LBL) method that was discussed in Chapter (2). 

¶ Average values of the membrane morphological properties characterized by the 

ñaverage membrane morphologyò (AMM) that was discussed in Chapter (2). 

 

Figure (3.3) Expected temperature profile in the liquid, membrane and gas during SGMD 
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4) The local molar and heat fluxes in addition to membrane interfacial concentrations and 

temperatures were evaluated from the set of Eqs. (3.2-3.9) using an iterative solution. The 

corresponding algorithm of the implemented iterative procedures is illustrated in Fig (3.5). 

 

 

 

                                                                                                                                                         

                                                                                                                                                

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure (3.4) The strategy of the solution of the SGMD local model (NaCl(aq.) feed) 

Figure (3.5) The algorithm used in the solution of the SGMD local model (NaCl(aq.) feed) 
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3.3.2. Modeling according to Plug Flow Concept 

 

     A finite-difference model was employed in the simulation of the SGMD process in the studied 

ceramic capillary bundles. The module was discretized in order to consider the axial gradients of 

the operating conditions occurring in the tube side and shell side streams and to consider the effect 

of these gradients on the resulting water flux. This was done along the axial direction (z-direction) 

of the module (according to the plug flow model concept) . A MATLAB code was developed for 

the required computational execution. The module was divided into n elements (units) connected 

in-series along the axial direction (z-direction) as it is presented in Fig(3.6). The same adopted 

assumptions in the local SGMD model were considered in the axially discretized model in addition 

to the following assumptions. 

 

¶ The fibers are identical and uniformly packed in the shell ensuring uniform hydrodynamics. 

¶ 1-D transfer phenomena in the bulks of the liquid and gas streams (z-direction) 

 

 

 

 

 

 

 

 

 

 

 

 

     In the case of co-current configuration, both the liquid (tube-side stream) and the sweeping gas 

(shell-side stream) flow in the positive axial direction. In the case of counter-current configuration, 

the sweeping gas flows in the positive axial direction while the liquid flows in the negative axial 

direction. Each element (unit) represents a control volume of constant physical properties for each 

of the two streams. The discretization representations in case of co-current and countercurrent flow 

manners are shown Figs (3.7) and (3.8) respectively. For a single fiber, the governing axial 

differential transfer equations in the liquid (feed-side) and the sweeping gas (permeate side)  are 

given in Tables (3.4) and (3.5) respectively. 

 

Figure (3.6) Representation of the axial discretization of the 

module into (n) elements during SGMD modeling 



Chapter Three 

71 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure (3.7) Representation of the axial discretization of the module in case of co-current flow (NaCl(aq.) feed) 

Figure (3.8) Representation of the axial discretization of the module in case of counter-current flow (NaCl(aq.) feed) 
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Co-current  or Counter-current Comments Eq. 
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From equivalent 

annulus theorem 

[190] 

(3.20) 

 

Co-current Counter-current Comments Eq. 

'L
w

dn
N

dz
=-  'L

w

dn
N

dz
=  

From total mass 

balance 
(3.10) 

0sdn

dz
=  

From salt mass 

balance 
(3.11) 

,

'

L

L L

L p

dT Q

dz n C

-
=  

,

'

L

L L

L p

dT Q

dz n C
=  From heat balance (3.12) 

2

4 'w wL

IN L

N Mdv

dz dp r

-
=  2

4 'w wL

IN L

N Mdv

dz dp r
=  

From continuity 

equation 
(3.13) 

2

4
2

L L
L

IN

dP v
f

dz d
r=-  

2

4
2

L L
L

IN

dP v
f

dz d
r=  

DarcyïWeisbach 

equation [189] 
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Table(3.4) Governing axial differential transfer equations in the liquid feed 

 

Table(3.5) Governing axial differential transfer equations in the sweeping gas 
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     n   represents the molar flow rate per fiber while the subscript ñaò refers to the air present in the 

sweeping gas. , ,p Gf e h refer to the friction factor, the module packing factor and the gas viscosity 

respectively. 0,,L Gv v represent the liquid velocity in the tube side and the gas interstitial velocity in 

the shell side respectively  

 

     The expression of the sweeping gas pressure gradient (Eq (3.20)) originating from the 

momentum balance in the shell-side was based on the equivalent annulus theorem introduced by C. 

Gostoli et al. [190]  in case of laminar flow. This theorem is valid on condition that the fibers are 

not closely packed, and that the flow is uniformly distributed. In case of non-laminar flow, Eq (3.21) 

was used instead.  

                                                                            

2

0,
4

2

GG
G

eq

vdP f

dz d
r=-                                            (3.21) 

Dirichlet boundary conditions were specified for the governing equations according to the inlet 

conditions of both streams. 

 In case of co-current flow, the following boundary conditions were used. 

                

, , ,

, 0, 0, , , ,

, , , , , ,

0 : , ,

, , ,

0 : , , , ,

G G IN a a IN G G IN

G G IN G G IN G G IN w w IN

L L IN s s IN L IN L L IN L L IN L L IN

at z n n n n T T

P P v v y y

at z n n n x n T T P P v v

r r

= = = =

= = = =

= = = = = =

 

 

In case of counter-current flow, the following boundary conditions were used. 

                       

, , ,

, 0, 0, , , ,

, , , , , ,

0 : , ,

, , ,

: , , , ,

G G IN a a IN G G IN

G G IN G G IN G G IN w w IN

tot L L IN s s IN L IN L L IN L L IN L L IN

at z n n n n T T

P P v v y y

at z L n n n x n T T P P v v

r r

= = = =

= = = =

= = = = = =

 

 

Where the subscript ñ IN ò refers to the conditions at the stream inlet as it is indicated in Fig (3.7) 

and (3.8) for the co-current and countercurrent configurations respectively. 

 

    Finally, the water mass flux Jw (based on the membrane inner area) obtained from a module 

having a total length Ltot can be calculated from the contributions of all the discretization elements 

according to Eq(3.22).           
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                                                                             ,

0

1 totL

w w z

tot

J J dz
L
= ñ                                                                (3.22) 

     The finite-difference numerical method was implemented to transform the governing differential 

equations into a system of nonlinear algebraic equations. For discretized n elements having uniform 

thickness ȹz, Eq (3.22) can be represented in the form of Eq(3.23). 

                                                                        ,1
'

nw
w w ii

IN

M
J N

n dp =
= ä                                                              (3.23) 

The implemented solution algorithms for the axially discretized SGMD models are illustrated in 

Fig (3.9) and (3.10) for the co-current and counter-current cases respectively.  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure (3.9) The algorithm used in the solution of the axially discretized SGMD model in case of 

co-current flow (NaCl(aq.) feed) 
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3.3.3. Constitutive Equations 

 

     Solving the local model represented by the set of Eqs. (3.2ï3.9) necessitated the use of the 

constitutive equations required for estimating the mass and heat transfer coefficients in the 

boundary layers in addition to the membrane mass transfer coefficient and thermal conductivity. 

Regarding the mass transfer coefficient of water in the membrane, its estimation took place 

according to an equivalent diffusion coefficient resulting from the contributions of the Knudsen 

diffusivity ,W KnD  and the molecular diffusivity WGD  as it has been discussed in Chapter (2). The 

Bosanquet equation (expressed by Eq (3.24)) [82] was used to estimate the equivalent diffusion 

coefficient of water in layer j  ( ,Weq jD ) assuming the mass transfer resistances of the molecular and 

Knudsen diffusion mechanisms to be lying in series. The Knudsen diffusion coefficient in layer j 

can be evaluated by Eq (3.25) [1]. In case of modeling according to morphology characterized by 

the layer-by layer ñLBLò method, the mass transfer coefficient of water in each membrane layer 

was estimated by Eq (3.26) and was used in the estimation of the overall membrane mass transfer 

coefficient according to Eq (3.27). This was based on summing the mass transfer resistances of 

each layer to express the overall membrane mass transfer resistance. In case of modeling according 

to morphology characterized by the average membrane morphology ñAMMò method, the average 

morphological properties of the membrane were used directly in the estimation of the overall 

membrane mass transfer coefficient instead of using each layer properties.  
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where  c  represents gas molar concentration. At constant pressure and constant temperature (mean 

membrane temperature), the gas molar concentration can be assumed to be constant across the 

membrane.  

 

     The thermal conduction across the membrane can be predicted according to the contributions of 

the membrane solid matrix and the gas entrapped inside the membrane pores. This was done 

according to the iso-strain approach which is commonly used in modeling the transmembrane heat 



Chapter Three 

77 
 

transfer in membrane distillation operations [101,191]. The thermal conductivity of membrane 

layer ñjò termed by 
.cond

jk  is estimated according to the thermal conductivity of the gas entrapped in 

the pores 
.cond

Gk  , the thermal conductivity of the solid matrix 
.cond

solidk  and the porosity of layer ñjò je  

by Eq(3.28). Apparently, the membrane thermal resistance can be calculated by summing up the 

thermal resistance of the membrane layers since they are lying in series. In fact, this can enable the 

prediction of the thermal conductivity of the membrane by Eq (3.29). The value of 
.cond

solidk corresponds 

to the thermal conductivity of titania estimated at the membrane temperature. 

                                                      ( ). . .1cond cond cond

j j G j solidk k ke e= + -                                                     (3.28) 

                                                  

1

3,
.

.
1

ln

ln

OUT

s
INcond OUT

m cond
jIN j

d

dd
k

d k

-

=

å õå õ
æ öæ ö

å õ ç ÷æ ö= æ öæ ö
ç ÷

æ öæ ö
ç ÷

ä                                      (3.29) 

     The values of Nusselt number (Nu) in the liquid and gas boundary layers were predicted using 

semi-empirical correlations that are typically used for shell-tube heat exchangers. The applied 

correlations are given in Table (3.6). The Chilton-Colburn analogy incorporating mass and heat 

transfer [192] was implemented. This aimed at estimating the corresponding values of Sherwood 

number (Sh). This analogy took place based on the same set of correlations in Table (3.6). The 

dimensionless numbers used in the empirical correlations are collected in Table (3.7). 

 

Table (3.6) The applied correlation in the estimation of the Nusselt number in the tube and shell sides 

Side Correlation  Validity range Eq. Reference 

Tube 

(liquid)  
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(3.32) [195] 

Shell 

(gas) 

0.6 0.6 1/30.128 eqNu d Re Pr=  
480 2 10eqd Re< < ³ (3.33) [196,197] 

 

It is worth noting that ( deq ) used in Eq (3.33) is the equivalent shell diameter in inch and is 

calculated by Eq (3.34). The correlation (Eq (3.33)) was developed by D. A. Donohue [196] to 
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predict the Nu for  unbaffled shell-tube heat exchangers considering the effect of tube arrangement 

on the resulting flow pattern. This was based on the experimental works carried out by B. Short 

[198] and by R. E. Heinrich et. al [199]. Most of the correlations available in literature for shell-

tube heat exchangers were developed for baffled shell configurations which account for the 

turbulence effects created in the shell-side. The usage of such relations for unbaffled membrane 

modules could lead to overestimation of the transfer coefficients. This promoted the preference for 

using the correlation derived by D. A. Donohue during SGMD modeling.  
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                             Table (3.7) Dimensionless numbers used in the estimation of Nu and Sh numbers   

Heat transfer Mass transfer Comments 
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The gas interstitial velocity in the shell side 0,Gv  is affected by the module packing factor pe , gas 

total volumetric flow rate GV  and shell diameter Sd  as given by Eq(3.35). 
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The friction factor f used in the pressure gradient estimation is a function of the Reynolds number 

Re as given in Table (3.8). It is worth noting that the characteristic length of the Re applied in gas 

pressure drop estimation is the shell equivalent diameter deq. 

Re <2300 2300-5000 

f 16 /Re 1/40.079Re-  

Table (3.8) The effect of the Reynolds number on the friction factor 
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3.4.Results and Discussion 

 

3.4.1. Investigation of Module Performance during SGMD Experiments 

 

     The experimental operating conditions of the studied bundles are listed in Table (3.9). The 

symbols of the measured quantities in the table refer to the same ones shown in the experimental 

setup representation in Fig (3.1). Given that bundle B2758 possessed the highest LEP value among 

the studied bundles as it has been mentioned in Table (3.1), this bundle was chosen for relatively 

long SGMD experimental time spans. Some of the experimental results for the capillary bundle 

B2758 are shown in Fig (3.11). Two SGMD experimental trials took place for this bundle. Each 

trial was conducted over two consecutive days. The effect of the liquid temperature on the salt 

concentration in the recirculating liquid is given by Fig (3.11a) and (3.11b) for trials 1 and 2 

respectively. The salt concentration in the liquid is expressed by the salinity (g NaCl/kg liquid).  

 

 

 

*    liquid velocity in tube-side                         ** Gas interstitial velocity in the shell-side ( )0,Gv  

Liquid inlet to tube-side (Lin)  Gas inlet to shell-side (Gin) 

Point 
T2 

(°C) 

P3 

(bar) 

F3 

(L/h) 

CS                 

(g/kg) 

v3* 

(m/s) 

ȹP 

(mbar) 

T1 

(°C) 

P1 

(bar ) 

F0 

(m3
STP/h) 

v1** 

(m/s) 
Bundle 

B 61.5 4.95 100 18.79 0.39 - 43.0 4.10 5.15 0.56 
B2755  

C 88.9 2.55 100 18.92 0.39 - 49.0 2.20 2.91 0.60 

D 90.9 2.60 100 19.68 0.39 - 61.0 2.25 2.70 0.57 B2756 

E 89.9 2.45 100 18.24 0.39 - 51.5 1.90 1.87 0.45 
B2754  

F 89.6 2.30 100 18.31 0.39 - 55.5 1.90 1.82 0.44 

H 64.6 3.34 100 19.50 0.45 170 41.7 4.05 1.71 0.58 

B2758  

I  89.7 3.98 100 19.67 0.45 250 56.1 3.95 0.24 0.63 

J 64.1 2.90 100 19.82 0.45 200 43.1 2.70 1.51 0.58 

K 89.5 4.84 100 20.03 0.45 212 60.8 4.86 4.12 0.90 

L 40.9 2.30 100 18.58 0.45 310 39.3 2.13 2.05 0.98 

M 72.6 2.98 100 18.74 0.45 310 52.5 2.88 2.73 1.01 

N 50.3 5.13 104 18.90 0.46 325 44.5 5.00 4.64 0.96 

O 87.1 5.08 105 19.13 0.47 308 64.5 5.10 4.66 1.00 

P 110.3 5.33 103 19.58 0.46 329 69.8 5.23 4.87 1.03 

Q 110.2 5.25 100 19.93 0.45 290 69.3 5.10 4.76 1.03 

R 70.2 5.18 150 17.97 0.40 331 57.3 5.20 4.84 0.43 

B2888 

 

  

S 89.3 5.13 150 18.75 0.40 296 61.5 5.25 4.87 0.44 

T 90.5 5.03 150 19.58 0.40 251 61.8 5.00 4.63 0.44 

U 91.10 5.05 150 19.95 0.40 264 62.0 5.08 4.66 0.43 

Table (3.9) SGMD experimental operating conditions for different bundles and experimental points 

(The symbols of the measured quantities refer to those in Fig (3.1)) 
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      The transient and steady regions are both shown in Fig (3.11) to illustrate the experiment 

proceedings. The initial salinity was around 19.45 g/kg and 19.80 g/kg for the first and second trials 

respectively. Regarding the experimental points in Table (3.9), points (H, I, J, K) refer to the first 

trial while points (L, M, N, O, P, Q) refer to the second trial. The maximum liquid temperatures 

attained during the SGMD experiments were 90°C and 110°C for the first and second trials 

respectively. It can be demonstrated from Fig (3.11a) and (3.11b) that there was an increase in the 

salinity of the liquid as the experiments were progressing indicating the transmembrane permeation 

of water. The rate of increase in salinity was used in estimating the corresponding experimental 

water flux as calculated by Eq (3.1). The measured salinity and calculated flux are shown in Fig 

(3.11c) and (3.11d) for trials 1 and 2 respectively. It is worth mentioning that the experimental flux 

obtained at a given time (ti) does not correspond to the instantaneous measured temperature and 

operating conditions at this exact time but corresponds to the average conditions during the time 

span (æt) taken between the time at which the current sample was withdrawn (ti) and the time at 

which the previous sample was withdrawn (as explained in section 3.2.2.2). 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

      

                     (a)                                                                                              (b)                           

Figure (3.11) SGMD experimental results of the bundle B2756 showing: (a) rate of change of liquid temperature and 

salinity for Trial 1 ,  (b)  rate of change of liquid temperature and salinity for Trial 2,  (c)  average flux and rate of change 

of  salinity for Trial 1,   (d)  average flux and rate of change of  salinity for Trial 2 

                     (c)                                                                                              (d)                           
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 By comparing the heating rate and the corresponding obtained flux for each trial, the enhancement 

effect of heating on the water flux was observed. This was expected due to the resulting 

improvement in the mass transfer driving force arising from the exponential dependence of the 

water vapor pressure on the liquid temperature. However, operating conditions other than the liquid 

temperature were not strictly fixed as it can be noted from the operating conditions corresponding 

to the bundle B2758 in Table (3.9).  According to the experimental results, the ability of the 

capillary bundle B2758 to undergo SGMD at relatively high temperature (up to 110°C) was 

confirmed. Moreover, the undesired phenomena like leakage, flooding and thermal shocks were 

insignificant during the SGMD experiments. The obtained experimental flux reached values up to 

2.5 kg/hm2. This value could be increased by reducing the gas side pressure during the SGMD 

experiments.   

 

3.4.2. SGMD Model Validation 

 

     The discretized form of the SGMD model in case of the counter-current flow configuration was 

employed in the estimation of the water flux for the tested capillary bundles in order to compare 

the experimental flux with the corresponding modeled values. The effect of the number of the 

axially discretized elements on the estimated flux and gas outlet temperature is given in Fig(3.12). 

The modeled flux and the gas outlet temperature were chosen to indicate the effect of the discretized 

length on the mass and heat transfer residuals. A module total length of 20 cm was considered. It 

can be indicated that by increasing the number of the discretized elements, the modeled values tend 

to reach steady values such that increasing the number of discretization elements above 10 would 

result in relatively slight changes in the modeled values. On comparing the results obtained by the 

local model (at n=1) and those on using 20 discretized elements, the percentage difference between 

the two approaches is around 2.25% for the modeled water flux and around 20.4 % for the estimated 

outlet gas. Regarding the modeled water flux, the accepted deviation between the discretized model 

and the local model for the studied capillary bundles was considered accepted. Therefore, in case 

computational savings are required, the local model could be used for flux prediction during SGMD 

in the studied modules.  

 

 

 

 

 

 

 

 
Figure (3.12) Effect of the number of the axially discretized elements in module on the modeled flux and outlet gas 

temperature at TLin=90°C , Sin=20gNaCl/kg , vLin=0.5m/s, TGin=45°C, PGin=4.7bar, inlet gas rel.humidity=0% 
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     The SGMD experimental and modeled water flux results for the studied capillary bundles are 

given in Fig (3.13). The labeled points in Fig (3.13a) refer to the experimental points corresponding 

to the operating conditions and bundles reported in Table (3.9). Each of these points is assumed to 

represent a steady state flux value. For the sake of convenience and on account of the different 

operating conditions and different bundles (different geometries), a parity chart was applied to 

consider the different experimental points during the comparison between the experimental and 

modeled flux results. 

 

     The modeled results presented in Fig(3.13a) were estimated by the contributions of the 

morphological properties of each membrane layer given in Table (3.2) estimated according to the 

ñlayer-by-layerò (LBL) approach as it was discussed in Chapter (2). The general trend of the 

experimental points showed an accepted agreement between the modeled and experimental water 

flux values except for few points that showed large deviations namely, points E, F and C. These 

deviations could be attributed to possible experimental errors. As a result, SGMD modeling using 

the morphological properties characterized by the ñlayer-by-layerò method was validated.  

 

     The confrontation between the modeled results using morphology characterized by the ñlayer-

by-layerò (LBL) method and those following the concept of the ñaverage membrane morphologyò 

(AMM) method (commonly applied in literature [1,36,172] ) is presented in Fig(3.13b). The 

corresponding experimental values are also shown. 

 

 

 

 

 

 

 

 

 

 

  

 

 

      

Figure (3.13) Parity chart for comparing SGMD experimental results with modeled results obtained by the : 

(a)ñLayer-by-layerò method       (b) ñLayer-by-layerò and ñAverage membrane morphologyò methods   

(The corresponding operating conditions of each point can be found in Table(3.9)) 

                     (a)                                                                                            (b)                           
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The ñAMMò approach in SGMD modeling method used the membrane average morphological 

properties given in Table (3.3). It is quite apparent that the experimental results favor the modeled 

results using the LBL approach over the modeled results using the AMM method.  This could reveal 

the invalidity of the AMM approach in characterizing the morphological properties of the multi-

layer membranes studied in this PhD thesis. Even through the morphological characterization by 

the AMM approach took place in many works in literature, its ability to estimate the important mass 

transfer properties showed a quite obvious inconvenience in the case of membranes composed of 

membrane layers possessing very different morphological properties. 

 

3.4.3. SGMD Simulations 

 

3.4.3.1.Effect of Operating Conditions  

 

     Owing to the agreement between the experimental flux values and those obtained by the axially 

discretized SGMD model following the LBL approach, this modeling approach was utilized in 

predicting the effect of the operating conditions on the water flux. This was done for the case of 

counter-current flow of the liquid feed (NaCl(aq.)) and the sweeping gas (dry air) considering the 

geometric parameters and morphological properties of the bundle B2758 which can be found in 

Tables (3.1) and (3.2) on using a module length of 20 cm. The corresponding modeled results are 

given in Fig (3.14). The fixed operating conditions corresponding to the results shown in Figures 

(3.14a ï 3.14f) are reported in Table (3.10). 

 

     The effect of the liquid temperature on the water flux is shown in Fig (3.14a). At a given gas 

pressure, the flux increased exponentially with the liquid temperature. This was expected due to the 

exponential increase of the water vapor pressure with the liquid temperature. At a neglected water 

partial pressure in the shell side, increasing the temperature would result in an exponential increase 

in the mass transfer driving force during the SGMD operation.  

 

     The effect of the liquid velocity on the flux is shown in Fig (3.14b). Increasing the liquid velocity 

led to improvements in the flux. This could be attributed to the fact that increasing the turbulence 

in the liquid side could mitigate the negative effects of the concentration and polarization 

phenomena. However, increasing the liquid velocity above a certain value results in negligible 

improvements in the flux.  

 

     The effect of the salinity could be pinpointed in Fig (3.14b) and (3.14c). Increasing the salinity 

of the liquid feed corresponded to a reduction in the flux. This reduction is related to the reduced 

water activity on increasing the salt content in the liquid feed which could negatively affect the 
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vaporization at the liquid-membrane interface and consequently decreases the mass transfer driving 

force.  

 

     The effect of the gas interstitial velocity, pressure and temperature are shown in Fig (3.14d), 

(3.14e) and (3.14f) respectively. Rising the gas interstitial velocity enhanced the obtainable flux. 

However, this enhancement effect decreased as the gas velocity increased. In fact, as the velocity 

of the sweeping gas increases, the corresponding water partial pressure in the permeate side 

decreases. That is true until the gas flow rate is much greater than the transmembrane water flow 

rate where further increase in the gas flow rate will not significantly improve the driving force due 

to the absence of appreciable amount of water vapor in the permeate side.  

 

     The flux could be also improved by decreasing the gas pressure as shown in Fig (3.14e). This is 

due to the fact that decreasing the gas pressure facilitates the vaporization process and favors the 

equilibrium mole fraction of water in the gaseous state at the liquid/membrane interface according 

to Eq (3.5).  

 

     The negative effect of the relative humidity on the mass transfer driving force could also be 

indicated in Fig (3.14d) and (3.14e) since the relative humidity represented the vapor partial 

pressure of water in the permeate side. Finally, it can be indicated from Fig (3.14f) that the gas inlet 

temperature has a negligible effect on the flux. This demonstrates that the heat transfer resistance 

in the gas side could be negligible. It is worth noting that the effects of the operating conditions on 

the modeled flux go in agreement with the observations obtained in many works in literature 

dedicated to the experimental and/or modeling studies of SGMD [82,111,184,200,201]. 

 

Figure 3.14a 3.14b 3.14c 3.14d 3.14e 3.14f 

TL in  (°C) *  *  *  100 100 *  

PL in  (bar) *  2 2 2 2 2 

Sin (g/kg) 20 *  *  45 45 45 

vL in  (m/s) 0.5 *  0.5 0.5 0.5 0.5 

TG in  (°C) 45 45 45 45 45 *  

PG in  (bar) *  1.7 1.7 1.7 *  1.7 

Rel. humidity (%) 0 0 0 *  *  0 

vG in  (m/s) 1 1 1 *  1 1 

 

 

 

Table (3.10) The fixed operating conditions used in Figs (3.14a-3.14f)  

*  variable condition indicated in the corresponding figure 
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                     (a)                                                                                                     (b)                           

Figure (3.14) The effect of the inlet operating conditions on the modeled flux in case of counter-current 

flow for the bundle B2758. The varied inlet operating conditions are: (a) Liquid temperature   (b) 

Liquid velocity   (c) Liquid salinity   (d) Gas interstitial velocity   (e) Gas pressure   (f) Gas temperature  

( The fixed operating conditions in each figure are reported in Table(3.10) ) 

 

                     (c)                                                                                                     (d)                           

                     (e)                                                                                                     (f)                           
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     It is worth noting that the effects of the operating conditions on scale formation (inorganic 

fouling) were not investigated in the modeling study conducted in this PhD thesis. However, 

operating conditions like temperature, pH, concentration and velocity of the feed play an important 

role in the scaling degree in membrane distillation (MD) operations [1]. Seawater contains 

dissolved ions like Ca2+, Mg2+, CO3
2-, SO4

2- , etc. which could lead to the deposition of salts as  

CaCO3, CaSO4 and Mg(OH)2 at certain operating conditions. The building up of scale on the 

membrane surface could lead to membrane fouling resulting in partial pore clogging and wetting 

[1, 99]. Consequently, a decline in the operation performance and resulting flux quantity and quality 

might be engendered especially in case of supersaturated solutions [1, 9]. Still, fouling in MD is 

considered less problematic than RO and UF due to the relatively large pore possessed by 

membranes used in MD operations [9]. In case of irreversible scaling, the flux and membrane 

performance could be restored by washing using demineralized water [1]. 

 

     The effect of the temperature gradient on the scale formation of a certain salt depends on the 

nature of this salt [1]. In case of solutes having positive solubility/temperature coefficients, 

increasing the feed temperature promotes the solubility of such solutes as NaCl for example. On 

the contrary, in case of solutes possessing negative solubility/temperature coefficients, increasing 

the feed temperature could exacerbate scale formation like CaCO3 and CaSO4. Other solutes could 

experience opposite dependence of the solubility on the liquid temperature according to the 

operating temperature range as NaSO4. Accordingly, in multi-effect distillation (MED), the typical 

maximum operating temperature in the first stage (effect) during seawater desalination does not 

exceed 120°C to avoid scale formation. For the same reason and application, the operating 

temperature does not exceed 110°C in case of multi-stage flash (MSF) operations [1]. Following 

this concept, the experimental and modeling studies performed in this PhD thesis regarded 110°C 

as the maximum feed temperature during SGMD operations for seawater desalination purposes 

aiming at avoiding both, pore wetting and scale formation. In addition to the effect of temperature 

on the solubility constant, the excessive rate of vaporization at relatively high operating 

temperatures could lead to an increase in the salt concentration in the liquid. In fact, this could result 

in supersaturation engendering crystallization and scale formation. Such phenomenon can be 

appreciable in case of high water flux and high initial salt content in feed [1, 9]. 

 

     The scale formation could be mitigated by increasing the feed velocity, decreasing the pH values 

and using antiscalant compounds [1, 83]. However, low pH values can exacerbate corrosion rates 

in the process equipment. The high feed velocity in the membrane module reduces the concentration 

polarization in the feed side which mitigates the accumulation of solutes on the membrane surface 

[83]. Therefore, operating conditions and feed pretreatment procedures could be optimized to 

ensure a scale-free SGMD at relatively high temperatures. This matter would necessitate a further 

study which might constitute some restrictions on the applicable ranges of operating conditions. 
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3.4.3.2.Axial Profiles in The Module  

 

   The axially discretized SGMD model applying the ñlayer-by-layerò approach was used to 

investigate the axial profiles in case of the bundle B2758 having a length of 20 cm. This was done 

for  NaCl (aq.) feed having an inlet temperature of 90°C, inlet velocity in the tube-side of 0.5 m/s, 

pressure of 1.5 bar and salinity of 40 g NaCl/kg liquid. The sweeping gas used for this case was dry 

air introduced at 30°C and 1.3 bar and flowing with an interstitial velocity of 3 m/s. The 

corresponding axial profiles are shown in Fig (3.15) and Fig (3.16) for the counter-current and co-

current configurations respectively. 

     For the counter-current flow configuration, the axial profiles of the liquid and the gas stream are 

shown in Fig (3.15a). It is worth noting that the gas enters at z=0 and the liquid enters at z=0.2 m. 

It can be easily observed that the gradient of the gas temperature is much greater than the gradient 

of the liquid temperature. However, a slight drop in the liquid inlet temperature could be pinpointed 

such that the percentage reduction in the liquid temperature along the module was found to be 

around 1.8 %. As for the sweeping gas, the percentage increase in its temperature along the module 

was found to be around 128% increase. This can be attributed to the relatively high liquid mass 

flow rate when compared to that of the gas stream. This would result in a liquid heat capacity that 

is significantly higher than that of the sweeping gas stream. 

     The profiles of the NaCL salt mole fraction (Xs) in the liquid feed and the mole fraction of water 

vapor ( ywG ) in the sweeping gas are given in Fig(3.15b) for the counter-current configuration. On 

one side, there was a slight increase in the water content in the permeate side due to the water 

transmembrane flow rate from the feed side such that the mole fraction of water vapor at the 

sweeping gas outlet was almost 0.07 mol/mol. On the other side, negligible change in the salt 

concentration in the liquid side was noticed. This could also be attributed to the large liquid mass 

flow rate when compared to that of the sweeping gas.  

     The water flux profile is shown in Fig (3.15c). It can be demonstrated that the water flux 

increases along the positive axial direction. In other words, the flux is enhanced from the gas inlet 

towards the gas outlet. However, this enhancement declines along the positive axial direction. 

Besides, the percentage increase in the flux along the module was found to be around 1.3 %. In fact, 

the profile of the flux is greatly affected by the profiles of the liquid temperature and the water 

concentration in the shell side. Along the positive axial direction, the liquid temperature slightly 

increases towards the liquid inlet where the maximum liquid temperature exists. As the liquid 

temperature increases, the vapor pressure of the liquid increases exponentially. This could lead to 

an improvement in the driving force across the membrane. This could explain the reason of the flux 

increase along the positive axial direction. However, along the positive axial direction, the water 

content in the shell-side increases. This could result in a reduction in the mass transfer driving force 

This could also explain the reason behind the declination in the enhancement effect of the liquid 

temperature on the obtained flux along the positive axial direction. 
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     In case of the co-current flow configuration, the profiles of the liquid and gas temperatures are 

shown in Fig (3.16a) while the profiles of the mole fraction of the NaCl salt in the liquid and the 

mole fraction of the water content in the sweeping gas are presented in Fig (3.16b). The same 

observations noted in case of the counter-current flow hold true for the co-current configuration. 

The gradients in the gas temperature and concentration are much greater than the corresponding 

values in the liquid due to the relatively high liquid mass flow rate with respect to that of the 

sweeping gas.  

 

     The water flux profile in case co-current configuration is shown in Fig (3.16c). It is quite 

apparent that the flux profile in case of counter-current flow (given by Fig (3.15c)) is very different 

than that of the co-current flow. The maximum flux is at the inlet of the gas and the liquid which 

corresponds to z=0 and then the flux decreases steadily along the axial direction of the module in 

                (a)                                                                                                       (b)                           

                     (c) 

Figure (3.15) SGMD modeled results in case of counter-current flow between NaCl(aq.) feed and dry air sweeping 

gas for the bundle B2758 showing profiles of:  (a) Liquid and gas temperatures   (b) Mole fractions of salt in liquid 

and water vapor in gas   (c) water flux     (at TLin=90°C , Sin=40gNaCl/kg , vLin=0.5m/s, TGin=30°C, PGin=1.3bar) 
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case of the co-current flow as it could be observed in Fig (3.16c). This is attributed to the fact that 

along the positive axial direction, the liquid temperature slightly decreases and the water content in 

the shell side increases. Both of these two phenomena reduce the mass driving force across the 

positive axial direction of the membrane. It is worth noting that at the same operating conditions, 

the modeled water fluxes were 8.8 and 9.9 kg/(h m2) for the counter-current and the co-current 

configurations respectively. Although the flux resulting from the co-current configuration is higher 

than that obtained from the counter-current configuration, the fact that the driving force diminishes 

along the module favors the application of the counter-current configuration. At longer axial 

lengths, the counter-current flux would surpass that of the co-current configuration. Besides, on 

using modules in series inside SGMD vessels for large-scale applications, the driving force in co-

current configuration will vanish at short vessel lengths requiring many unnecessary inter-stage 

operations. 

  

 

 

 

  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

                     (c) 

Figure (3.16) SGMD modeled results in case of counter-current flow between NaCl(aq.) feed and dry air sweeping 

gas for the bundle B2758 showing profiles of:  (a) Liquid and gas temperatures   (b) Mole fractions of salt in liquid 

and water vapor in gas   (c) water flux     (at TLin=90°C , Sin=40gNaCl/kg , vLin=0.5m/s, TGin=30°C, PGin=1.3bar) 

                (a)                                                                                                       (b)                           
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3.4.3.3.Contributions of Knudsen and Molecular Diffusion Mechanisms  

 

  In order to evaluate the contributions of the molecular (ordinary) and Knudsen diffusion 

mechanisms in the membrane mass transfer, a comparison took place between modeled results 

considering both mechanisms and modeled results considering only the molecular diffusion. This 

is represented in Fig (3.17) for the bundle B2758 using the axially discretized SGMD model 

following the ñlayer-by-layerò (LBL) modeling approach. This was done for the cases reported in 

Table (3.11). The co-current flow configuration was modeled in case of NaCl (aq.) feed and dry air 

sweeping gas. It is worth noting that in case of neglecting the Knudsen diffusion and considering 

only the molecular diffusion, the equivalent diffusion coefficient becomes identical to the molecular 

diffusion coefficient. 

 

Case Basic A B C D 

TL in  (°C) 90 70 90 

PL in  (bar) 2.5 2.5 3.5 2.5 

Sin (g/kg) 40 

vL in  (m/s) 0.5 1.2 

TG in  (°C) 30 

PG in  (bar) 2.3 3.3 2.3 

Rel. humidity (%) 0 

vG in  (m/s) 1 3 1 

 

 

 

 

 

 

 

 

 

 

 

 

Table (3.11) The operating conditions of the cases used in Fig (3.17)  

Figure (3.17) SGMD modeled flux bundle B2758 at the co-current configurations for the cases 

considering molecular and Knudsen diffusion and the cases considering only the molecular diffusion.  

(The operating conditions of the cases are reported in Table (3.11) ) 
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     According to the results shown in Fig (3.17), at different operating conditions, the deviations 

between the modeled results considering the two mechanisms (molecular and Knudsen diffusion 

mechanisms) and the modeled results considering only the molecular diffusion mechanism were 

negligible with a percentage difference around 3%. This observation affirms that molecular 

diffusion controls the diffusion mechanism and that the Knudsen diffusion role could be neglected.     

 

     This was expected because typically, at operating gas pressure values above the atmospheric 

pressure, the Knudsen diffusion in the large pores of the membrane (especially the support layer) 

could play an insignificant role with respect to the molecular diffusion [136]. The different modeled 

cases illustrated that the flux could be improved by increasing the temperature, the gas velocity and 

the liquid velocity and by decreasing the gas pressure due to the reasons that have been already 

discussed in the section regarding the effect of the operating conditions. 

 

3.5. Conclusions 

 

     Sweeping gas membrane distillation (SGMD) experimental and modeling studies were 

performed for the ceramic capillary bundles. Experimental results confirmed the ability of the 

modules to undergo SGMD operations at relatively high temperatures (up to 110°C) without 

significant problems like wetting, flooding, leakage and thermal shocks.  

 

     On one side, there was an acceptable agreement between the experimental results and the 

modeled results obtained by following the ñlayer-by-layerò (LBL) modeling approach by utilizing 

the morphological properties of each membrane layer. On the other side, modeling the SGMD using 

the ñaverage membrane morphologyò (AMM) approach by considering the membrane average 

morphological properties resulted in big deviations between the modeled and experimental water 

flux. Therefore, it was observed that treating the multi-layer membrane as a single membrane of 

average morphological properties (according to the AMM approach) was inconvenient for 

modeling and module investigation of the multilayer membranes studied in this thesis. 

 

     The axially discretized model was used in simulating SGMD cases. Results showed that the flux 

increased exponentially with the liquid temperature and was improved by decreasing the gas 

pressure and by increasing the liquid and gas velocities. Moreover, the flux was found to be almost 

independent of the value of the gas inlet temperature indicating that the gas thermal resistance was 

negligible. The negative effect of increasing the liquid inlet salinity or the gas inlet humidity was 

also confirmed and estimated. 
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     According to the axial profiles in the module during SGMD, the gradients of the gas temperature 

and concentration were much higher than the corresponding values for the liquid stream in case of 

co-current and counter-current flow configurations. This was attributed to the relatively high mass 

flow rate of the liquid when compared to that of the gas. The flux profiles revealed that it is a 

decreasing function of the length of the module in case of co-current configuration. As for the 

counter-current configuration, the flux profile is affected by two phenomena opposing each other 

such that in one direction the mass transfer driving force is improved by the increase in liquid 

temperature while in the same direction, the driving force is reduced by the increase in water content 

in the permeate side. This would require optimization of the total SGMD unit length at given 

operating conditions. In fact, this will be discussed in Chapter (5). 

 

     Finally, modeling was used to compare the effect of the considered diffusion mechanisms on the 

obtained flux at different operating conditions. Results demonstrated that the molecular diffusion 

controlled the diffusion mechanism inside the membrane and that the Knudsen diffusion 

contribution is quite negligible. 
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List of Symbols 

 

 

Latin Letters 
 

A  Area 

pC  Molar heat capacity at constant pressure 

Ĕ
pC  Specific heat capacity at constant pressure 

c  Total molar concentration 

d  Diameter  

pd  Pore diameter 

WeqD  Equivalent diffusion coefficient of water 

WGD  Molecular diffusion coefficient of water in the gas 

,W KnD  Knudsen diffusion coefficient of water 

f  Friction factor 

Gz Graetz number 

h  Convective heat transfer coefficient 

J  Mass flux 

k  Mass transfer coefficient 
.condk  Thermal conductivity coefficient 

L  Length 

l* Characteristic length 
''

i
w t

m< > Average molar flow rate of water permeating across the membrane at time ti 

m  Mass  

M  Molecular weight 

n  Molar flow rate per fiber (tube) 

n  Number of axially discretized units in the SGMD model 

'wN  Molar flow rate of water per unit length and per fiber (tube) 

fN  Number of fibers (tubes) 

Nu  Nusselt number 

P  Pressure 
*P  Vapor pressure 

Pr  Prandtl number 

'Q  Heat energy flow rate per unit length and per fiber (tube) 

gR  Universal gas constant 
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Re Reynolds number 

Sh Sherwood number 

Sc Schmidt number 

t  Time 

T  Temperature 

v  Velocity 

0,Gv  Interstitial velocity of gas 

v* Characteristic velocity 

V  Volumetric flow rate 

x  Mole fraction in the liquid state 

y  Mole fraction in the vapor state 

z  Axial direction 

 

Greek Letters 
 

g Activity coefficient 

d Thickness 

e Porosity 

pe Packing factor of the module 

h Dynamic viscosity 

l Latent heat of vaporization per mole 
r Density 

t Tortuosity 

 

Subscripts and Superscripts 
 

a  Air  

eff  Effective 
eq Equivalent 

G  Gas 

Gm Gas/membrane interface 

Gb Gas bulk 

H  Heat transfer 

IN  Inner or inlet 

j  Layer j 

L  Liquid 

lm  Logarithmic mean 

Lb  Liquid bulk 

m  Membrane  

M  Mass transfer 

net Net amount 

OUT  Outer or outlet 

s NaCl salt 



Chapter Three 

95 
 

S  Shell 

solid  Solid matrix in membrane 

tube Tube-side 

w  Water 
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4.1.Introductio n 

 

     Even though most of the studies in literature related to membrane distillation (MD) focus on the 

seawater desalination application, the removal of volatile organic compounds (VOCs) by MD can 

have a wide range of industrial applications. This could include biofuel processing [157,161ï163], 

wastewater treatment [24,136] and pollution mitigation in surface and groundwater [139ï141]. 

Ethanol is one of the commonly studied VOCs that can be separated from aqueous solutions by MD 

due to the possible applications in bioethanol dewatering [161], ethanol separation from 

fermentation broth [57] and in wastewater treatment [136]. Different MD configurations were 

studied for the (water/ethanol) separation like the vacuum membrane distillation (VMD)  

[24,57,202ï204] , air gap membrane distillation (AGMD) [162] and sweeping gas membrane 

distillation (SGMD) [136,161]. Besides, the application of membrane contactors in ethanol 

extraction was studied by C. Gostoli et al. [205] utilizing glycerol extractant in the permeate side. 

 

     During the separation of VOCs present in aqueous solutions by MD, both water and the VOCs 

are capable of permeation across the membrane. The Maxwell-Stefan modeling approach is 

recommended for the description of the permeation of multi-component mixtures during MD 

operations [205ï208] since it considers the interdependence of the fluxes of the involved 

permeating species. This approach is named after its developers who were the Scottish physicist J. 

C. Maxwell and the Austrian scientist J. Stefan [209]. The Maxwell-Stefan approach is considered 

as an extension to Fickôs law for a multicomponent gas mixture [180]. In general, Fickôs law is 

applicable for the description of diffusion in binary gases where there is only one independent flux, 

one independent diffusion coefficient and one independent concentration gradient  [210]. This is 

not true in the case of multicomponent gases due to the involvement of more than two species in 

the gas mixture. The concentration gradients are correlated and need to be determined in order to 

describe the diffusion of each species [100,211]. In the multicomponent mixture, molecule-

molecule collisions take place between all the involved species. According to the Maxwell-Stefan 

approach, for an ideal gas mixture, the number of collisions per unit volume and per unit time 

between molecules of two different species is directly proportional to the product of their 

concentrations and the difference between their velocities such that the flux of each species is 

affected by the exchanged momentum with the other species [209,212].  

 

 

     In theoretical studies, F. A. Banat et al. used the Maxwell-Stefan approach to investigate the use 

of the AGMD in breaking the formic acid/water and propionic/water azeotropes [206ï208]where 

modeling was validated by experimental results [213,214]. In some cases, both the Fickian diffusion 

and the Maxwell-Stefan modeling were used and compared. The experimental results went in 

agreement with the Maxwell-Stefan modeled results more than those estimated by the simple 

Fickian diffusion.  
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     In the current chapter, the employment of SGMD in (water/ethanol) separation using 

hydrophobic ceramic membranes was investigated using modeling studies. The model used in the 

simulation of the modules during SGMD of ethanol (aq.) followed the same concept as that used in 

the investigation of the modules during SGMD of NaCl (aq.) as it was discussed in Chapter (3). 

However, the case of ethanol (aq.) experiences more complications due to the permeating of both 

water and ethanol. The Maxwell-Stefan approach was followed in expressing the molecular 

diffusion of the water and ethanol molecules across the membrane putting into account the effect 

of the mutual interaction between the permeating species on the final resulting diffusion rate of 

each species.  According to the modeling elaborations from Chapter (3), the molecular diffusion 

was found to be the controlling diffusive mechanism with insignificant role played by the Knudsen 

diffusion. Therefore, in the current chapter, the transmembrane mass transfer of water and ethanol 

during SGMD was assumed to take place by the molecular diffusion mechanism. The developed 

model considered the geometrical parameters and the morphological properties of the ceramic 

capillary bundle B2758 characterized and investigated in Chapters (2) and (3). The local model 

developed in the current chapter enabled the estimation of the mass flux of each species, the heat 

flux, the membrane interfacial temperatures and the radial concentration profile inside the 

membrane. The discretization of the module was employed in the estimation of the axial gradients 

of the operating conditions, mass transfer driving force of each species, the flux of each species in 

addition to the 2-D representation of the concentration of each species inside the membrane domain. 

This has resulted in a better demonstration of the axial and radial gradients of the mass transfer 

driving force for water and ethanol. The modeling results were also utilized in comparing the 

performance of the modules in case of co-current and counter-current flow manners.  

 

4.2.Materials 

 

     As it has been already mentioned in Chapter (2), the capillary bundles studied in this PhD thesis 

were manufactured by the Fraunhofer Institute for Ceramic Technologies and Systems (IKTS, 

Hermsdorf, Germany). They were represented by hydrophobic ceramic multi -layer membranes 

such that the membrane is composed of four layers that possess different morphological properties.  

The developed model in the current chapter used the geometric parameters and morphological 

properties of the Bundles B2758. Details about the geometric parameters of bundle B2758 and the 

morphological properties of its layers can be found in Chapter (3). Details regarding the 

manufacturing process, the characterization steps and the hydrophobization protocols of the 

membranes were discussed in Chapter (2). 

 

4.3.Modeling of Sweeping Gas Membrane Distillation of Ethanol (aq.) Solution 

 

     The SGMD of ethanol (aq.) in the characterized tubular bundles was modeled and simulated 

using a similar manner to that discussed in Chapter (3). The model was discretized in order to 

account for the gradients of the operating conditions. This was done along the axial direction (z-
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direction) of the module. A MATLAB code was developed for the required computational 

execution. The following assumptions were considered in the developed model. 

¶ Steady-state 

¶ The liquid feed is allocated in the tube-side while the sweeping gas (Nitrogen) is allocated 

in the shell-side. 

¶ No mass and heat losses to the surroundings (well-insulated and leakage-free system) 

¶ The sweeping gas is insoluble in the liquid feed.  

¶ The transmembrane mass transfer was due to the molecular diffusion described by the 

Maxwell-Stefan equations where the effect of the interactions between the permeating 

species was assumed to be only significant in the membrane domain. 

¶ Ideal gas behavior of the sweeping gas 

¶ The gas stream in the shell side flows parallelly to the tubes. 

¶ The fibers are identical and uniformly packed in the shell ensuring uniform hydrodynamics. 

¶ High homogeneity of each membrane layer. 

 

4.3.1. Local Model  

 

    The mass transfer of the permeating species (water and ethanol) occurs over three consecutive 

steps which are:  

1) Mass transfer across the liquid boundary layer  

2) Diffusion across the membrane pores 

3) Mass transfer across the gas boundary layer  

The total molar flow is equal to the sum of the molar flow rates of water and ethanol according to 

Eq (4.1). The flow rates in this equation are per fiber having a unit length. 

                                                                        .' ' 'w et TOTN N N+ =                                                                                         (4.1) 

     The subscripts ( TOT ), (w), (et.) refer to ñtotalò, ñwaterò and ñethanolò respectively. According to 

the film theory [187], the total molar flow rate in a single fiber per unit length can be expressed by  

Eq (4.2) in the liquid boundary layer. Similarly, Eqs (4.3) and (4.4) express the mass transfer in the 

gas boundary layer. 
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                                               (4.4) 

where, , , , , gM P T Rr  refer to density, molecular weight, pressure, temperature and universal gas 

constant respectively. The subscripts (Lm), (Lb), (Gm), (Gb) refer to the liquid/membrane interface, 

liquid bulk, gas/membrane interface and gas bulk respectively. , , ,, ,et L et G w Gk k k  represent the mass 

transfer coefficients of ethanol in the liquid, ethanol in the gas and water in the gas respectively. 

The area of mass transfer in each boundary layer was considered such that ,In OUTd d  refer to the inner 

and outer diameters of the membrane respectively. The mole fractions in liquid and vapor states are 

represented by ,x y  respectively. y  represents the ratio between the molar flow rate of the 

permeating species with respect to the total molar flow rate. It is defined by Eq (4.5) and (4.6) for 

water and ethanol respectively. Obviously, Eq (4.7) can be used to explicitly calculate this ratio for 

one component by knowing that of the other.  

                                                                               
'
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y =                                                                                    (4.5) 
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                                                                              . 1w ety y+ =                                                                                                       (4.7) 

     The vapor/liquid equilibrium taking place at the pore entrance at the liquid/membrane interface 

can be expressed by Eqs. (4.8) and (4.9) for water and ethanol respectively. It is worth noting that 

the activity coefficients were calculated by the NRTL model as applied by C. Gostoli et al. for the 

same components during ethanol extraction by membrane contactors [205].  

                                                         
,

*

, ( ) ( , ) ,Lm Lm w Lmw Lm G w T w T x w Lmy P P xg=                                                                 (4.8) 

                                                         
,

*

, ( ) ( , ) ,Lm Lm et Lmet Lm G et T et T x et Lmy P P xg=                                                               (4.9) 

where 
* , , LmP Tg  refer to the vapor pressure, activity coefficient and temperature at the 

liquid/membrane interface respectively.  

 

     For the ternary gas (water/ethanol/N2) in the membrane pores, the mass transfer of water vapor 

and ethanol across the stagnant N2 entrapped inside the pores was modeled according to the 

Maxwell-Stefan approach as expressed by Eqs. (4.10) and (4.11) [210] respectively while the radial 

gradient in the concentration of N2 was estimated by Eq (4.12). The membrane interfacial 

concentrations were used as the boundary conditions.  
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r represents the radial direction which is the direction of the transmembrane flow. (Ű/Ў)j refers to 

the tortuosity-porosity ratio of layer j. RIN and ROUT represent the inner and outer membrane radii 

respectively. Tm refers to the membrane temperature while Dw,q represents  and the molecular 

diffusion coefficient of water in a binary gaseous mixture composed of water and component (q). 

At a given axial position, radial discretization took place by dividing the thickness of the membrane 

into elements having a thickness of (ȹr) each. The finite-difference numerical method was 

implemented to transform the differential equations (Eqs. (4.10-4.12)) into a system of nonlinear 

algebraic equations. It is worth noting that the radial discretization considered the variation in 

morphological properties according to the radial position inside the membrane pore since the four 

membrane layers possess different morphological properties. A scheme representing the radial 

discretization in the membrane domain is shown in Fig (4.1).  

 

 

 

 

 

 

 

 

 

 

 

Figure (4.1) Representation of the radial discretization of the mole fractions of water, ethanol 

and nitrogen in the multi-layer membrane for the local model at a given axial position  
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     In addition to mass transfer, heat transfer takes place during SGMD as well. This happens over 

the following steps. 

1) Heat transfer through the thermal liquid boundary layer. The heat transfer rate per unit axial 

length for a single fiber across the liquid thermal boundary layer 'LQ  can be estimated by 

Eq (4.13). 

2) At the liquid/membrane interface, a fraction of the heat transferred from the liquid bulk is 

employed in vaporizing the permeating stream composed of water and ethanol while the 

remaining fraction represents the net heat energy 'netQ . 

3) Thermal conduction through the membrane at neglected convective contribution. This is 

described by Fourierôs law [188] according to Eq (4.14).  

4) Heat transfer through the thermal gas boundary layer from the gas-membrane interface 

towards the gas bulk as expressed by Eq (4.15). 

 

                                                                       ( )'L L Lb Lm INQ h T T dp= -                                                          (4.13) 

                                                                       
( ). 2

'

ln

cond

m Lm Gm

net

out

in

k T T
Q

d
d

p -
=

å õ
æ ö
ç ÷

                                                   (4.14) 

                                                                       ' ( )net G Gm Gb outQ h T T dp= -                                                     (4.15) 

where, 
.,cond

mk h represent the thermal conductivity of the membrane and the convective heat 

transfer coefficient respectively. The heat balance at the liquid/membrane interface can be 

expressed by Eq (4.16). 

                                                             ( ) . ( )' ' ' '
Lm Lm

w et

L w T et T netQ N N Ql l= + +                                                (4.16) 

where, ( ) ( ),
Lm Lm

w et

T Tl l  represent the latent heat of vaporization for water and ethanol respectively 

evaluated at the temperature of the liquid/membrane interface LmT . By simple algebraic operations, 

Eq (4.16) can be written in the form of Eq (4.17) to explicitly express the total molar flow rate per 

axial unit length in a single fiber. 
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     At a given axial position, the local model was used to obtain the mass and heat fluxes in addition 

to the membrane interfacial temperatures and the membrane concentration radial profile for water 

and ethanol. The local model was solved iteratively. The graphical representations of the solution 

strategy and the algorithm followed in the local model are shown in Fig (4.2) and (4.3) respectively. 

    

 

 

 

 

 

 

 

 

 

                                                                                                                                     

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure (4.2) The strategy of the solution of the SGMD local model (ethanol(aq.) feed) 
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4.3.2. Modeling according to Plug Flow Concept 

 

     Similar to what has been mentioned in Chapter (3), the axial discretization took place by dividing 

the module into elements (units) connected in-series along the axial direction (z-direction) applying 

the plug flow model concept. Each element represents a control volume of constant physical 

properties for each of the two streams. The discretization schemes in case of co-current and counter-

current flow manners can be illustrated by Figs (4.4) and (4.5) respectively.  

 

     Although the length of the studied bundle B2758 is 20 cm, longer separation lengths were 

simulated by the developed axially discretized SGMD model. In the industrial scale, the SGMD 

modules could be connected with each other in series and in parallel inside a vessel (SGMD vessel). 

The total axial separation length (Ltot) represents the length of the vessel which equals to the sum 

of the lengths of the modules connected in series after neglecting the length of the connections 

between the connected modules. Apparently, as the value of (Ltot) increases, the effect of the axial 

gradients of the operating conditions on the resulting fluxes also increase. In such cases, the local 

model would be considered inconvenient for accurate prediction of the fluxes. Therefore, the effect 

of (Ltot) on the overall separation performance was investigated by the axially discretized developed 

SGMD model. For a single fiber, the differential transfer equations in the axial direction describing 

the SGMD of ethanol (aq.) are given in Table (4.1) and (4.2) for the liquid feed and the sweeping 

gas respectively. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure (4.4) Representation of the axial discretization of the module in case of co-current flow (ethanol(aq.) feed) 
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Co-current Counter-current Comments Eq. 
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(4.23) 

Figure (4.5) Representation of the axial discretization of the module in case of counter-current flow (ethanol(aq.) feed) 

Table(4.1) Governing axial differential transfer equations in the liquid feed 
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Co-current  or Counter-current Comments Eq. 
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 From continuity 

equation 
(4.30) 
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From equivalent 

annulus theorem 

[190] 

(4.31) 

 

n  represents the molar flow rate per fiber while , ,p Gf e h refer to the friction factor, the module 

packing factor and the gas viscosity respectively. 0,,L Gv v  represent the liquid velocity in the tube side 

and the gas interstitial velocity in the shell side respectively.  

As it has been mentioned in Chapter (3) the expression of the sweeping gas pressure gradient was 

based on the equivalent annulus theorem introduced by C. Gostoli et al. [190]  in case of laminar 

flow. In case of non-laminar flow, Eq (4.32) was used to estimate the gas pressure gradient.  

                                                                            

2

0,
4

2

GG
G

eq

vdP f

dz d
r=-                                             (4.32) 

Table(4.2) Governing axial differential transfer equations in the sweeping gas 
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     Dirichlet boundary conditions were specified for the governing equations in the SGMD of 

ethanol (aq.) according to the inlet conditions of both streams. In case of co-current flow, the 

following boundary conditions were used. 

2, , , ,

0, 0, , , .

, , , . ., , , , ,

0 : , , ,

, , 0, 0

0 : , , , , ,

G G IN N G IN G G IN G G IN

G G IN G G IN w et

L L IN w w IN L IN et et IN L IN L L IN L L IN L L IN

at z n n n n T T P P

v v y y

at z n n n x n n x n T T P P v v

r r

= = = = =

= = = =

= = = = = = =

 

In case of counter-current flow, the following boundary conditions were used. 

2, , , ,

0, 0, , , .

, , , . ., , , , ,

0 : , , ,

, , 0, 0

: , , , , ,

G G IN N G IN G G IN G G IN

G G IN G G IN w et

tot L L IN w w IN L IN et et IN L IN L L IN L L IN L L IN

at z n n n n T T P P

v v y y

at z L n n n x n n x n T T P P v v

r r

= = = = =

= = = =

= = = = = = =

 

     Eventually, the mass fluxes (based on the membrane inner area) of water Jw and ethanol Jet 
obtained from a SGMD vessel having a total length Ltot can be calculated by Eq (4.33) and (4.34) 

respectively.  

                                                                           ,

0

1 totL

w w z

tot

J J dz
L
= ñ                                                                  (4.33) 

                                                                           ,

0

1 totL

et et z

tot

J J dz
L
= ñ                                                                  (4.34) 

     Following the same approach discussed in Chapter (3), the finite-difference numerical method 

was employed to transform the governing axial differential equations into a system of nonlinear 

algebraic equations. MATLAB code was developed for the computational requirements. For n  

axially discretized units (elements) having a uniform axial thickness ȹz , Eq(4.33) and (4.34) could 

be written in the form of Eq (4.35) and (4.36) respectively. Then, the total mass flux from the 

SGMD vessel can be simply calculated by Eq(4.37). 

                                                                         ,1
'

nw
w w ii

IN

M
J N

n dp =
= ä                                                                     (4.35) 

                                                                        ,1
'

net
et et ii

IN

M
J N

n dp =
= ä                                                                      (4.36) 

                                                                                TOT w etJ J J= +                                                                                    (4.37) 

The algorithms implemented in the iterative solution of the axially discretized models are 

demonstrated in Figs (4.6) and (4.7) for the co-current and counter-current cases respectively.  
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4.3.3. Constitutive Equations 

 

     Constitutive equations were required for solving the model represented in the current chapter. 

These equations were used in the estimation of the mass and heat transfer coefficients in the liquid 

and gas boundary layers in addition to the prediction of the membrane thermal conductivity and the 

friction factor utilized in the estimation of the axial pressure gradients. The same constitutive 

equations and the same empirical correlations of Nusselt and Sherwood numbers applied in 

modeling the SGMD of NaCl (aq.) in Chapter (3) were applied in modeling the SGMD of ethanol 

(aq.) as well. However, there is no need to estimate the mass transfer coefficient of each species in 

the membrane for the case corresponding to the SGMD of ethanol (aq.) since the Maxwell-Stefan 

was adopted in describing the transmembrane mass transfer in this case. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure (4.6) Algorithm used in the solution of the axially discretized SGMD model for co-current flow (ethanol(aq.) feed) 
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4.4.Results and Discussion 

 

 

     The effect of the number of the axially discretized elements on the modeled water and 

ethanol fluxes is shown in Fig (4.8) in case of counter-current flow for the module B2758. This 

considers the case corresponding to a feed entering the SGMD module at temperature of 110 

°C, velocity of 0.5 m/s, pressure of 3.3 bar and ethanol mass fraction  ɤet. of  0.1 kg/kg in 

addition to dry sweeping gas that is introduced to the module at 25°C and 3 bar and flowing at 

an interstitial velocity of 3 m/s. As demonstrated by the results, for the module B2758  (having 

a length of 20 cm), the improvement effect of the number of discretization elements (units) on 

the accuracy of the obtained fluxes becomes relatively negligible at above 10 elements. In other 

words, the discretization can be accepted at a discretization length of 2 cm. Therefore, the 

following simulations will be modeled using a discretization length that is not larger than 2 cm 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

4.4.1. Effect of SGMD Operating Conditions for a Single Module 

 

     The effect of the operating conditions on the modeled fluxes of water and ethanol in case of 

counter-current flow were inspected for the bundle B2758 as illustrated in Fig (4.9). The used fixed 

operating conditions for the Figs (4.9a ï 4.9f) are listed in Table (4.3).  Fluxes were found to 

increase exponentially with the liquid inlet temperature (See Fig (4.9a)). In fact, this was expected 

due to the exponential dependence of the vapor pressure of each component on the liquid 

temperature. Therefore, in case of neglected vapor pressure of water and ethanol in the shell side, 

their corresponding mass transfer driving forces can be enhanced exponentially with the liquid 

temperature. Besides, elevating the liquid inlet temperature increases the obtainable ratio of ethanol 

Figure (4.8) Effect of the number of the axially discretized elements in module on modeled 

fluxes of water and ethanol at TLin=110°C , ɤet.in=0.1kg/kg , vLin=0.5m/s, vGin=3/s, 

TGin=25°C, PGin=3 bar, inlet gas rel.humidity=0% 
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mass flux to water mass flux (Jet./Jw). This could be attributed to the fact that higher temperatures 

favor the percentage removal of the highly volatile component (ethanol) with respect to the less 

volatile component (water). 

 

 

Figure 5.10a 5.10b 5.10c 5.10d 5.10e 5.10f 

TL in  (°C) *  105 90 90 90 105 

PL in  (bar) 3.3 3.3 2.3 1.6 2.3 3.3 

vL in  (m/s) 0.5 *  0.5 0.5 0.5 0.5 

xet in (kg ethanol/kg) 0.1 0.1 0.1 0.1 0.1 0.1 

TG in  (°C) 25 25 25 25 25 *  

PG in  (bar) 3 3 2 *  2 3 

vG in  (m/s) 3 3 *  3 3 3 

Rel. humidity (%) 0 0 0 0 *  0 

 

 

     In Fig (4.9b), the modeled fluxes increase with the liquid inlet velocity in the tube-side. This 

could be due to the mass transfer coefficient enhancement caused by the turbulence created at high 

velocity. The ratio (Jet./Jw) was found to be augmented by increasing the liquid velocity tending to 

reach a steady value. This could be due to the low ethanol inlet mass fraction which is only 0.1 

kg/kg. So, the reduction in the mass transfer boundary thickness due to the created turbulence could 

have a larger relative improvement on ethanol flux than on that of water. Eventually, the 

improvement effect at higher values of liquid velocity become neglected for both components 

making the ratio (Jet./Jw)  approach a steady value.  

 

     Fig (4.9c) shows that increasing the gas interstitial velocity could have a positive impact on the 

fluxes until the gas velocity reaches 2 m/s. Above this value, increasing the gas velocity might have 

a very neglected enhancing effect. Besides, the ratio (Jet./Jw) declines on raising the gas velocity. In 

fact, the higher the gas velocity, the higher is the sweeping effect and the lower is the vapor pressure 

of the permeating components in the permeate-side. This in turns improves the corresponding mass 

transfer driving forces. This is true until a value of gas velocity that above which, further sweeping 

is not very practical as there is not much in the shell-side to be swept out of the module. In case of 

longer modules (longer than 20 cm), this limiting value might be higher than 2 m/s as more vapor 

of water and ethanol will be present in the permeate-side. Since water flux outnumbers that of 

ethanol, the increase in the sweeping gas velocity might reduce the relative content of water vapor 

more than ethanol in the permeate side increasing the driving force of water more than that of 

ethanol. 

 

Table (4.3) The fixed operating conditions used in Figs (4.9a-4.9f)  

*  variable condition indicated in the corresponding figure 
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                     (a)                                                                                                      (b)                           

                     (c)                                                                                                    (d)                           

                     (e)                                                                                                      (f)                           

Figure (4.9) The effect of the inlet operating conditions on the modeled flux in case of counter-current flow for the 

bundle B2758. The varied inlet operating conditions are: (a) Liquid temperature   (b) Liquid velocity   (c) Gas 

interstitial velocity   (d) Gas pressure   (e) Gas relative humidity   (f) Gas temperature  (The fixed operating 

conditions in each figure are reported in Table(4.3) ) 
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Expectedly, the permeation rate rises as the inlet gas pressure declines (See Fig (4.9d)). In addition 

to that, the ratio (Jet./Jw) is reduced on elevating the gas inlet pressure. As a matter of fact, the 

liquid/vapor equilibrium at the liquid/membrane interface is affected by the gas pressure. The low 

gas pressure favors the vaporization rate which results in a higher value of the mole fraction of the 

permeating component in the vapor state at the liquid/membrane interface. As a result, the mass 

transfer driving force increases. This effect is more apparent in the more volatile component 

(ethanol). That could be the reason for the decrease in the ratio (Jet./Jw) on raising the inlet gas 

pressure. 

 

     The effect of the relative humidity (RH) at the gas inlet is given in Fig (4.9e). A slight decline 

in the water flux takes place on increasing the relative humidity while the ethanol flux remains 

almost unaffected. As the relative humidity increases in the permeate side, the permeation of water 

slightly decreases due to the drop in the driving force arising from increasing the partial pressure 

of water vapor in the permeate-side. Such effect is small in case of short modules (20 cm) that do 

not experience a great drop in the liquid side temperature resulting in almost fixed high vapor 

pressure of the permeating components in the feed-side. 

 

     Elevating the gas inlet temperature resulted in a very slight enhancement in the fluxes as shown 

in Fig (4.9f). This observation was also obtained in the case of SGMD with NaCl (aq.) feed as 

discussed in Chapter (3) indicating insignificant heat transfer resistance in the gas-side. However, 

this enhancement in fluxes could be due to the less amount of heat lost from the liquid side on using 

gases at elevated temperatures. This could correspond to higher energy available for vaporizing the 

permeating stream. 

 

4.4.2. Simulation of Modules Connected in Series 

      

As it has been mentioned, the total length (Ltot) refers to the total axial separation length in the 

modules connected in series inside an SGMD vessel. The considered modules also have the same 

geometric parameters and morphological properties of the bundle B2758 having a length of 20 cm. 

It is worth noting that the simulations did not consider the concentrated pressure drops in the 

connections between the modules. 

 

4.4.2.1.Axial and Radial Profiles 

 

     In the current chapter, the axial profiles across the SGMD vessel are shown in Fig (4.10) and 

(4.12) for the co-current and counter-current cases respectively. Moreover, the two-dimensional 

profiles of the mole fractions inside the membrane are represented by Fig (4.11) and (4.13) for the 

co-current and counter-current flow configurations respectively. All the represented cases in Fig 
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(4.10-4.13) correspond to inlet liquid feed at 110 flowing at 0.5 m/s having ethanol mass fraction 

of 0.1 kg/kg and dry sweeping gas entering the shell-side with an interstitial velocity of 3 m/s at 25 

°C and 3 bar in a SGMD vessel of Ltot that is 10 m. In case of co-current flow configuration, it can 

be demonstrated from Fig (4.10a) that the ethanol vapor mole fraction at the liquid/membrane 

interface and that at the gas/membrane interface approach each other as the liquid and gas streams 

flow in the positive axial direction. This leads to a decline in the mass transfer driving force along 

the positive axial direction of the SGMD vessel. The same observation was obtained for water 

according to Fig (4.10b). This could be due to the fact that, along the positive axial direction, the 

liquid temperature drops due to heat transferred from the liquid side to the gas side and due to heat 

used in the vaporization of the permeating molecules as illustrated by Fig (4.10c).  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure (4.10) Modeled axial profiles during SGMD of ethanol(aq.) in co-current flow for: (a)Ethanol mole 

fractions in membrane   (b)Water mole fractions in membrane   (c)Liquid and gas temperatures   (d)Water, 

ethanol, and total mass fluxes   (at TLin=110°C , ɤet.in=0.1kg/kg , vLin=0.5m/s, vGin=3/s, TGin=25°C, PGin=3 

bar, inlet gas rel.humidity=0%, Ltot=10m ) 

 

                (a)                                                                                                    (b)                           

                (c)                                                                                                    (d)                           
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     This decline in the liquid temperature causes a decrease in the vaporization at the 

liquid/membrane interface due to the decreased vapor pressure of water and ethanol. This in turn 

lowers their corresponding vapor molar fractions at the liquid/membrane interface. Besides, the 

permeation of water and ethanol augments their partial pressures in the permeate side along the 

direction of the flow of the liquid and gas streams. Consequently, the mass transfer driving force 

for both of water and ethanol diminishes as shown in Fig (4.10a) and (4.10b). In fact, this explains 

the negative effect of the total axial separation length on the water and ethanol fluxes as it is 

demonstrated by Fig (4.10d).  

 

 For an explicit visual illustration of Fig (4.10a) and (4.10b), the 2-D profiles of ethanol and water 

inside the membrane are represented by Fig (4.11a) and (4.11b) respectively. According to the 

contours of the mole fractions for both components, the color gradient in the radial (r) direction 

represents the mass transfer driving force that is at its maximum value at (z=0) which is the inlet of 

the gas and liquid streams. Then the driving force vanishes along the positive axial direction.  

 

For the case corresponding to the counter-current flow, interesting profiles for the mass transfer 

driving forces of ethanol and water were obtained along the axial direction as shown in Fig (4.12a) 

and (4.12b) respectively. The vapor mole fractions for both components increase at both, the 

liquid/membrane interface and the gas/membrane interface along the positive axial direction. The 

driving force for ethanol was found to be a non-steady increasing function of the positive axial 

direction while the driving force for water was found to have a parabolic function reaching a 

minimum value in at almost half of the total axial separation length. In case of water, this could be 

explained by the two opposing phenomena taking place. The first phenomenon is the increase in 

the liquid temperature and so the water vapor pressure along the positive axial direction towards 

the liquid inlet (see (Fig (4.12c)). The second phenomenon is the increase in the water partial 

pressure inside the gas along the axial direction due to the permeated water molecules. The first 

phenomenon enhances the driving force while the second negatively affects the driving force along 

the axial direction. The same is true for ethanol but since its flux is much less than that of water, 

the second phenomenon is less effective than the first for ethanol leading to an increase of the 

driving force of ethanol in the direction of the gas flow. 
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Figure (4.11) Modeled 2-D profiles during SGMD of ethanol(aq.) in co-current flow for: (a)Ethanol mole 

fractions in membrane   (b)Water mole fractions in membrane   (at TLin=110°C , ɤet.in=0.1kg/kg , 

vLin=0.5m/s, vGin=3/s, TGin=25°C, PGin=3 bar, inlet gas rel.humidity=0%, Ltot=10m ) 

 

(a) 

(b) 
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This explains the resulting profiles of the fluxes of both components given in Fig (4.12d) such that 

water flux reaches a minimum value at almost half of the axial separation length while ethanol flux 

is always increasing along the axial positive direction. The 2-D representations of the mole fractions 

of ethanol and water are shown in Fig (4.13a) and (4.13b) respectively manifesting the difference 

between the driving forces encountered for water and ethanol according to the reasons that have 

been already discussed. 

 

Figure (4.12) Modeled axial profiles during SGMD of ethanol(aq.) in counter-current flow for: 

(a)Ethanol mole fractions in membrane   (b)Water mole fractions in membrane   (c)Liquid and gas 

temperatures   (d)Water, ethanol, and total mass fluxes   (at TLin=110°C , ɤet.in=0.1kg/kg , vLin=0.5m/s, 

vGin=3/s, TGin=25°C, PGin=3 bar, inlet gas rel.humidity=0%, Ltot=10m) 

 

              (a)                                                                                                     (b)                           

                (c)                                                                                                    (d)                           














































































































































