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Abstract

The employment ofubular hydrophobic carbebased titaniamembranes in sweeping gas
membrane ditillation (SGMD) was studied in this PhD thesis. Each membrane is composed of four

layers possessing different morphological properties. The membranes were manufactured by the

Fraunhofer Institute for Ceramic Techngies and Systems (IKTS, Hermsdorf, Gany).

The characterization of some of the membrane morphological properties was implemented
this thesidy coupling experimental and modeled results of single gas permeation tests. This stagé
was a prerequig for modeling SGMD owing to the imgiaof the morphological properties on the
membrane mass transfer resistance. The dusty gas model was adopted in modeling the g
permeation. Two different approaches were followed during modeling. The first approach
considered the morphological propertegeach single membrane layer. This allowed the prediction
of the role played by each layer in the overall membrane mass transfer properties. As for the secor
approach which is the most commonly applied in literataverage membrane morphological
propeties were characterized without considering the unique contribution ofrerobrandayer.

Results demonstrated that the second approach underestimated the mass transfer resistance dur

SGMD processes.

The investigation of the module performanceridg SGMD operations was achieved by
experimental and modeling studies for Ng@dj.) feed. The model considered the Knudsen and
molecular diffusion mechanisms in the membrane. The module was capable of undejgibg
experiments at temperatures up to “CL@vhich is higher than the valueppliedin most of the
works in literature. Experimental flux results went in agreement with the modeled values obtained
on using the morphological properties of each membraee. |@y the contrary, the modeled values
obtained on considering average membrane morphological properties deviated significantly from

the experimental results. The SGMD model was also used to estimate the effect of the operating

conditions and flow configation on the obtainable water flux. Thquid temperature and gas
pressurgossessethe most significant effects on the modeled flux. Besides, the contribution of the
Knudsen diffusion was found to be negligildering SGMD Other modeling studies of éh
membrane modules were performed for¢hee belonging to SGMD of ethar{al).). This aimed

at predictingthe effect of the operating conditions on the membrane selectivity. The Maxwell
Stefan modeling approach was followed in this case. Results shdwedhe liquid inlet
temperature anthetotal length of the SGMD unit vessel were the most important factors affecting
the obtainableselectivity.

Eventually, a hypothetical sweater desalination process was proposed. This process incorporats
SGMD (using the modules studied in this thesisthe desalination unit. Process development and
optimization procedures were carried out using preliminary design andigumoaus cost
estimation. Results showed that the SGMD inlet liquid temperature wasytpareeneter affecting
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the choice of the arating conditions and the array of the modules inside the SGMD unit. The
water production cost (WPC) could be minimized by maximizing the SGMD inlet liquid
temperature and the total length of the SGMD unit vesssever, process limitations necessitated
the compromise between these factors. The optimized liquid temperature was found t&Cbe 107
for an SGMD vessel having a total length of 5.4 m. This corresponded to a water production cost
(WPC) of 20.9 $/risuchthat the feed heating requirement vilas determinantcost item. This
WPC could be mitigated in case of the availabilitya@faste heat source.
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Chapter One

General Introduction




Chapter One

1.1Membrane Distillation Separation Concept

During the past hal€entury,membrane separation techogies have withessed a tremendous
breakthrough and have grown from simple-¢alle studies to important industrial applications
[1,2]. The separation principle and operation mode differ from one membrane separation
technology to the other according to the process nature, the required application diripe
force[2,3]. A membrane contactor (M@tilizes a porous negelective membrane to separate two
phases preventing theincontrolled mixing and dispersion while enabling them from being in
contact with each other according to a veldfined interfacial area. The membrane morphological
propertes control the resulting interfacial area which is necessary for mass transteraaction.

Many membrane separation systems fall into the oagegf membrane contactors likeembrane
stripping, membrane crystallization, membrane scrubbing and meendistillation [4,5].

Membrane distillation (MD) is a neisothermal process where the vapor pressure gradient
across the membrane represents the mass transfagdorce. Therefore, the rate of masmsfer
can be improved in MDy heatinghe liquid feed which increases the vapor pressure of the volatile
components contained in the feed. Accordingly, membrane distillation can be categorized as ¢
thermally diven separation proce§k,4,6,7] Being leated, the feed is brought into contact with a
porous norselective membrane suchatiiransmembrane mass and heat transfer from the feed side
occur simultaneously towards the permestke. Liquid vaporization of the volatile components
in the feed takeplace at the pores entrance lying at the vicinity of the-sael (feed/membrane
interface). This creates an immobilized liquid/vapor interphase. As a result, the volatile components
present in the feed are transported in the form of vapor moleculé&éusyosh through the unwetted
membrane pores towards the permeate side. Thissetiuel of the created vapor pressure gradient
across the membrane. Then mass transfer mechanism occurring in the psiteedepends
greatly on the configuration of the embrane distillation where the permeating species are
separated and recovergd.

The pores of the membrane should leptkunwetted by the liquid streams during membrane
distillation to avoid the undesired intrusion of the liquid into the membrane pores by capillary
forces. This can lead the consequence ttietotal passage of the liquid through the membrane
until reacling the opposite membraisgde in the liquid form. The wetting phenomenon results in
inefficient separation and can risk the flooding of the perrmsidte marking processaifure
[1,4,6,7] As a result, the differeee between thieed pressure and thiaside the pores should not
exceed a minimunvalue known as the liquid entry pressure (LEP) which is dependent on the
surface energy of the material and the liquid stream properties at given operating cofgjitions

Heat and mass transfer phenomernauosimultaneously during MD processes. Generally, heat
is transferred across the liquid feed boundary layer from the feed bulk towards theefebdane
interface. Then p&of this heat is used to evaporate the permeating molecules from the feed while

2




Chapter One

the remaining portion isonsidered as heat losses @ttansferred by heat conduction across the
membrane towards the permeate side. Finally, the heat energy that thaghetineatenembrane
interface is transferred to the permeate bulk across the arnbeundary layer. Therefore,
conduction losses decrease the thermal efficiency of the membrane distillation processes as thé
represent the portion of total heat transfdrfrom the bulk to the membrane that is not used in the
vaporization of the permaag molecule41,4].

1.2Evolution of Membrane Distillation Technology
1.2.1. Short History

Membrane distillation was first introduced in the 1960s. Its development was impeded due to
two main factors. The first was the difficulty in obtaining the membrane with the desired igopert
at a reasonable cost. The second was the uncertainties rggtreliprocess economics when
compared to conventional separation methods due to the high energy requirement required fa
heating the liquid feed to the desired operating temperdigs

In 1963, the first patent on membrane distillation was filed by Bodeith introduced the
separation concept of membrane distillation in the scientific society. Silicopermigmbrane was
used in this patent for water desalinatifih9]. In the permeate side, ambient ags allowed to

flow and carry the water vapor molecules permeating from the feed side. Then the water was

condensed and collected later in an extezoablenser. This configuration resembled the sweeping
gas membrane distillation (SGMD). In 1967, anothaept on membrane distillation was filed by
Weyl claiming improvements in membrane distillation technology offdemgrenergy demands
[10]. Weyl used hot saline water and caldmineralized water as the feed and permeate sides
respectively. The two sides were separatedalTFE nmembrane with aifilled pores. This
configuration resembled the direct contact membrane distillation (DCMD) configuration. The
maximum flux reported wal kg/(h ). Then Bodell took out his second patent in 1H888. This
patent was a continuation of the work prése in his first patent where it was able to obtain potable
water from saline water.

Other patents followed the work by Bodell and Weyl sugggstew composite materiald 2]
and new configurations likihe spiralwound for membrane distillation proces$#3]. It is worth
mentioning that the first papen membrane distillation was published by Findley in 1967 in the
Jour nal of Al ndusdmii satl r y& PENOgci ensese r D enggi ghh a n d
application of (DCMD) configuration was experimentally studigd]. Various membrane
materials were used like paper, glass filzerd diatomaceous eartiontaining membranes. The
coating materials used to achieve the required hydrophobicity were silicone and Teflon.

In the 1980s, membrane distillation was considered a newborn technology, so the vaguenes
related to its priciples demanded distinct definitivand descriptios Therefore, a committee was
established in Rome in 1986 ato taheni mWo rak s tsd
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Chapter One

the membrane distillation process terminolof@y9]. The main characteristics and featunéshe
membrane distillation process as defined by the committee were as follows:

The membrane shoulekporous.

The membrane should not be wetted by the process liquids.

Capillary condensation should not occur inside the membrane pores.

The membrane musot lead to alterations in the liquid/vapor equilibrium of the different
components in the process lids.

At least one side of the membrane should be in direct contact with the process liquid.
For each component, its partial pressure gradient in gher ydase represents the driving
force for mass transfer

= =4 =4 -9

= =4

1.2.2. Recent Research Directions

A significant consideration is being dedicated to membrane distillation technology from
industrial and academic pursuits. This has kept up the momentum for new publications regarding
this technology15]. Accordingly, the frequency of publications concerning membrane distillation
has risen exponentially since the 1980s Recently, many research works foundhaliterature
are dedicated to the c hopertiascad ¢he inzestigation of theirf n

performance for various MD applications. In fact, seawater desalination is deemed to be the most

studied MD application. Several works studied other applications related to concentration of
solutions for food and pihamaceutical industries [16i21], water treatment[22i27] and
dehumidification of desiccantf28i 32]. Given that theoverall performance of the MD process is
greatly dependent on the morphological and physiochemical properties of the membrafiésj,used
many recent works ithe focus on the characterization and optimization of these properties for
MD processefl 9,33 39]. Such properties could include the membrane hydrophobicity (expressed
by contact ang and LEP), the morphological properties and the chemical, thermahaadldanical
stability [1].

Most of the LEP measurements take place at room tempefd@Qi3]. However, measuring
the LEP at higher liquid temperatures close to the desired MD operating temperature coald offer
more realistic evaiation. Ths approach was followed by F. Var&arredor et al[8] where LEP
tests took place at temperatures up to’2troducing the concept of the liquid entry temperature
(LET). According to the authorgt a giventransmembrane pressure difference, on increasing the
temperature, the LEP decreases till reaching the temperature value of the LET at which wetting
occurs. Regarding the morphological properties of the membranes used in MD, typical membrang
chamlcterizatiom techniques are applied such as the scanning electronic microscopy (SEM), bubble
point test, the mercury intrusion porosime{6,27,44,45] Moreover, gas permeation tests
represent an effective tool in the estimation of the important membrane mass transfer and
morphological propertieg46i 51]. Aiming at investigating the performance of the membranes in
MD processes, experimental and modeling studies were coupled in several works in Iiig2ature

A1
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62]. In many cases, this offered further simulations and optimization of the membra@eeips

module geometric parameters, operating conditions and the configurations of the MD process angd

the employed membrane

It is worth noting that in the majority of the works in literature dedicated to MD studies, the
research works are limited membrane characterization and module performance investigation
based on laboratorgcale and pilescale studies. However, few works in literature focused on
process development and economic evaluation ofdsecgke MD processd63i 71]. The absence

of the detailed information required for process development and optimization is considered one of

the main challenges facing the implementation of M2 commercial scal6].

1.3Configurations of Membrane Distillation

1.3.1. Processes

There ae four main configurations @hembrane distillation (MD) processes. They differ in the
nature of the permeateide stream and the method by which the permeating molecules are
recovered. Consequently, the configurations differ in the corresponding transfer pheiibjnena
These configurations are the direct contact membrandatistil (DCMD), the air gap membrane
distillation (AGMD), the sweeping gas membeedistillation (SGMD) and the vacuum membrane
distillation (VMD) [72]. The schemes corresponding to the main four membrane distillation
configurations are shown in Fig. (1.1). Each Mbnfiguration has its own advantages and
disadvantages. Therefore, the choicethef most suitable configuration greatly depends on the
operating conditions, feed properties and process application. Due to itigynamd minimum
equipment required, DCMIZ the most studied configuration of MD with the highest number of
publicationssuch that more than half of the publications on MD are concerned with DCMP

In the sweeping gas membrane distillation (SGMD) configuration, an inestrgasn flows in
thepermeats i de and is referred to as the fAsweepi
the membrane from the feed side join the permeate side acaraeel by the sweeping gas towards
the outlet of the MD modulfl,7]. Then, the permeating molecules could be recovered from the
sweeping gas by means of externalasapon methods like condensation and adsorption. The
configuration of SGMD isecommended for the removal of volatile components from aqueous
solutiong[72,73] Temperature polarization is andesired phenomenon as it can negatively affect
the efficiency of heat transfand the obtained mass flux. High temperature polarization is due to
high heat losses by conduction across the solid matrix of the membrane. This results in less availab,
latent heat of vaporization which is required for the vaporization of the permezaiimgonents

from the feed side. SGMD offers the advantages of low temperature polarization with respect to the

other configurations in addition to the absence of the risk tiingan the permeate side. However,
SGMD suffers low fluxes and adds complexitythe system due to the nefed recovering the

le
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permeating molecules from the sweeping gas as well as pretreating the sweeping gas if require
[1,15].

Sweeping Liquid
Gas Permeate
Pore Pore
Feed Feed
(@) (b)
Vacuum
Air
Gap [N
Cold
Surface
Pore Pore
Feed Feed

(© (d)

Figure (1.1) The scheme of the maifD process configurationga)SGMD b)DCMD (c)VMD (d)AGMD

In the case of direct contact membrane distillation (DCMD) configuration, émm@ate side
contains a flowing aqueous solution that is present at a temperature lower than that of the feed. Th
vapor pressure flerence of the permeating component is related to the temperature difference
between the two streams. Evaporation of thengating molecules occurs at the feed/membrane
interface, then diffusion in the vapor filled pores takes place across the memimidiveaby, the
permeating molecules condense at the permeate/membrane interface and join the-peleneate
solution[1,7]. DCMD is considered as the simplest and esaswD configuration as it needs the
least equipmen}®]. It is very convenient for desalination and the concentratiaguéous solutions
like orange juice for example. Being compared to VMD, DCMD offers higher fluxes and can be
preferred for the removal of volatile components. The simplicity of the DGyHlem enables its
employment in any desired membrane equipment cordigpn like flat sheets, spiral wound,
tubular, capillaries and hollow fibej4)]. Still, DCMD configuration suffers the highest temperature
polarization with respect to the other configurations and its flux is sensitive to the feediaiimren
[15]. Its high temperature polarization is due to the fact that it has the highest heat conduction losse
among the membrandistillation configuration§6].
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Air gap membraneistillation (AGMD) represents the configuration in which a stagnansair
interposed between the membrane surface and a condensation surface in the perfiatehgde
vapor molecules from the feed side diffuse through the membrane pores and then across the stagnant
air gap until reaching the lwbsurface where condensation occurs, and the distillate is colldcted a
the outlet of the permeate side. The AGMD configuration has the highest energy efficiency so it
can be widely employed for most membrane distillation applicafifing he fact that there is an
extra mass transfer resistance added for the vapor flow in the AGMD leads to low flu{&dl&ks

As for the vacuum membrane distillation (VMD) configuratianyacuum is applied in the
permeate side. The applied vacuum pressure is less than the vapor pressure of the permeating
components geerating a positive driving force. Therefore, no condensation occtirs permeate
side. If necessary, the permeating molecules can be recovered by an external condenser at the exit
of the downstream of the permeate didle The mass transfer resistance in the permeate boundary
layer is neglected and heat conduction losses across the membrane are also fe@led(&tD
offers low temperature polarization and can be applied for aroma recovery. It can be also used fg
theremoval of volatile organic compounds (VOCs) from aqueous solutionsdé&esi showsewer
heat losses by conduction thianthe case oDCMD [7,74]. However, it shows higher risk of
wetting and fouling in addition to less selectivity in case of permeation of more than one volatile
componen{15]. The use of vacuum is considered more convenient when the operation needs tq
be performed at | ow t e mper an oegligigle durihndhvvQd.s b e

=

It is worth noting that two other hybrid variants of MD configurations were introduced aiming
at increasing the flux and mitigating the energy requiren@sfs These two configurations are
the thermostatic sweeping gas membrane distillation (TSGMid) the luid gap membrane
distillation (LGMD). The latter can be also referred to as permeated gap membrane distillation.
However, negligible research works studied the LGMD and the TSGMD when compared to the
four main MD configurations. The TSGMD combsthe cofigurations of the AGMD and the
SGMD in order to minimize the temperature of the sweeping gas which increases significantly
across the length of the membrane module in case of SGMD due to the heat transferred from the
liquid feed[1,73]. In the TSGMD, part of the permeated water vapor molecules in the sweeping
gas could condense inside the module according to the operating conditions while the uncondensed
portion is recovered by an external condender6]. As for the LGVID, it combinesthe
configurations of the DCMD and the AGMD such that the gap present between the membrane and
the condensing surface in the permeate side of the AGMD system is filled by the distilled water
that hasperneated across the membrameni the feed side and has condensed on reaching the
pemeate side. This water actsaastagnant cold liquid solution inside the membrane mddéle
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1.3.2. Membranes

The most common artchditionally applied types ehembrane geometries are the-8atet and
hollow-fiber membranef4]. Typically, both membrane geometries are prepared from PP, PVDF
and PTFE. It is also possible to prepare flat sheet membranes from-PWVEE composite
materials[7]. Hollow fiber membranes can offer high compactness up to 9606°f77]. This
enables them from possessingykx surface area per unit volume than flat sheet membranes. The
higher packing density of hollow fiber membranes is tu¢ghe small outer diameter @bers.
Besides, they offer lower mass transfer resistance when compared to the planar membranes. Th
is the result of the relatively small membrane thickness in hollow fibers with respect to flat sheet
membrane$78,79]

1.3.3. Modules

As for the module configurations, the most commonly used geometries in membrane distillation
systems are the plate frame, hollow fiber, tubular and spiral wWélinthe membranes are grouped
and assembled or packed in a definedyam a module that represeit® membrane distillation
equipmen{80]. The choice of the right module geometry (module configuration) for membrane
distillation depends on the process nature, limitations and application. A good module configuration
is the one that can offer compactness, robustness and minimum pressuracdoogmg to the
system fluid dynamicsThis can result in an improvement in the mass transfer and the obtainable
flux [15].

Flat membranes are used in both the plate frame and the spiral wound modules. In the plat
frame modules, the membrane and a spacer are layered together between two flat sheets. Tk
geometry has a very wide application in thedahle due to its simglity and easiness of cleaning
and experimental management. Their use in the common membrane distillation applications a
water desalination and wastewater treatment is widely spread. In case of the spiral wound geometr
flat sheet membrane and spacer enweloped together and are then rolled around a central
collection tube that is perforated. The feed moves in an axial direction and permeates across th
membrane where the permeate moves radially towards the center and exits from the centra
perforated clection tube[81].

Thousands of hollow fibers are grouped and then pacdksde a shell tube resembling the
hollow-fiber module with a fibeside and a she#lide. The feed can either pass inside the fiber or
in the shell where it permeates towards the other side and then is collected and recovesed. In ca
wetting occurs in théollow-fiber modules, the whole module should be repld84dl The high
compactnes of hollowfiber modules enables them from having a small footprint for a given

effective mass transfer area. This makes this geometry of membrane distillation very attractive for

industrial applicationg6]. Although, hollowfiber modules offer the advantages of both high
compactness and low mass transfer rasc#, the complexity involved ifmé modelingof the
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Chapter One

transfer phenomena in hollow fibers modules is one of the main challenges in their study ang
developmen{82]. The tubular membranes have a geometry that is very close to that of the shell
and tube heat exchangers. Tubes are grouped and dhigette shell. Due to their low tendency of
fouling, easy cleaning and high mass transfer area, tubular membranes are considered to be mc
practical then hollow fibers. However, they suffer high operating cost and éss/edmpactness
than the hollowfiber moduleg81].

1.4Membranes used in Membrane Distillation

1.4.1. Polymeric Membranes

The commercial polymeric membranes used in membrane distillation (MD) are porous
hydrophdic membranes that are madepolypropylene (PP)polyvinylidene difluoride (PVDF)
or polytetrafluoroethylene (PTFE) (Teflofi$3]. Hollow fibers of polyethylene (PE) were also
employed in desalinationy MD [84]. Typically, the phase inversion tetfue is applied in the
manufacturing of PVDF membranes while the stretching and thermal phase separation technique
are enployed in the manufacturing &P membranes. PTRE gererally manufactured using the
sintering or the stretching techniqyé$. SEM images of PVDF and PTFE membranes are shown
in Fig (1.2).

(b)
Figure (1.2) SEM images for: (a) PVDF membrafg8b] (b) PTFE membrang86]

1.4.2. Ceramic Membranes

On being compared to ceramics, polymeric materials have some drawbacks as low thermal an
chemical stability in addition to poor mechanical strer@é). Higher thermal stability of ceramic
materials could offer relatively high feed temperatures during MD operations. This could augment
the mass transfer drivgnforce given that MD is a thermally driven process. Moreover, ceramic
membranes could offer higher lifetime than polymeric membranes sinaaicgrean undergo
cleaning, backiashing and sterilization with harsh cleaning agents and/or at high temp€i@@iires
Accordingly, the employment of camic membraes in MD has attracted attention in many

9




Chapter One

research works found in literatur¢44,87] However, ceramic membranes lack the
uncompromisable hydrophobicity cessary foavoiding pores wetting and module flooding. This

is due to the presence of the hydroxyl group in ceramics giving them their hydrophilic nature. Also,
ceramics suffer from high membrane thermal conductivity that may negatively affect the thermal
efficiencyin MD. Still, this could be mitigated by optimizing the membrane thickfg&jsBesides,
ceramic membranes could be hydrophobized to prevent wetting and floofi8y Other
drawbacks of ceramic membranes are their high capital cost on being applied on a large scale
besidegheir lower packing factor and high fragilif$30]. The ceramic membranes mainly studied
in literature for MD processes are metal oxides like alumina, zirconiaiatitailicawhile few
studies considered nanetal oxides like silicon nitridg¢79,89] There are many manufacturing
methods of ceramic membranes like slip casting, tagang, pressing, extrusiomfs] .

The hydrophobization of ceramic membranes can take place bgesuntadificaion techniques
like grafting and hydrophobic surface coatjtg/8]. In most of the works devoted to the application
of ceramics in MD, direct grafting with orgarsilane compounds is the most atkmp surface
modification techniqu¢44,87]. Simply, silane is anolecule that contains a silicon atom having
four functional groups while the organosilane is thensilthat ha®ne or more organic groups
forming bonds between carbon and Si like that in alkylated silice®i{)RThis bond is very stable
and nonpolar due to the organic nature of the functional group. On grafting, the esgane
forms hydrogen, iomi van deMaals, or covalent bonds with the ceramic membrane surface. The
most widely employeddrganaesilanes in the hydroplization process are fluoroalkyl silanes
(FAS) while the main approaches used are the immersion, chemical vapor deposition (@VD) a
the solgel method444]. SEM images arehown in Fig (13) for silicabased membranes before
and after being grafted by fluoroalkyl silane.

(@) (b)

Figure (1.3) SEM images for silicdhased membran®0] : (a) Before being grafted YB\fter being grafted

Before grafting, the ceramic membrane surface is hydroxylaealise as the concentration of
the hydroxyl groups on the membrane surface increase, the reaction between the FAS molecules
and the membrane surface is enhandedS compounds contain both, the hydrolysable and
hydrophobic end groups where the ldngf the hydrophobic group, grafting time and grafting
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temperature affect the hydrophobization process ref2dis36,91 93].The hydrolysable group
combines with the hydroxyroups on the surface of the ceramic membf{88g@4] and the free
hydrophilic groups are responsible for the hydrophobiaracter of the grafted membranes as
demonstrated by Fi(1.4). FAS are the most uséde to their high performance, low wate
absorptionresistancéo oxidation and solvents. They have characteristics similar to those of PFTE
but FAS are much easier toahdle. Other coating materials used in ceramic membrane
hydrophobization are chloralkyl silanes, alcohols, PDME6]. The first work on hydrophobic
ceramic membranes for MD was reported by Labort et al. in E§}4 They used alumina and
zirconia membranes that were hydrophobized by 1H 1H 2H 2H perfluorodebyiysilane.
Having applied the air gap membrane distillation (AGMD) configuration, they were able to achieve
fluxes up to 6.%g/(h n?) atafeed temperature of 95 °C.

CF3'(CF3)n'C2H4'SiR3 [CFE'(CFg)n'C2H4'Si]
* / |\
OH OH OH O O O
I 3RH T
Ceramic Ceramic

Figure (1.4) Representation of the main reaction involved duthmghydrophobizéion of ceramics
by FAS compoundsipdated froni80] )

1.4.3. Membrane Requirements

The membranes used in MD should offer high permeability and stable perforfid&jce
Therefore, the lwice of the membrane material represemts of the main critical MD process
aspects. A goodnembrane material should offeorirolled contact between the two phases
involved inthe process without dispersing one into the other. This can be guaranteed by avoiding
liquid intrusion into the membrane pores. Besides, high thermal and chemical stabilities and
sufficient mechanical stngth of the membrane are crucial for a succed8fubperation. It is also
utterly obvious that one of the most important requirements of the membrane is that itlshould
available at alow cost[1]. Accordingly, many membrane properties need to be examined,
characterized and optimized prior te @mployment in MD processes. The membrane piliepert
can be morphological and physiochemical. The membrane morphological properties include the
mean pore size, pores size distribution, maximum pore size, porosity, tortuosity, thickness. As fo
the physiobemical properties of the membrane, they dictate ihteraction behavior of the
membrane with the process streams. Such properties include the membrane surface hydrophol
nature, the interfacial surface tension, thermal conductivity, thermal stathityical stability and
mechanical strengtf80].
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Pore wettingcan lead to possibldogging of pores reducing the active area available for mass
transfer. Exacerbated cases of wetting could result in module flooding and failure of the MD
process. In a satisfactory MD operation where wetimgj flooding are prevented, the liquid/vapor
equilibrium taking place at the feed/membrane interface is the only determinant of the selectivity
factor in membrane distillatigi®6]. Also, if the feed solutions contain dissolved salts like the case
of saline water, partial pore wetting may leaghteciptation of salts insidéhe pores causing partial
or total clogging of pores. Consequently, the active area available for mass transfer and the obtained
flux are reduced. In most of the applications of membrane distillation, the liquid process stream is
a hydrophilic agueous solution which necessitates ubage of hydrophobic membranes. This
prevents the wetting and flooding phenomena as long as the pressured difference between the liquid
stream and the gas entrapped in the pores is kept below the litnyighessurel(EP) [1,4]. The
membr aneds surface energy and t hfaetor$ adfectihgthee mper
LEP value[8]. It is worth noting that although the transmembrane pressure should not exceed the
LEP value, it should not be negative. A negative transmembrane pressure corresponds to the case
at which the permeate pressure is higher thanahthe feed inducing a presstitgaven reverse
transmembrane flow. This phenomenon is known as bubj@®jgObviously, the_EP represents
a critical menbrane characteristif81]. It needsa clear investigation in order to ensure the
applicability of membrane distillation experiments within the desired operating conditions. The
LEP value can be theoretically estimated frormthLapl aceds equation as |gi

Lep=(R -p), ELEE (L1

max

wherePs andP, represent the feed and permeate pressure vaspsatively(for SGMD, AGMD
and VMD)while g andd represent the surface tension of the liquid at the liquid/air interface and

the liquidsolid contact angle respectivelgmax is the maximum pore radius aifidis the pore
geometric factor and it is equal to unity in case of cylindrical pores. The tangle increases as
the polarity difference between the liquid and the membrane incrigdsesgh contact angle and
LEP are desired characteristics of the membrane due to low corresponding risk of wetting and
flooding. From Eq. (1.1), it can be indicated that the memBrtiiae are more hydrophobic (have
higher contact angle) and possess small pore size can offer bigfAvalues. The commonly used
pore size inthemembrane distillation process lies within thegaf 100 nm to 1 urfl5]. Besides,
LEP value increases as the liquid surface energy decrgides

Another important membrane aspect is its mass transfer prog@itjesccording tothe mass
transfer resistance involved in membrane distillation processes, the molar trananeethinx
increases by increasing the porosity and mean pore size and by reducing the membrane thickness
and pore tortuositjl5]. Asa matter of fact, both mass and heat transfer take place simultaneously
in membrane distillation processes. Therefore, the effect of these morphological properties on th

D
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permeability should be investigated form the point of view of the transmembraseamadakeat
transferphenomena together. Aiming at improving the MD process thermal efficiency, the thermal
conduction losses can be minimized by maximizing the heat transfer resistance across th
membrane. This can take place by increasing the membtiaiokness[88,98] However, this
negatively impacts the transmembrane mass transfer. As a result, the membrane thickness shot
be carefully optimizedl,15]. Besides, the heabnduction losses can be reduced by choosing a
membrane material possessing low thermal conductivity (high heat conduction residtj\atydi

by increasing the porosity of the membrane since the thermal conductivity of the gas entrapped i
the pores is around ten times less than that of the makidx of the membrang15]. The thermal
conductivity of the commercial membranes used in membrane distillation is in the fa@d&o

0.06 W/(m.K)[1].

In additionto high permeability and hydrophobicity, high chemical stability is an indispensable
membrane property for sustainable MD performance. The reaction between the membrane and tk
processes streams can affect the properties of the membrane matrix anchtieeesiergy of the
membrane. The latter can affect the hydrophobic nature of the membrane which could risk wetting
and flooding. As a result, the membrane material should be resistant to the chemical attacks of th
process fluids in order to preserve itsioed propertie$15,40,97]

Given that MD is thermally drivefil], high feed operating temperatsrare desired in MD
processesHowever, the membrane properties and the hydrophobic nature of the membrane surfac
could be affected by lorggrm operations at high temperatures due to thermal degradHitk]n
This could result in pore wetting and flooding. Therefore;niadly stable membranes could offer
ahigh driving force and stable flux in MD proces$@#].

Generally, the ograting pressure differencevimived in membrane distillatiois close to or
below the atmospheric pressure. Thssrelatively low when compared to other membrane
separation processes like reverse osm@i3). Therefore, the requiradiembrane mechanical
properties in MD are not so hi¢87]. However, sufficient membrane strength is requiredrder
to avoid cracks and failures. The mechanical properties of a given membrane material can b
improved by increasing its thickness aretiéasing its porosity15]. However, high membrane
thickness and low porosity correspond to high mass transfer resistance.oid)etbese
morphological properties need to be well examined and optimized.

Fouling in membrane distillationakes place due to the depositiand accumulation of
undesirednaterials on the membrane surface and/or in membrane pores. This cotddoadiz
or total clogging of pores with the consequence of flux declin8h The fouling mechanism is
affeced by the foulant properties (like its molecular size, diffusivity, solubility, charge,
hydrophobicity), the feeg@roperties (like the flow rate, pressure, temperature and concentration)
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Chapter One

and the membrane properties (like pore size, pore size distribbtidrgphobicity, functional
groups and roughned9P]. The interfacial interetions, the affinity of the membrane and its charge
with respect to the foulant particles could determine thénfgulegree. Minimum fouling tendency
occurs when the membrane surface and the fouling particles carry the same charge due to the
produced repgion between them. As the surface roughness increases, the hydrophobicity increase
due to more entrapment of arthemembrane pores at the surf§8a].

[72)

1.5Transmembrane Mass Transfer in Membrane Distillation

The massransfer of vapor molecules in membranes used in MD processes has been widely
studied and investigated where some theoretical models were developed based on the kinetic theary
of gases[98]. The most common modeling approachesettped forthe description of mass
transfer across the membranes during membrane distillation include macroscale approaches like
Fi ck6s | aStefan dagproasheol the dusty gas model (DGM). Besides, the Nuwlars
eqguations could be applied andmerically solved for detailed studies of the gas behavior inside a
single membrane pore. The choice of the adequate modeling appegesrids on the flow nature,
space and time scales and the purpose of the modeling[ $08]y

The main considered flow mechanisms of transmembrane mass transfer in membrane distillation
can be either continuum (viscous flow amdmolecuar diffusion) or norcontinuum (Knudsen
diffusion) or the flow can lie in the transition region between the continuum and tle®ntimuum
flow regimeg[9,96]. The flow type can be predicted according to the Knudsen nuidbewhich
represents the ratio of the mean free path taken by the permeating mbtétdéehe pore diameter
dp asgiven by Eq(1.2) [4]. The mean free path represents tlistance betweetwo successive
moleculemolecule collisions and is estimated by the kinetic theory of gases according to Eq(1.3).

Kn=—
dp (1.2)
KT
Ifree: B 1.3
where, TP,Ks, l epr esent temperature, pressure, Bol |t

of the molecule respectively. On one side, continuum flow tends to be prevailing in the cases at
which the mearree path of the gas is much smaller than the pore sizeisTthige to the fact that
the collisions between the molecules with each other are more predominant than the collision
between the molecules with the pore walls. In such cases, the correspdnddsgen number is
much smaller than unity (Kn<0.0[9,81]. On the other side, the naontinuum flow becomes the

U)

14




Chapter One

predominant mass transfer amanism in case the collisions between the molecules withaitee

walls are much more significant than the collisions between the molecules with each other. The
corresponding Knudsen number in such cases is larger than unity (Kn&1)) Apparently, the
transition region lies between these two extremes at (0.01<KA<lQ1] The main difference
between the MD maels adopted in literature lies in the considered flow mechanisms and the
arrangement of their mass transfer resistance during Mézgse$9].

The dusty gas model (DGM) dedmed byE. A. Masonand A. P. Malinauskag102] is
commonly adopted in describiniget transmembrane mass s#arin MD processefl]. The DGM
combines he (Poiseuille) viscous flow, molecular (ordinary) diffusion, Knudsen diffusion and
surface flow mechanisms assuming the existehaehgpothetical mixture that is composed of the
gas and the porous medium. Conceptually, the porous medium is assumednbleegiant
spherical molecules (dust particles) that are motionless and are uniformly held in space by externa
forces. The gas ntion between these dust particles can be described by the kinetic theory of gases
[100,102] Surface diffgion is always neglected in the modeling of MD procef&est is worth
noting that the DGM was derived for isothermal systems wéniehot the case of MD. F. Gao et
al.introduced a polytropic equation of state to the discretized form of the DGM in order to estimate
the temperature profile across thembrane pores during gas permeation {&i{sIn spiteof that,

a constant average value of the membrane temperature is usually applied in the DGM for MD
modeling. This assumption is a&pmted especially in systems operating at small membrane
temperature gradienfd]. The resistances of the flow mechanisms considered by the DGM can be
assumed to be arranged imanner similar to that of electric resistofsis can be demonstrated

by the arrangement shownhing (1.5)

Molecular diffusion  Knudsen diffusion

Figure (1.5) Transmembrane mass transfer resistance according to the[[JlGM

The most general form of the DGM is expressed for the transitional flow regime by the set of
Equatbns (1.41.9)[4,100,101Jafter neglecting the surface diffusion. The inclusion or the omission
of one or more of these mass transfer medmasidepends greatly on the operating conditions,
membrane morphological properties and process ngti@k
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4+ A
DlKe hg,i Dih,e Rg (1.4)
aer’ 0-P
pea BR g
[ éﬁg 2T m (1.5)
J=1 « (1.6)
Oe ~
Dih,e:%{ gDih (1.7)
ae g
Di};:g @iK (1.8)
d [BRT
DiK =€p —F;jl (2.9)
PV,

where,J”, 3", J represent the diffusive, viscous and total fluxes of comporipmégpectiely

while DiK ,D,, represent the Knudsaiiffusivity andthebinary diffusioncoefficient of component
(i) in a binary mixturei(h) r espectively. The subscript #fAed
pressure, the partial pressufeomponentij and that of componerii)are represented oy, P, P

while m,M. represent the viscosity and molecular weight of compomgerdspectively.

The porosity ¥ represents the ratio between the volume of all the pores with respect to that of
the membrane while the tortuoslfi}'represents the ratio between the pore length and the membrane
thicknesg447]. In thecase of perfectly cylindrical pores, the tortuosity is equal to one while in case
of tortuous pore paths, the tortuosity is larger than unity. From the definitions of the porosity and
the tortuosity, it can be indicated that the poregityuosity ratio ¥/ Urepresents the ratio of the
crosssectionalarea of all the pore® the mass transfer area of the membrane. Therefore, the

porositytortuosity ratio represesithe ratio of the mole flux across the membrane to the mole flux
acrosgshe pores.

Some simplifications can be adopted in modeling the mass transfer during MD processes according
to the implemented configuration and operating conditigh8]. A set of simplified cases and the
corresponding mass transfer expressions are given in Table (1.1).
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Table (1.1)Transmembrane mass transfer expressions for different cases of MD (Lfsdai¢d] )

Case Mass Transfer Expression EqQ. Comments
DCMD, SGMD
(Permeation of a J, + RJ _-1 e 1 Neglected viscous flow
single componen DY Di. R,T (1.10) due to constanressure
i across stagnan Dusty Gas Model in pores

gash in pores)

1 Neglected viscous flow
due toconstant pressure

AGMD 3= _ Die » in pores.
(permeation of ! RgT| p| 1 Neglected Knudsen
single componen . (1.12) diffusion when
i across stagnan |Ph||n is the log mean of pressures compared to large
gashin pores) h at both sides of membrane molecular diffusion in
membrane and air gap
for AGMD
Permeation of 2" RJ-P]l_ -B 1 Neglected viscous flow
more than one a—-~ due to constant pressur
component h=1 Dih,e RgT (1.12) in pores.
across stagnant 1 In case of low Knudsen
gas in pores) StefanMaxwell Equation number
VMD K 1 Predominant non
(neglected ] = ) Di,e B continuum flow in case
continuum flow ! RgT (1.13) of large Knudsen
(for a single e number at very low
component) Knudsen Diffusion pressure values.
VMD (transition
region flow for a — ﬂ@er ® Dk 1 Absence of molecular
single componen ! RgT eee— O_ (1.14) diffusion in case of the
i), Sinde gas presencef a single gas

permeation test Dusty Gas Model

The integrated form of E({..10)[1] expressed by E{..15) can be derived as follows for ideal gas
and for a flat membrane of a thickneks
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39 e . " dy,
L Hdz=
Co 5 & . Yh, im Eih +y,Df
J .0 _ae § 1 0 Gem
<ldi =% 8D éer B((%0) ) o
g e(; ! B >lﬁl,fm
se A &(V,mD<)+D,
3 =82 8p inaaZvem /" T (1.15)
éﬁ_d; " é%yh meiK)+D|h

whereC and y represent the total molar concentration and the mole fractitime vapor state
respectively wlimdl ea priobh i esf uebr s ateabpahdsiateffice and the
permeateanembrane interface respectively. znegents the direction of diffusion.

As a simplificationof the DGM expression in E(l.15), the Wilke modelambined with the
Bosanquet formula can be propog#@3,104] The Wike model describes the naolflux across
t he membrane relative to the maeanleffectivealifusiona g e

coefficient Diﬁq instead of the binary diffusion coefficient. This is given by(E46). The e#ctive
diffusion coefficient is estimated by the Bosangdetmula for equimolar diffusion asxpressed
by Eq(1.17) assuming that the Knudsen and molecular diffusion mass transfer resistances lie in
series as it is assumed by the DEINI3,105]

Oe ~
)= %,r GO ¥ (1.16)
1 1 1
D D, DX (1.17)
ih ih i

Accordingly, the madr flux with respect to stationary coordinates can be expressed by Eq(1.18)
which can be integrated to the form of Eq(1.19) for a flat membrane having a thigkness
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ae g
= GO P W (1.18)
e 5. A
VE »"é‘%dfé D In 2o (1.19)
' (; h, fm

The application of both equations, Eq(1.17) and Eq(1.19) can be referred to as the Wilke
Bosanquet modgl031105lor gener ali zed Fickos | aw][le6.t h e
This approach is proposed in manmgrks in literature regarding the description of transmembrane
mass transfer during MD operatiofis47,82,98,106108]. The approaches expressed by Eq(1.15)
and (1.19) become almost identical in case of negligible mole fraction of the permeating species
and in case of negligible Knudsen diffusion.

174

1.6 Comparison between Membrane Distillation a Conventional Separation Methods

Membrane distillation (MD) is considered as a hybrid between thermal distillation and
membrane separation technology. However, MD can offer some important advantages over th
conventional trayed or packed distilaticolumng55,109] The available interfacial area available
for mass transfer is constant in MD regardless of the ratio of the flow rates of the streams in the
feed and permeate sides. This ensures a stable operation that can be easily managed and control

MD offers a higher mass transfer area per unit volume so it can be preferred for compact systems

[80]. Also, MD operations avoid the problems associated with phase mixing like entrainment and
emulsification. The membrane materials used in MD can be either polymeric or hydrophobized
ceramics whictoffer high corrosion resistand81]. Considering the possible energy savings in
MD, the liquid feed is not heated to the boiling padst in conventional distillation processes.
Besides, MD operating temperatures can be beldw8@h could allow the employment of lew
grade waste and/or alternative energy sources such as solar, winthermebenergies, and waste
thermal energy soues[110]. However, when compared to convention distillation processes, ther

is extra resistance in MD owing to the presentthe membrang78].

Similarly, evaporation used grystallizers is limited by the low area aadie forevaporation.
This could resultin high energy demands. The higher mass transfer area in MD allows
crystallization at lower operating temperatures. This could lead to possible energy Erlings
The low operating taperature in MD could be also beneficial in the concentration of juices.
Conventionally, the concentration of juices takes place by swatje vacuum evaporation.
However, the high operating temperatureizgill in such processes could leadthe loss of
important flavors due to the decomposition of some organic comp@l@ids

Reverse smosis (RQ which is a pressurdriven process icurrently the most utilized
technology for water desalinatio®n being compared to RO, MD was found to offer higher salt
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rejection [23,81] Besides, MD can offer less required feed pretreatment and better potential of
energy recovery from renewable eneffj$2,113] It is worth noting that although MD could be
auspicious for vaous industrial applications, few studies are dedicated in literature to the process
development of MD. Unfortunately, this has resulted in insuffiaietails andnformation about

the accuate scalaip proceduresprocess development and cost estimatérindustriatscale
desalinatiorMD processe§l].

1.7 Main Applications of Membrane Distillation: Literature Survey

1.7.1. Seawater Desalination

The lack of enough freshwater resources in remote places or in regions of high demand wa
exacerbated by the growing wogdpulation and industrial briedorough. Frelswateris needed for
both, domestic and industrial ugel4,115] This has given rise to the development of desalination
technologies at the present time in order to be employed in freshwater podddte most
commonly used desalination technologies are revesssosis (RO), mukeffect distillation
(MED) and multistage flash (MSF). The application of MD in water desalination has attracted
many researchers due to their advantages over convdmtietieods in terms of high rejection and
possible energy savings case of the availability of lowgrade waste heat sousd81,112,113]

The main works found in literature dedicated to the employment of polymeric membranes in
MD for water desalinatioapplications are listed in Table (1.2). PVDF is considered as one of the
most studed polymeric membranes in MD. New material modifications to PVDF were suggested
in literature to improve water fluxes for desalination purpd4és&i 118]. Q. F. Alsalhy et al.
applied the AGMD configuration usiraflat copolymer of PVDF and hexafluoropropylene (HFP)
[116]. However, low fluxes were obtained. Similarly, M. & Kebréa et al. employed a novel
thin-film composite (TFC) membrane with ultrathin zeolitic imidazolate framework -(ZIF
8)/chitosan layer coated on the polyvinylidene oflde (PVDF) membrang117]. The
corresponding flux was 3.5 tes that obtained by the unmodified PVDF.

Ceramic membranes were also invgatied in literature for water desalination by MD. A list of
the corresponding main works is presented in Table (1.3) such that the highest water flux (60
L/(h.m?) was repded by GC.Ko et al.[78]. In this work, alumina hollow fiber membranes
hydrophobized by 1HH,2H,2H-perfluorooctyltriethoxysilane were used. This corresigahto an
agueous solution feed of NaCl (3.5 wt.%) at 70°C and a permeate sislerpres0.03 bar.
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Table (1.2) Main worksin literature employingpolymericmembranes in MD for water desalination

Tl\f/pl?e Geometry Membrane Operating Conditions (KgFll(l;i(zh)) Ref.
PTFE_¢=199 nm Feed: deionized water¥70°C 14.4 [119]
0=550m @d=5.9 vi=0.15 m/s F=20°C y=0.8m/s '
Flat PTFE Feed: NaCl (agq.) fF71.6°C
SGMD dp=0.48pm C=30 g/L ¥=0.16 m/s 10 [120]
i=178 Om T,=17.3°C y=2.11m/s
Hollow PVDF ¢=0.1pm Feed: NaCl(aq.) fE70°C
fib id= 50 Om a Ci=5 mg/L v=0.02 m/s 1.3 [82]
ibers >
Vp=0.54 m/s
PTFE @=0.22pm Feed: NaCl (ag.) (1 % wt.) 21 [41]
i=0.11mm { T¢=60°C v=0.55m/s F=20°C
PTFE ¢=0.27um Feed: Red sea water; 370°C 46 [121]
=170 Om Vi=90 L/h T,=20°C \,=60L/h
PTFE Q_u(r)n. 220M | Foed: deionized water ¢ ¥60°C 28.7 [122]
253 4 9 \ Vi=1.5L/m T,=20°C \,=1.5L/m
PTFE Feed: NaCl (ag.) fF65°C
d,=0.2um Vi=10L/m G=15 ppt 38 [123]
Flat 1=160 Om Tp=19-25°C \p=4L/m
DCMD PVDF B Feed: NaCl (aqg.) (10 % wt.)
=27 Om T¢=65°C %=1.5L/m 60 [124]
T,=20°C \,=1.5L/m
PTFE Feed: brine from desalination
dp=0.2um Ti=70°C W =1.5L/m 29.1 [55]
=35 Om T,=30°C \,=1.5L/m
PVDF Feed: Na2S0O4(aq(® Molar) 11
dp=0.22um Ti=60°C T,=30°C [56]
t=125 Om Feed: NaCl(aq.) (4.5 Molar) 13
a=70 % Ti=60°C T,=30°C
Hollow PP Feed: NaCl (aq.) (3.5 % wt.) 326 52]
fibers i=0.25mm { T¢=78.6°C ¥=6L/m T,=19°C '
Flat PP ¢g=0. 20m | Feed: deionized water;¥60°C 48
a=70 % U vi=0.4 m/s B=20 mbar [125]
Capillary PP g=0.20m 1| Feed:deionized watef;=60°C 9
a=70 % U= vi=0.8 m/s R=90 mbar
PTFE Feed: deionized water: ¥80°C
TMD Flat dy =0.2 um Vi=2 Lim R=35 kPa 17 [58]
PE Feed: NaCl (aq.) fF60°C 33 [84]
0d=0.4 mm vi=2.5 m/s B=2 kPa
Hollow PTFE ¢=0.4pum | Feed: deionized water;¥70°C 19 [126]
fibers 0d=0.45mm a: vi=1.6 m/s B=3 kPa
PVDF_ Feed: deionized water: ¥80°C 18 [127]
d=0.280m 1 Vi=0.6 L/Im R=45 kPa )
PTFE Feed: NaCl (ag.) (4.2 % wt.)
dp=0.2um Ti=80°C W =1.5L/m
AGMD Flat =100 Om Veoolan=1.5L/M  Teoolan=20°C 6.5 [128]
4=80 % Air Gap thickness=9mm

Y:porosity, ¢: pore diameter{Jtortuosity, v:velocity, T:temperature, P:pressure, V:volumetric flow,r&ebscripts ( f:feed, p:permeate)
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Table (1.3) Main worksin literature employing ceramicnembranes in MD for water desalination

MD Grafting . . Flux
type Geometry Membrane Material Operating Conditions (Kg/(m?h)) Ref
Hollow . Octyl T+=50°C 1 M NacCl
fiber Alumina (C6) V=140 ml/min R=3kPa 20 [33]
Silica/ Decyl T=70°C 3.5 wt% NaCl
VMD Planar Alumina (C8) Vi=1l/min P=0.08 bar 29 [34]
T=70°C =1 l/min R=90kPa
Hollow . Octyl o ;
fiber Alumina (C6) 10 Brix® Sucrosesolution 20 [19]
50 Brix® Sucrose solution 12
Nano o Octyl T=80°C 3.5 wt% NaCl
DCMD fiber Titania (C6) T,220°C 12.2 [35]
Hollow . Octyl T=70°C 3.5 wt% NaCl
VMD fiber Alumina (C6) P,=0.03 bar 60 [78]
. Octyl T+=75°C R=0.09MPa
Planar Alumina (C6) 3 Wit% NaCl 10.39 [91]
. Decyl Tr=80°C W4=35I/h
AGMD Alumina (C8) 3 wt% NaCl =20 43 [77]
DCMD Hollow T+=80C W4=100 I/h
fiber . 4 wt% NaCL
b-Sialon Octyl .
) Tp=20 in DCMD [93]
SisAl20-Ne (C6) V,=100 L/h in DCMD 6.79
VMD P,=0.02 bar in VMD 10.75
Octvl T+=80°C v=0.03 m/s
DCMD Alumina (CG); Tp=20°C 4=0.03 m/s [37]
Planar 4 wt% NacCl 17
. T=90°C M=240 I/h
SGMD ’g‘r’;“'r?if‘é C(’gg' 4 wt% NaCl Gas: dry N 21 [38]
P Te=20°C_ =337 I/h
T=70°C
: Alumina/ Decyl V=0.429 I/min
AGMD | Capillary Clay (C8) 0.5 M NaCl 411 [39]
Tp,=10°C
Tf=80°C 4 wt% NaCl
V=100 I/h
DCMD Hollow Silicon nitride Octyl Tp=20 in DCMD 10.4 [79]
fiber (C6) V=100 I/h in DCMD
VMD Pp=0.02bar in VMD 27
Octyl (C6) 3.75
AGMD Tubular Titania Tetradecyl T+=90°C 0.5 M NaCl §=5°C 3.86 [40]
(C12)
Phosphate/ Decyl T=95°C T,=5°C
Zirconia (C8) Water oil content 110 mg/L 6.88 [129]
Decyl(C8) 8
. . Ti=53°C T,=18°C
DCMD Planar Alumina Trlchlo_rom 0.1M NaCl 78 [130]
ethylsilane
Yitria T+=80°C 4=100 I/h
- Octyl (C6) Tx,=20°C V=100 I/h
DCMD Planar Sz't;arlsglr]zizd 4 Wt % NaCl 24 [110]
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MD Grafting . . Flux
type Geometry | Membrane Material Operating Conditions (Kg/(m?h)) Ref
Zirconia T=95°C T,=5°C 4.7
AGMD Titania 0.5 M NaCl =400 I/h 0.83
Zirconia T=95°C T,=35°C 3.96
DCMD Decyl 0.5 M NaCl V=400 I/h
Tubular Titania (C8) V=50 I/h 0.8 [96]
Zirconia T=40°C M=210I/h 7.5
VMD 0.5 M NaCl B=3 mbar
Titania Tp=room Temp 0.83
Zirconia/ Decvi
AGMD Tubular Alumina (C8))/ T=99°C T,=5°C 1 M NaCl 5.42 [42]
support
Alumina Decyl T=95°C T,=5°C 5.4
Tubular == - onia (C8) 1 M NaCl 6.9 [95]
T=70°C T,=15°C
Hollow Kaolin clay Decyl Vi=0.7 I/m =0.5I/m
DEMD | “riber | AI:SbOS(OH). (C8) AS(11) solution 28 [131]
AS(V) solution 24
Dimethyle
5 dichlorosilane T=90°C W4=100 I/h
SGMD Planar U SizNg / Dichloro Gas: dry N V=100 I/min 11 [132]
methyl 4 wt% NacCl
silane
MF —_oEo
(0.18um) Decyl vT—EQG5 rrcl:/s 6.5
AGMD | Tubular Clay ng M NaCl [133]
UF(15 nm) (C8) a
T,=5°C 4.6
Clay
T=90°C
SGMD Dimethyle V=1 I/min 14
“ : . d V=1 L/min dry N
Planar YY 2SO dichlorosilane 4 Wt% NaCl [92]
& T=70°C
DCMD Dichloro Tf s 15.%
methyl s
. silane Ti=90°C
SGMD Planar SiN2O 4 wt% NacCl 11.11 [134]
Amorphous
. Ti=60°C T,=10°C
pcvp | Hollow | Silicabased | Decyl V=0.023 mis y=0.003m/s | 35 | [90]
Fiber - (C8)
Crystalline 6 g/l NaCl 33
Silica-based
Hexadecyl T=70°C v=160 I/h
VMD Tubular Alumina trimethoxy 3 wt% NacCl 30 [135]
silane P,=5 kPa

Y:porosity, ¢: pore diameter{Jtortuosity, v:velocity, T:temperature, P:pressure, V:volumetric flow,r&ebscripts ( f:feed, p:permeate)
Octyl (C6): 1H, 1H, 2H, 2Eperfluorooctyltriethoxysilane

Decyl(C8):1H,1H,2H,2HPerfluorodecyltriethoxysilane
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1.7.2. Water Treatment

Removal of volatile organic compounds (VOCs) from aqueous solutions has a wide range of
industrial andenvironmental applications. In ghfield of wastewater treatment, membea
distillation can be employed to reduce the concentration of VOCs in the wastewater to reach th¢
allowable environmental limit§l36]. Regarding the field of wastewater treatment, extensive
experimental and modeling studies were utaken by S. Bandini et al. regarding the remafal
VOCs (acetone, ethal, isgropanol, ethyl acetate, methyl acetate and methyl tertiary butyl ether
(MTBE)) from water by applying VMDP24]. The membraes useavere flat PTFE with PP support.

The results of this work suggested that increasing the feed flowrate improved the flux of the VOCs
due to the reduction in the concentratiotepaation. In a similar work, the removal of ethanol and
acetone from ater by flat PTFE membranes applying the SGMD configuration was studied by C.
Boi et al.[136] such that SGMD was recommended for obtaining high selectivity of the VOCs.

Ceramic membranes were also studied in the separation G5\ MD[137,138] Ethanol
removal from water by VMD was investigated by W. Kujawsky et al. who used commercial tubular
alumina, zirconia ah titania membranegl37]. The hydrophobization of the membranes was
achieved by pefluoro-octyl-tri-ethoxysilane (C6) and by pdtuoro-tetradecyl-tri-ethoxysilane
(C12). The C6 coating resulted in hggrethanol selectivity than the C12 where the pore size of the
hydropholized membrane played an important role in determining the obtained selectivity.

Halogenated volatile organic compounds (HOVSs) as chloroform, trichloroethylene (TCE) and
tetrachloroethylene coulgad to the pollution of groumater and surface wat§t39]. In their
work, N. Couffin et al. studied the application of vacuum membrane distillation (VMD) in the
separation of TCEL140]. Flat PVDF membranes were investied for this purpose. The removal
of HOVs by VMD showed low energy demands. For railgir application, hollow fibers of
polypropylene (PP) were studied by A. M. Urtiaga et al. for the removal of chloroform from water
by VMD using a modeling approa¢h41]. The performance was comparedhe pervaporation

proces using the PDMS membranes and applying the same module geometry for the VMD. Results

showed that pervaporation could offer better chloroform selectivity.

The separation of ammonia by membrane distillation (MD) could have widieatmons in the
treatment ofwvastewater antliogas plant effluents. Besidakerecovery of ammonia byiD can
be employed in the production of ammob@sed fertilizers. A.Zarebska et al. studied the
separation of ammonia from pig manure by MD using PP and PTFE memf@@hdse feed side
stream was the solutioof raw swine manure while therpgeateside stream was an acidic strip
solution. This configuration used is similarthke DCMD combining stripping and absorption such
that ammonia was stripped from the feed then permeated across the membrane and then w,
absorbed by the permeate sideam. The study in this work focused on fouling mitigation and it
was claimed that MDauld be a promising method for separating ammonia from animal wastes in
case the appropriate fepdetreatment requirements weret. Another work regarding ammonia
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removal by MD was performed by Q .He et al who studied the removal of ammonia from the biog
slurry by VMD [142]. According to this work, the feed pH and tengtere played a great role in
the obtained ammonia flux and selectivity since they hasgnificant effect on the ammonia
equilibrium in the aqueous solution.

Other works investigated the employment of MD in the removal of [@@soil [129], arsenic
[131,143] glycerol [23], N-methyt2-pyrrolidone (NMP)[59], boric acid[22] and radioactive
isotopeq22,144 146] from wastewater. Results shed that MDcould offer very high rejein.
However, membrane foulingnd in some cases, low flux were considered the main process
challenges. Besides, some works in literature were concerned with process development an
optimization for industrial wasteater treanent application§27,45,147]

The integration of air gap membrane distillation (AGMD) to chemical pretreatstesges for
the removal of tetranethyl ammonium hydroxid€TMAH) was studied by Imtisak- Noor et al.
[27]. Economic analysis showed that the treatment of 20,00gean of the TMAH wastewater
would require a specific cost of 16 $IMAGMD was also examined by E. U. Khan et al for
recycling the regcted watefrom biogas productiofii48]. The membranes used in this stwadsgre
flat PTFE membranes witbolypropylene (PPsupports. The assessmentlod techneeconomic
viability of integrating membrane distillation in the treatment of water rejected from biogas
production was carried out bydlsame research gro{it7]. According to the conducted process
development study, the reductiofthe content of TS from 4.1% to 0.05% in the recirculated water
could increase the biogas production by>@6%. Also, the cost per permeatesvestimated to be
around 5.6x/m? for a rejected water feed temperature ofSBBC. Another economic analysis
regarding wastewater treatment by MD was conducted by A. CdPereno et al[45]. This
represented the first worthat developed a mulitage membrane distillation systems (MDS)
mathematical maoel coupled with heat recovery for optimizing the treatment of shalprgaisiced
water. The economic study presented in this work considered DCMD using PTFE membranes
Economt analysis showed that for a feed containing TDS at a concentration in theofdrigp
250 g/kg, the treatment cost would be up to 23*$However, it is worth noting that membrane
distillation alone would encounter some challenges like fouling arelyetting ly the shale gas
wastewaterThe application of DCMD in wastewater tie@nt was also investigated by C.FuBo
et al. for the removal gfharmaceutical active compounds (PhA{2])]. In this work, the effect
of the concentration of humic acid (HA) on the separation performance was studied. HA was a
foulant model representing the variousumat organic matter (NOM). An 8 % decline in the flux
was observed due to the fimg nature of the HA. However, according to a similar study performed
by D. AmayaVias et al., the presence of HA showed no fouling or membrane d4ije

25




Chapter One

1.7.3. Concentration of Solutions

The concentratioof various aqueous solutions of¢ne advantages of easy and cheap product
transportation and storage. Besidbsconcentration of juices and syrups elongates the storage life
due to the reduced water activit¥/50,151] When compared to higiemperature evaporation,
membrane distillatio (MD) can offer the advantage of less energy consumption and better
preservation of the aroma compour@4,152] Owing to that, MD can be applied in the beverage
industry like in the production of highuality wine, aroma recovery and concentration of juices
[153].

The first publication regarding the concentration of sucrose aqueous solutions using the
sweeping gas membrane distillation (SGMD) was presented by C. Gogtcal [150] where
modeling and experimental studies were employed in optimizing the operating conditions. A
similar approach was followed by S.-Akheh et al.[154] and Y:-R. Chen et al[19]. The
performance of both VMD and SGMD was analyaad compared by R. Baggdprgensen et al.
for aroma recovery in black currant jui¢g52]. Concentration by VMD was considered sufficient
unlike the case of SGMDThis was attributed to the relatively low driving force of SGMD.
Regarding the VMD, S. Bandini .et al investigated its applicationgufiR membranes in
concentratingnust juice[153]. According to the results of this work, it was recommended to use
reverse osmosis (RO) to concentrate the must solutions from 20 to 30°Brix and then use VMD tg
concentrate theesidual to 50°Brix. The idea of integrating MD with oteeparation methods was
also presenteith the work of C.A. Quistlenseil51]who studied the concentration of orange juice
by integrating ultrafiltrabn and direct contact membrane distillation (UF/DCMD). URss
confirmed the preservation of the important nutrients by MD.

It is worth mentioning the possible application of osmotic membrane distillation (OMD) in the
field of solutions concentratig20,155 158]. OMD is a northermal membrane distillation variant
and is somimes referred to as osmotic distillation (OD). The feed the permeate side streams
are liquid solutions present at the same temperature, but they differ in concefit&E@jo@smotic
membrae distillation can be applied for concentrating thesansible solutions since it can work
at room temperature and pressure which enables it from preserving the important nutritiona
characteristis. OMD has wide applications like in the concentratiomi, fruit and vegetable
juices, instant tea and coffEEs5].

1.7.4. Other Applications

Other applications of MD could include biofuel processing, crystallization and dehumidification
of desiccants. The removal of VOCS by MD can have an impgaxdbénin biofuel processing which
could presenanauspicious solution to the growing energy demand that is expected to rise by 48%
between the years 2012 and 2(460]. For example, MD can be applied in thaterethanol
azeotrope separation required for the dewatering of bioethan¢lLéiell62] M. M. A. Shirazi et
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al. studied the integration of SGMD to a bioethanol dlbéi]. Flat PTFE membranes were utilized

in this study. According to theiesults, increasing the feed temperature and flow rate had the most
impact on the grmeation flux due to the improvements in the driving force and the reduction in the
concentration polarization. The application of AGMD in the separation of bioethanokfgat

based fermentation broths was evaluated by P. Loulergue[£62] where AGMD was claimed

to be an efficient separation techmeyfor sucha process. However, A. Kujawska et f63]
obtained relatively low fluxes suggesting limitations of the AGMD in the removal of ethanol,
butanol and acetone.

Membrane crgtallization (MCr) is an extension of membrane distillation and it aims at
concentating solutions to ranges abothe supersaturation. This in turpromotes nucleation and
crystallization rate§33,164] Thiscombination between membrane distillation and crystaitinat
can also be referred to asembrane distillation crystallization (MDC) or membrane assisted
crystallization (MAC). It can be uskto recover valuable salts fratime effluents of the processed
brines and desalination processdd1]. The first MDC investigation using real industrial
wastewger was performed by J. Kim et §L65]. This work aimedio assess the fahsity of
employing MD in the recovery of water and valuable minerals from steepgpduced water
(SGPW). The minerals recovery reached 84 %. The feasibility of applying direct contact membrane
distillation (DCMD) in recovering the valuable mineralsnfr®&GPW was demonstrated in this
work. However, the applicability of such technolagguired an investigated unit wigmsuring
effective scale collection and control. DCMD was also studied for recovering water from sodium
sulfate (NaSQu) aqueous solution§l64] where stable performancand successful N8Qy
crystallization were achieved. The employment of DCMD and vacuum membraitiatidist
(VMD) using ceramic membranes in the crystallization of lithium chloride (LiCl) and NaCl was
investigated by CC. Ko[33] The obtained permeate flux in case of VMD was more than the double
that obtained in case of@MD due to the higher mass transfer driving force in VMD. The feasibility
of applying sweeping gas mbrane distillation (SGMD) in membrane assisted crystallization
(MAC) was studied by F. Anisi et aJ111]. This was aimed at investigating the potential of
concentrating the agous solution of tascorbic acid (vitamin C) to the degree of supersaturation
to aid the crystallization process. The feed temperature and sweepingwgaatélavere the most
significant factors affecting the SGMD flux.

The application of membranemtactors in C@stripping can be considered an interesting topic
where the operating principle is very similar to that of membrane distillation having the
configuration of the SGMD process. The employment of membrane contactors in the stripping of
CO. from monoethanolamine (MEA) was studied by S. Koonaphapdeelert [866]. In their
work, nitrogen was used as the stripping agent €pwng gas). Hydrophobic surfaceodified
hollow fiber alumina membranes were used.

Air dehumidification has wide applications in air conditioning and natural gas proc§8jng
In air dehumidification by liquid desiccants, the liquid is brought into contact with humid air in a
absorber where the moisture in the air is absorbed by the liquid desiccant. Accordingly, the liquid
desiccantair-conditioning systenremoves latent and sensible heats fromhbmid air. This
process is more environmentally friendly than conventional air conditioning syR8im3his is
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due to the fact that liquid desiccant requires no refrigerantdeavet energy requirements. The
most canmonly used liquid desiccants ihe industry are glycols and halide solutions like those
containinglithium chloride (LiCl), lithium bromidgLiBr), calcium chloride(CaG), tri ethylene

glycol and other salts. The moisture removal capacity is promoted by cooling and dehumidifying
the liquid desiccant used in the absorption $3&). Therefore, the dehumiiitation of the spent
(humidified) liquid desiccant is necessary for its regeneration in order to be reused again in moistur
absorption. Packed columns can be used for the regeneration step. However, the entrainment of t
desiccant into the dehumidifi@dnditioned air could engender detrimental consequences to human
health and building structures and furnit{28]. Membrane distillation can be safely applied in the
regeneration step of sperguid desiccants to obtain freshwater and a dehumidi§ea desiccant
[29,31] R. Lefers et al. studied the application of vacuum membrane distillation (VMD) in liquid
desiccant dehumidificationf30]. Aqueous solutions of CaLfand MgCh represented the spent
liquid desiccants. Results confirmed the feasibility of using VMD for regenerating the studied liquid
desiccants and for obtaining $te distilledwater J. Zhou et al. theoretically investigated the
application of VMD in the regeneration of humidified liquid desiccfBit$. The model developed

in this work was validated by comparing the simulated results to the corresponding experimenta
results from other works found in literat8€,167] Modeled results suggested flow feed rates for
high percentage removal of humidity. In another modeling study, the utilization of the air gap
membrane distiltaon (AGMD) in regenerating the liquid desiccant Li@las examined by A. S.
Rattner[32]. In this work, hypothetical values of membrane properties, device geometry and
operating conditions were proposed based on the typical corresponding experimental works ir
literature. The modeled results showed less dehumidification capacity of MD than what is generally
claimed in the other works in literature.

Other than water desalinatiabjectives details about the main studied applications of MD in
literature ardistedin Table (1.4).
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Table(1.4) Main worksin literature for MD applications other than water desalination

Tl\;llge Geometry Membrane Application Operating Conditions -(FPSSZH:ZIL;\))() Ref
PI; f 8 2 tllm Concen'gratlon of (Flele"g.rig)u r;f‘ﬂ;g‘i'ge
DCMD Tubular 2=775 % black er_ut currant Vi=100L/h T,=15°C 1.8 [168]
juice V,=250L/h
PTFE &= . Feed: Glycerol (aq.)
d=0.22m Conclen”a“lon ofl (1% wt) ¥=0.4 L/m 2093 | [23]
i=175 glycero Ti=65°C \4=0.45 Nn#/h
PTFE Feed: Sucrose (aq)
dp=0.45pm | Concentration of | C;=223 g/L §=71°C 3.88 [150]
U=1780 sucrose solution| vi=0.15m/s F=20°C '
a=80 % Vp=2.1 m/s
SeMb PTFE | Tr=65"C V=250 nim
dp=0.45pm | NHsseparation Ci=100 mg/L of NH 10 [169]
0=1000 from water Tp=Troom Vp=3L/m
3=70% P,=4 bar
PTEE Ti=45°C \t=400L/h
d,=0.1p1m Recovery of Tp=27°C \p=1.2 n¥/h 4.9
U”: 5608 volatile fruit juice P,=1atm [152]
aroma compoundy T;=30°C \“=500L/h 21
@P=2500 I
Feed: Butanol (aq.)
Tubular PP Butanol/water (L wt %) T =Troom 25 [170]
dy=0.2um separation Vi=80L/h R=25 mbar
Capillary 3.5
PTFE = Feed:Ethanol(aq.)
Flat dp=0.22pm Eg‘ea”aor';‘fi’g;er (5% wt.) F=60°C 24 57]
4=60-70 % P Vi=50L/h R=92 kPa
PP Concentration of Ti=75°C
t=0.05 N-methy}2- Xt=0.02 NMP 6.52 [59]
5=62% pyrrolidone P,=0.09 MPa
PP Separation of Ci=100 g/L of boric acid
dy=0.18pum boric acid from T:=70°C =418 L/h 6 [22]
VMD u = 0. 86 radioactive P,=0.97 atm
a=60% wastewater
PP 4 = | Separationof Cs| T¢=70°C \=41.8 L/h
dp=0.18um from radioactive Ci=10 mg/L of C§ 6.1 [145]
Hollow u=0.63 wastewater P,=50.05 kPa
fibers PP a = | Separatiorof SP* T:=70°C =418 L/h
d,=0.18pum from radioactive Ci=10 mg/L of St* 6.7 [146]
0=0.86 wastewater P,=0.98 atm
PP Feed: Ravbiogas slurry
4,285 nm Tr=75°C =60 mL/m
g " 5006 _ Cr=2.5 g/L Total NH3 1.45 [142]
< NH3z separation nitrogen
a=33% _
from water P,=10 kPa
PP a= T:=50.4°C RB=736 Pa
dp=0.2 um V=250 mL/m 1.1 [171]
0=0.12" Ci=218 mg/L of NH
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1.8 Aim and Outline of This PhD Thesis

Membrane distillation (MD) is usually suggested in snavorks in literature as a promising
technology forseawater desalination. However, most of the works and research dedicated to MD
are limited to labscale characterization and investigation stsidie fact, this lack of details about

the scaleup procedtes and accurate economic analysis of MD processes has been one of the main

challenges facing the implementation of this technologyan industrial scale. This has led to
varying opinions about ¢hattainable water production cost from desalination psesesmploying
the MD technology. Therefore, the main objective of the presented PhD thesis is to investigate thg
employment of sweeping gas membrane distillation (SGMD) in seawater desalioatim
industrial scale. The membranes used were tubular hydbopmultilayer titania membranes. The
choice of ceramic membranes was based on the fact that they can offer a substitute to polymer
membranes which are commonly applied in MD. This is ateitbtd the higher chemical, thermal

and mechanical stabilifyossessed by ceramic membranes.

Indeed, the investigation of the module performance during SGMBdalle experiments was
of vital importance before proceeding with process development and optimization procedures
followed in this PhD thesis. In aditin to that, the pitaminary desgn of the desalination process
necessitated the development of an adequate model that could enable the simulation of the SGM
separation unit incorporated in the overall prockkseover the characterization of the merabe
morphological properties is dmed to be a prerequisite for SGMD modeling since the membrane
morphological properties can play a significant role in the resulting membrane mass transfer
coefficient. On that account, the strategy implemented in thgstheok place according to the
following sequence.

1 The characterization of the unknown or unconfirmed membrane morphological properties took
place by gas permeation tests and modeling.

1 These characterized morphological properties were used as inpds/&@ped SGMD model.

1 The modulgerformance during SGMD at high liquid temperatures was investigated. This took
place by the aid of labcale SGMD experiments of Na@lg.) feed coupled with the developed
SGMD model.

1 The developed SGMD model was usedimulating the SGMD unit in a proped hypothetical
sweater desalination process. Eventually, process development and optimization took placs
aiming at finding the optimum operating conditions and array of the membrane modules in the
SGMD unit vessel.

The morphological characterizati of the multilayer hydrophobic ceramic membranes is
discussed in Chapter (2). This was carried out by coupling experimental and medelésl of
single gas permeatidasts. The dusty gas model was adopted in theiggsn of the mass transfer
during the gas permeation tests due to the contributions of the Knudsen diffusion and viscous flow
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Chapter One

mechanisms. Two modeling approaches were utilized. The first considered the morphologica

properties of each membrane layer.sThimet hod i s r gefbg-r agelr d omash ¢ ¢ ¢

second approach was used to characterize the average membrane morphological properti
regardless of the unique role played by each membrane layer in the membrane overall mass transt
resistanceThe second approach is commonjyphbed in literature. The SGMD mass transfer
resistance was modeled according to the characterized morphological properties obtained from ea
approach. The description of the materials used, the experimental and megiingches are
discussed in thishapter.

The investigation of the module performance was implemented by experimental and modeling
studies. This was discussed in Chapter (3)-d@le SGMD experiments were conducted using
NaCl (aq.) feed at relatie high liquid temperatures. Theahsmembrane mass transfer was
modeled according to the contributions of the Knudsen and molecular diffusion mechanisms. The
experimental results were compared to modeled results obtained on considering the role of th
morphological properties of each merabe layer and were also compared to modeled results
obtained on considering average morphological properties of the membrane. The developed SGM
model was employed for further simulations to estimate the effect of thatiogeconditions on
the flux ando predict the role played by each of the molecular and Knudsen diffusion mechanisms.

Even though the main thesis objective is related to seawater desalination, SGMD modeling of
ethanol (aq.) was performed in Chapi). This was based on the pddsiapplication of SGMD
in the removal of volatile organic compounds (VOCSs) from aqueous solutions. The M&xtefalt
modeling approach was employed in the description of the transmembrane mass transfer of waté
and ethaal. The modeling results were usidestimating the effect of the operating conditions
and the total SGMD unit length on the flux and selectivity.

Chapter (5) presents the main thesis objective. In this chapter, a hypothetical desalinatior
processs proposed incorporating SGMD #®e separation unit. Preliminary process design was
coupled with the SGMD model in order to simulate the overall process performanesgdtons
cost estimation was also carried out. Process development and optimisadrased on the water
productioncost (WPC). The main operating conditions and design parametergptenezed. In
additiontothatt he results attapaesdobyonbi ggr ahieoninsw
attained on usdda ddref ifidwreat itatoms,the Tolewed ppproache s s
of process development, the optimization procedures and the obtained results are all discussed
Chapter (5).

Eventually, the main conclusions drawn from thererthesis are presented@mnapter (6) to get
an overview of the work done.

31

ES
er

ch

U

\

in




Chapter One

List of Symbols

Latin Letters

C Molar Concentration

DiK Knudsen diffusion of component i

D, Molecular diffusion of componentmia binary mixture (i/h)
d, Pore diameter

J Molar flux

Kn Knudsen number

Ks Boltzmanndés constant
LEP Liquid entry pressure
| free Mean free path

M Molecular weight

P Pressure

r Pore radius

Rg Universal gas constant

T Temperature

y Molar fraction in vapor phase

Z Direction of diffusion

Greek Letters

b Geometric factor
g Surface tension of the liquid at the liquid/air interface
ad Thickness

e Porosity

qQ Contact angle
m Dynamic viscosity
S Collision diameter
[ Tortuosity

Subscripts and Superscripts

e Effective
Eq Equivalent

D Diffusive

32




Chapter One

f Feed
fm Feed/membrane interface
h Component h
i Component i
| Liquid
max Maximum
min Minimum
p Permeate
pm Permeate/membrane interface
V Viscous
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Chapter Two

Morphological Characterization of Multilayer
Hydrophobic Ceramic Membranes

for Membrane Distillation
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Chapter Two

2.1Introduction

Owing to the important role played by the membrane morphological properties in the overall
performance of the membrane distillation (MD) process, several works in literature were dedicatec
to the characterization and optration of the membrane morphologl propertied19,33 39].
Besides, modeling of MD processes can represent an important tool in module investigation an
performance improvemeiit]. Prior to MD modeling, the main morphological properties of the
membrane like the porosity, pore size, tosity factor and thickness should be well characterized.
This is dueto the fact that these properties affect the simulated transmembranamdalssat
transfer during MD processes at given operating condifdsis

Regarding the most commonly applied characterization techniques of the membrane
morphological properties, theorosity of the membrane can Ismply estimated by the
Archimedian metho@vhile microscopic techniquéike the scanning electronic microscopy (SEM)
can be used tanalyze the surface microstructure and important morphological properties of the
membrangl]. The pore size distribution of the membrane can be obtained by the buinib e pio
the mercury intrusion porosimetry or the liquid displacemechnique1,4]. In addition to that

gas permeation tests could be employed in the estimation of important morphological properties

and mass transfer parametgt8i 51].

Recently,there has been a growing interest among the scientific community in the application
of ceramic membranes in M[®1,94,130,132]due to their high thermal and chemical stability;
such materials might ge greater morphologal stability than polymeric membranes over time. As
it has been mentioned in Chapter (1), fluoroalkylsilanes are usually applied in the hydrophobizatiorn
of the ceramic membranes employed for MD applicatjd@s39,137] Accordingly, hydrophobic
titania membranes were studied in this thesis for sweeping gas membrane distillation (SGMD
applications. The studied membranes are composed of 4 lagepossess differentorphological
properties. The main membranesd morphol ogic
thickness were reported by the manufacturer except for some values that were either unconfirme
or unknown. Besides, these rpmetes are not adgtable since they can be determined
independently of flux measurements in MD operations.

In the current chapter, the main focus is on the characterization of the unconfirmed and unknowi
morphological properties of t,erembraneThese characterizgmopertiesvere then used as inputs
to the SGMD model that wagplied to estimatihe transmembrane mass transfer resistance during
SGMD in case of the perragon of water vapor across dilled pores. This was done by
considering the morphagjical progrties of each layeand the consequent contribution of each
layer. Thiscan berefr r ed t o -byd aykee onll &aBel met hod. Th
transfer was also estimated according to the average membrane morphological properties estimat
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Chapter Two

by theconventional characterization method in literafdr86,172] which can be termeds the
Afaverage membrane morphologyo (AMM).

The morphological characterization presented in the current chapter is based on coupling
experiments with modeling forrggle gas permeation across the membrane. The model used was
the dusty gas model (IMp discussed in Chapter (1) involving the contributions of the viscous
(Poiseuille) flow and Knudsen diffusion mechanisms. The ordinary diffusion was not considered
due to he presence of single gas inside the membrane pores which resulted in the absence
concentration gradient across the membrane. This characterization approach can be considered
a continuation of the characterization procedures followed by the mamefdd®i. Typically, in
symmetric polymeric membranes, the morphological properties can be estimated by etabasatin
permeation data according to the dusty gas model (DGM) equations, whergasyfoeric
asymmetric membranes the same method can be used to get infoabatitthe skin morphology
[1]. An improved method was developed by J. Kong et al. for asymmetric PVDF meniliiézjes
This method was later applied by the same authors for the characterization of ceramic membraneg
as well[36,173] to estimate averaged parametdrthe entire membrane. Only M/eyd et al[46]
performed the characterization ofbymayei dagek
technique, whichallowed themto get morphological parameters ofeey single layer by the
elaboraion of gas permeation data according to the DGM.

2.2 Materials and Methods
2.2.1. Membranes and Modules

The studied membranes are hydrophobic cafiased titania membranebat had been
manufactured by thd-raunhofer Institute for Ceramic Technologies and Systems (IKTS,
Hermsdorf, Germany). The membranes were delivered in the form of single channels and capillary
bundles. The capillary bundles had the shell and tube cortiguravith uniformly arranged
capilaries and unbaffled shell. The schemes of the single channel, capillary bundle, housing anc
the multilayer membrane are shown in Fig (2.1). The uncoated samples represent the basic ceram
membranes without the hydrogio coating. They & the same foboth, the singlehannels and
the capillary bundles. However, the only difference between the membranes used in single channe
and those used in capillary bundles is the thickness of the support layer. This is based on t
information provided by the mafacturer. The uncoated membrane is composed of four layers
having different thicknesses and other different morphological properties.

The Asupporto repr es e n(ue)andhgossesses ag sizé ch4b@0r o
nm. The top layelocated athe vicinity of the lumensides ref erred to as #fl
pore size is 100 nm while its thickness 1is

| ayers that ar el or eeafnedr rfid da ytea sdaluediofda pinereach anth i c k

nominal pore size values of 800 nm and 250 nm respectively.
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Chapter Two

The manufacturing technique of the uncoated membranes was described by the manufacturer

[174] Besides, SEM pictures and the morphological characterization of each layer of the studiec
membranes were presented by M.Weyd e48ll. The detailed description of the manufacture of
the capillaries and bundles was also provided by the manufacturer in addition to the followed
procedures of the hydrophobization prodds%]. Two subsequent techniques werddwked such

t hat t he mémbrare dsecartmembateld by thelepodtion and pyrolysis of a polymeric
precursor. This is patented[ih/6] and well documented if177,178] After that, surface grafting

of themembrae suface took place bffuoroalchylsilane (FAS, tridecafluofb,1,2,2 tetrehydro-
octyl-trichloro-oxysilane). This followed the procedures mentioned in the patent of .Voigt et al.
[179]. The ends of both, the coated and uncoated mambwere refined by epoxy resin endcaps

in order to avoid leakage potential of liquids or gases from the lumen side towards the shell side

through the inlet section annulus. The same epoxy resin was also employed to seal the capillaries

on the ceramic pkesof the bundle to avoid permeation across the ceramic plates. Efficient
hydrophobic coating could prevent pore wetting and offer immobilized hegaybr interface at the
pore entrance of Al ayer 30. The ¢aganstiwetting o n
during membrane distillation processes.

ceramic plate

capillary

moy svs

Yimc

Figure(2.1) Scheme of membrane and modudg Housing; §) Capillary bundle;
(c) Section of a cylindricalmembrane; d) Multilayer membrane crossection;
(e) Details of the radial section of the coated meamar showing the water
composition pofiles, with reference to SGMD of a saltater solution[47]
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Chapter Two

2.2.1.1SingleChannels

The studied membranes have a cylindrical geomettlyase composed of four layarslicated
by () schthat)) can be noted as (1) or (2) or (3)
or Al ayer 30 or t hashldyer)ipgharacteriaed byeats goreesponding@orey .
diameter @p), thickness§) and porositytortuosity ratio ( YjJ. U)

The single channekhat were studiegossessethe following geometric characteristics. They
had an inner diameter and outer diameter of 7 mm and 10 mm respectively with a total length o
250 mm. On exclding the length of the end caps, the effective length of the single channel is 224
mm and its effctive inner ared is 49.2 cm. The characterization involved different kinds of
samples which can be referred to as follows.

1 The samples representingthen c o at ed membr ane containing

referred to asSupp&Bpport A0 and i

1 The samples representing the basic uncoated membranes composed of the four layers are

referrebDAdoa@dBOmMS

1 The samples representing thet®s membranes composed of the four layersederred to
as NS25%83b61aad i

The mantacturer provided theomplete information of the morphological parameters of each
| ayer of the uncoated singl e c ltanbarfeuhdsin Tablet h
(2.1) in the form of nominal values. These values were obtained by meastirprocedures
described by the manufactud6] such thascanning electron microscop®EM) was applied to
estimate the thickness of each layer while mercury porosimeter was used to predict the
correspondingolume porosity.

The combination of single gas permeatitests and modeling was implemented by the
manufacturer to estimate the tasity factor of each membrane layéd6]. The model used was
the dusty gas model (DGM) considering the transmandgas flow to be due to the contributions
of the viscous flow and Knudsen diffusion.
permeation tests. By combining exmpeeintal and modeled permeance results of the support layer,
itwas possiblete st i mate its tortuosity factor. Then
on the support. Single gas permeation experiments and modeling were performed again but th
time, on the membrane composed t he A s uppo together. arhisalowd tlzey e r

t h

estimation othe tortuosity factorofi ayer 10. The same concept was

the tortuosity factors of fi | tha yotng tha? this kind of t h
characterization iisgt h e byl aayyeerr 0 allowed the chédiracterization of all the connected
open pores involved in the gas transfer across the four layers of the membranes. Therefore, in ord
to interpret the resultsr@cisely, it is important to observe that the values of the tortuosity are not
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absolute. This is because they depend on the values of volume porosity and pore diameter applied

in the modeling equations of the DGM. Therefore, the porasityosity ratio ¥/ )Us the value
that is given by the elaboration technique rather tharvdleation of the absolute porosity and the
absolute tortuosity. This can explain the reason of reporting the data in the fdvf) @f Table
(2.1)

The hydrophobizatiorensures the immobilization of the liquid/vapor interface at the pore
entrance at the liquid/membrane interface. This principle is demonstrated fillejgepresenting
pores that are not floodday the liquid feedDespite the fact that the hydropholmicating was
di stributed along the surface of all the po
of the membrane is deemed to be effective.
liquid feed during MD processes.

Table 2.1Morphologicalparameters of single chann@ominal values providedy the manufacturer)

<

Membrane Layer g (um) | dp(nm) Y, (Yy U
support 1500 4500 0.33 0.11
layer 1 30 800 0.34 0.20
layer 2 30 250 0.39 0.34
layer 3 10 100

2.2.1.2Capillary Bundles

The studied capillary bundles possessed geometric characteristics that are reported in Tab

(2.2). It is important to note that although, the manufacturer provided the necessary morphological

parameters of the fA wpooditatheesmiedschabnels (dele dable Zcisa t C
a)), the support thickness was not given by the manufacturer. Besides, both the pore diameter ar
theporosityt or t uosity ratio of Al ayer 30 in case
In thisPhD thesis, sirlg gas permeation experiments and modeling were applied to estimate these
morphological properties that were not provided by the manufacturer.
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Chapter Two

Table22Char acteristics of ficoatedod capill a
Membrane fiber Bundle and vessel

Usupport ID/OD N L AN shell OD
code ,

(um) | (mm) | (fibers)l(em) | (enp) (cm)
B2754
B2755 750 1.56 /3.20 37 20 363 3.60
B2756
B2758 580 1.90/3.20 22 20 263 2.50
B2888 750 1.90/3.54 37 20 442 3.60

N: :number of fibers, ID:inner dianter, OD:outer diameter, L: length afiodule

2.2.2. Gas Permeation Experimental Tests

Following the morphological characterization concept performed by the manufacturer,
traditional equipment was usedthis PhD thesisluring gas permeation te$fis172]as shown in
Fig (2.2).Dry air was allowed tpass across the membrane and the bundles in eeddadode by

means of transmembm e t ot al pressure difference. The
for all the samples such that the air was introduced in the lumen side and then it permmeased ac
the membrane towards the shell siedes.e Sroondee 0S

that the air passed from the shell side towards the lumen side. Gas permeation tests took place
room temperature20°G-24°C). The total pressure differem@cross the membrang ) during

the tests was in the range of .2 bar. Ths corresponded to average pressBs@ {alues ranging

from 1 to 7 bar. The average pressi#g)(represented the arithmetic mean of the inlet and outlet
gas pressure vas.

Two flowmeters were available. The choice of the manometer that wasused depended on
the range ofjasvolumetricflowrates Flowmeter F1 which was located upstream the membrane
was used in the case of flow rates higher than 1200 S wile flowmeter F2 was used
downstream the membrane in the case of flow rateging from 400 to 1200 STP%h. The
temperatures of the inlet and outlet gas streams were also measured by temperature indicators T
and TF2 respectively.
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pI—p—————
V- V-3

2 -3 Gas out

s o
I3

Gas in ¥ i !
_.I>T<]— \",—'»E[[ MC ]
V-1 : V-5
= ®

V-4
F1 Flow Indicator TI Temperature Indicator
MC  Membrane Contactor V-1,v-3 Regulating Valves
P1 Pressure Indicator V-2, V-4,V-5 On/OfT Valves

Figure (2.2) Equipment setip for gas permeation experimental taatstraight mode

The protocol of measurement required a preliminary drying of the virgipleaman oven at
60°C for 4 hours. This was followed by a stabilization step in which the sample was kept, for at
least 1 hour, at a transmembrane pressure difference of 1 Iblarthe&i atmospheric pressure
downstream the membrane. The gas permeatioipregat shown in Fig (2.2) was designed to
measure volumetric flow rates of air across the membranes. Different (aneaage)pressure
values and transmembrane pressure gradients wagplied during the tests. Valve-1Vwas
connected to a dry air line (maxum pressure available was 7 bar). Valved &hd \/5 were kept
closed during all the trials while valve-3/ was kept open. Various combinations of pressure
difference values acregshe membrane were obtained by regulating the openings of val/esy/
V-3. These values were calculated according to the inlet and outlet pressure values that wer
measured by the manometersiPAnd P42 respectively. For each valueRy, a stabilization time
of at least 10 minutes was required after the regulation cfetpwint. Three or more subsequent
measurements of the volumetric flow rate were performed. Then the arithmetic mean of the
measured values was considered as the final value.

Eventually, for air permeating across the membrane at a molar floMgatéhe experimental
membrane permeance results were elaborated versus the values of the average pressure across
membrand,. The experimental membrane permeance was caldigtEq(2.1) according to the
total transmembrane pressure differequdg: and was based on the membrane inner interfacial area

A, . Aiming at comparing the different samples that possessed different interfacial areas, the
permeance was reported with reference to the inner area of each sample.
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Nair
permeance (2.1)
N tot

2.3 Theoretical Premises for Discussion of Results
2.3.1. Diffusive Mass Transport in Sweeping Gas Membran®istillation

I n order t o under st an dsectioh, esomé theoeticdl premisesrace  d |
necessary. Mass transport in MD across a multilayer cylindrical membrane is considered, in which
the driving force is represented by arcentraton gradient across the membrane. The scheme and
notation of FigR.1e) are used for the development of the following equations; in thattbase
concentrationgradient isfulfiled by using a sweeping gas in the permeate §lg4]. The
considered case refeisthatof aqueous solutions containing only one volatile compound (as it is,
for example, thesimple case of sodium chloridevater solutions with air as the sweeping gas
stream). However, the same kind of composition profile across the meni&inana in Fig (2.1€))
can be expected in other MD operations, such as direct contact MD and/or air gap MD and/o
ogmotic distillation[1,4].

Mass transfer across the membrahging sweeping gas membrane distillatiddG{ID) is
represented by the transfer of water vapor across four cylindrical layers containing a stagnant ga
phase. The case of molecular diffusion across a stagaaunhder steadgtate conditions is well
known in literaturg180]. In the case of macroporous membranes, those equations require some
modifications in order t@onsiderthe pssible different contributions to theesultantdiffusive

mechanism, as well as of the number of pores existing in the cylindrical wall of the membrane

Although molecular diffusion is the main mechanism, owing to the rather high pore sizes, the
contribution of Knudsen diffusion can be accounted as well and included in an equivalent

diffusivity DWeq, according to the Bosanquet equatid®1], as represented by EQq(2.2). The

Knudsen diffusivityDNva depends on the average porenu#er and the average temperature

1 1 1 d. [8RT
= + ; Dxn; ﬂ,’—a’ (2.2)
D\Neqj DWG DW Kn j 3 pMW

Ry andMw represent the universal gas constant and the molecular weighttresgeD,; is the

molecular diffusion of water in the gas phase, which should be calculated at the temperature and
pressure existing in thjeayer.

existing in the jlayer.
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Thenumber of pores per unit Ienngj, is included irthe volumeporosityfor layer j ) which

generally depends on the radial coordinate. It can be considered as an average value, according|to
the relationships (2.3), which are weittreferring to the case of cylindrical pores of equal diameter,
assuminghe logarithmic mean surfadew as average interfacial area.

2 2
e (r) — a€ _Vvoid N depj : ?I NP dpi N'b_dgl
| VtOt 4A-MJ : dj 8rI.M J L 8rLM ]

(2.3)

The general equation describing the total molar flow per unit length acsosgle membrane layer
(Nj,) is then represented by Eq (2.4), in which the mass transfer coefficient of water-iaytbe j

of the membranéw; is defined straightforwardlyconsideringthe volume porosity and the pore
tortuosity.

N. — Zp @j quq,j Ing- varOUT,j (@)’:KN C zpr In 1ayW,rOUij . 8‘/\/ é__e ’:DWeq i
. ooy @ Yy, O My, oM & Fg B
t3In—= ¢ g S C Wi j

NN,

v j andfoyr ; represent the inner and outer radfithe layer ), Cj is the molar concentration of

the gas phase inside the layer &)ds the mole fractionin ca® of a mitilayer membrane, under
steadystate conditions, by using Eq (2.4) ipigssibleto combine the mass transfer coefficients of
each layer to obtain the mass transfer coefficient of the memkwaneith reference to the scheme
and notation of ig (2.1e), Eq (2.5) can be finallgerived.

1 3s 1
: A (2.5)

Nti)t él- me-G
_Inm ’
K @ 0 ym 122 K 2 Py

KNmszprLM,m_ éﬁl_ yWI

|-aD: O

Eq (2.5)does not contain adjustable parameters depending on the process type nor on the process
fluids; the morphologicalparameters of each layer can be determined by independent
measur ement s, a-By-l my ke 0i nkleWdhdoetdd [Mbdy forenstance. When
the parameters are known, Eq (2.5) can be used to predict total flux across the membrane, to
simulate module and process performances at any operative conditions of temperature, pressure and
composition, once the mofraction of water is related to the corresponding bulk conditions.
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2.3.2. PressureDriven Gas Transport in Macro-Porous Membranes

Single gas permeation across porous solids is typically due to the contribution of three main
mechanisms[182]: a viscous motion according to Poiseuille flow, the Knudsensidfuand the
so-called slip flow regime. Often, as an alternative to that model, the Dusty Gas Model (DGM)
[102] is usedconsidering onlythe viscous and Knudsen contributiofifie DGM approachvas
applied in the current chapter for debarg the single gas permeation across the membrAses.
the work in this PhD thesisontinues and completes the morphological characterization started by
the manufacturef46], it is mandatory to@ply the same equations previously used, since all the
morphological parameters (reported in Table (2.1) as nominal ones) are related to each other and
therefore they shouloe used consistently. A summary of the equations used in this work is reported
in the following (schemes and notation of Fig (2.1) are used). At a generic axial section of a layer |
of a cylindrical membrane, the steaghate gas flow rate of componentdgcross the layer per unit

length(Ni), under a constantgssure differencep P, can be expressed as reported in Eq (2.6a).

Ni=a,2m,, B (2.6a)
a5 @R, % B L ‘”'
a?‘_a’ ) e F@gSEGRgﬁ " 3 [2RTM
P +P
av,j:w,]#oum; IR EIN,] %UT,]

in which Uj is the permeance of componeracross thg-layer; Pinj and Pout, are the inlet and
outlet pressures, resgively, in thej-layer; @ andCjj are coefficients representing the viscous and
Knudsen diffusion contributions, respectively;is the dynamic viscosity of the gas.the case in
which the parameters can be assumed as constant values along thenmefflctve length (or

as average values alohyj the total gas flow rate across the layer can be written as:

N=a2ma,,L B 3a, P (2.6b)

Apparently, the permeance of each layer depends on the morphological parametéfayaith
the gas properties and the operative conditions. Combiningdie transferesistancesf all the
layers, the overall membrane permeatdg) of the permeating componentan be expressed by
Eq (2.7).

e3S 1 g
Ni Zaim ALM,m [Rot UN ea L)J — Ftp (2.7)
@J—l i ALM i U
1 3,s 1 3s
B - PD P= P -
a'imALM,m a_.l EGA_M] tot j:? i N3 fouT.s
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It is important to observe that the porosity parameter of each layer, appearing in Eq (2.6a)
corresponds to the same volume porosityngef in Eq (2.3).In the case of dalyer membrane, as
it is the case of this work, Eq (2.6a,2.6b) represent af sxjuations which allow to calculate the
gas molar flow and the pressures along each layer, if the operative conditions of temperature and
of Pin,zandPour s(that is ofgp ) are given in addition to knowing the values of the morphological
parameters of each layer. The permeance of each single layer, as well as the total membrane
permeance, can be finally estimated straightforwardly.h@mther hand, Eq (2&.7) canbe used
also to calculate the unknown morphological parameters of a layer, by fitting the experimental
results of total permeance, assuming that the morphological parameters of all the other layers are
known This procedure is exactly the one usedNdyWeyd et al.[46] to calculate the tortuosity
factors of tohfe thhseu piploarytedor sa nld snglel chahiels,arid ittvih e f u
be used also in this work to estimate the magrp
and for coated samples.

The results can then be compared to those obtdoiledving the usual protocols used for
polymeric membrandd4,36,172] according to which average values of the pordsitiuosity ratio
( Y+ ddd of the average pore diametigr are calculated by fitting the experimental results of
permeance over thattre membrane. In that case, referring to the notation of this wor2.Byy
represents the overall membrane permeance as a functithre @fverage pressure across the
membrane, according to the DGM premises.

N a d
8y = ' a?e 8[ (2.8)
A_M,m DR, ot G g; m
d2 _ 4 do,
A = SR T, » Gm 3 ,—szg —

P, +P 3
DRot :RN POUT : F;v _HZ—OUT ;dtot:a- CI'
j=1

It is selfevident that Eq (2.8) predicts a linear behavior of the total membrane permeance with
the average pressure existing across the overall membrane; the parameters can leel estimai
according to a very simple fitting procedure which accotort¢he slope and the intercept of the
interpolating straight line.
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2.4Results and Discussion

2.4.1. Gas Permeation
2.4.1.1Single Channels

The Air permeance experimental dat@sed orthe inner areaf the membrane sample as
defined by E(2.1) are shown in Fig (2.3), for different kinds of single channels, as a function of

the average pressure across the membrane. The comparison between the permeance of the

funcoat ed s uag)andthéed viesiand! egeer meance of the fAunc
layered membrane) is shown inKig2 . 3 a) . I't can be observed that

is nearly five to ten times greater than the corresponding values for the uncoatedhsnglels.
Thiscan be attributed to the relativel y(8bar ge

coatedo sampl es. On olserved betwarl the results obtdinet by ¢he e n

O St o O

onfirmation that the measurement procedure
On the other sideghere was aamarkable effect of the coating on therpeanceln fact, the coating

resulted in a 50% reduction in the per meari
Auncoatedo ones.

Permeance of supports and uncoated single channels Permeance of uncoated and coated single channels
3.6
22 AS2515-Trial 1
20 @ Support A-Trial 1 ©82515-Trial 2
A Support B-Trial 1 3.2 | |052515 Reverse 00" Uncoated
-+ 18 @ Support B-Trial 2 - AS2516-Trial 1 & —
'g s - —fitting support A ' ©82516-Trial 2 o0 \ fitting at
~ 16 | (£/r)=0.12 ® ’ — fitting support B =28 0S2516 Reverse % AT A (&);=0.13
> d_=464Inm ” ----fitting single channel x A‘S'DA'T".‘H 1 %’ A A d,s=100 nm
= 14 | oh & & S-DATvial 1 =4 oS—DA‘-Tr@fE %, N
= 12 @ A o S-DA-Trial 2 g AS-DB-Trial 1 o
= e (£/7),=0.11 A S-DB-Trial 1 < @'%
y E Coated

g 10 d, =4327nm g 2 @
s =
s 8 = .
% * % 1.6 fitting at
£° & (&) =0.031

4 uncoated 1.2 d,;=169 nm

R .»-MXMM'Q"%-M-OO- single channels

N S R R T R R 0‘8 *

0 4 2 3 5 6 7 a 0 1 2 3 4 5 6 7 8
Py, (bar) P, (bar)

@ (b)

Figure (2.3) Gas (air) permeation experimental and modeled results at room tempeiatase of:
(a) Supports and uncoated single channels (b)Uncoated and coated single chani

Both, the experimental permeance results (points) aneleddsults(fitting lines) are shown
in Fig (2.3). Themodeled results were obtained by fitting the unknown morphological properties
to the experimental results according to the lelayer (LBL) method represented by the
Eq(2.62.7). All the morpholgical parameters estimated are collected in TabB éd compared
with the corresponding nominal values given by the manufacturer; the quality of the fitting is

expressed in terms of the corresponding percentage relative error (%RE) between thedalculat
and experimental data.
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Chapter Two

Obviously, the expected niear behavior of the DGM was obtained according to the
experimental and modeled results in case of both, the uncoated and coated samples. This indicatg
that the model premises had been fulfilled.ddling results showed that there was a substantial

reconf r mati on of the nominal v al ue of the funcdatkde i
samples, its porositiprtuosity ratiol Y éstimated according to experimental and modeling results

showed that it was | ower t hannd tfhlLea yceorr rlecs pbountc
t hem. Besi des, results enabled the reconfi

declared by the manufacturer.

The same characterization procedurésoupling of experimental and modelgaermeance
resutg was foll owed for HALayer 30 of the fAcoat
parameters of the other three laglliayer 206, flLayer 10 and ASup
coating procedure. Thisi based on their relatively pore
obtained results were rather interesting. The estimated potoditpsity ratiol 8 / U) of AL
values were found to be | ower t han imndiedporal u ¢
size of Alayer 30 was observed to be higher
results showed that the coating had te@n increase in the average pore size and a reduction in
the porositt or t uosi ty r athe sametime. THeseyesults cAndbe explained by
considering the very first step of the coat
is possible during the carbonization st&esides, th@ydrophobization step involvirtye grafting
procedure with fluoroalkylsilanes could result in an additional foeking. Consequently, the
pore size distributi on toaHe onidsianyokthre sn3abblockedpbres b
which could augment the average pore diameter. Such resuftsigeement with those observed
by other authors with different membranes grafted by fluoroalckylsilaiTe$38,173]

The concluded morphological properties of the membrane layers corresponding to the coated an
uncoated singlehannelsare reported in Table (2.3) which can be regarded as an update of the
values provided by the manufacturer shown in Table (Z.h).e fnaver age membr a
met hodo (AMM) expressed by Eq (2.8), wass US
accoding to the experimental data shown in @&db). The correspondirrgsultsof the estimated

average morphologitaroperties are also givenTable(23) as fAaverage memb
both, the coatec&nd uncoatedsingle channelsThe calcuations pegormed according to the

nAMMO met hod al so not ed t he effect of coat]|

possibility of poreblocking due to the carbonization and grafting steps. This went in agreement
with the observations obtained usiihg LBL method.
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Chapter Two

Table 23 Morphological parameters of single channels. Nominal values are compared with those obtained by gas
permeation tests elaborated according to different procedures

<

tj (um) dp (nm) Y ( ¥y U %RE
uncoated singleehannels
1500@ 4500@ 0.33@ 0.11@
support
4484(3)®) 0.11(3)® 12.16
layer 1 30@ 800@ 0.34@ 0.20@
layer 2 30@ 250® 0.39@ 0.34@
1009
layer 3 10@
100(3)® 0.13(3)® 3.52
average membrane |, 5on@ | 53p(3)© 3.90(3)© 2.39
values
coated single channels
layer 3 10@ 169(6)® 0.031(6)® 3.54
average membrane | - oo66) | o59(6)© 1.94(6)© 2.98
values

(a): nominal values bynanufacturer, (b): obtainedin this thesis b¥q(2.6,2.7), (c): obtainedin this thesidy
Eq(2.8) %RE: average percentage error between modeled and experimental values

According to their definitions, the porosity could not be above unity whédetdhtuosity factor

could not be below unity. Teiwould result in a porosHiortuosity ratio that should never be above
unity. However, the morphological results estimated by the AMM method appeared to be
inconsistent with their physical significance Bubat thesstimated porosityortuosity ratio alues

were larger than unity. These values ofdlierage porosityortuosity ratio are aligned with those
estimated by other authors who carried out some elaborations of the same characterizatior
approach uag the AMM methodKoonaphapdeele& Li [36] documented that for 300 um thick
alumina fibersjt was possible to atita porositytortuosity ratios of 1.88 and 2.2drfnongrafted
and grafted membranes respectively. Therefore, it could be indicated that the average
morphological properties of the entire membrane based on the AMM method might not offer an
accurate estimatioof the important membrane mass transpognies that are required as inputs

to membrane distillation modeling.
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Aiming at understanding the role played by the morphological properties of each layer in
constituting the mass transfegsistance of the membrane during gas permeation, the pressure
profile of air was modeled according to the lagg+layer characterization method along the
direction of the transmembrane flw. This is presented in Fi{R.4) for coated and uncoated
single channels. The negative effect of the coating on the permegpeared in the relatively

| arge pressure drop in the | ayer at the vici
channel with respect to corresponding pressure drop inathe snembrane lay@n case of the
uncoated sampldt can be o indicated that for both, the coated and uncoated single channels,
the main pressure drop occurred in fiLayer 3
be relatively insignificah. Thi s can be attri but e dhesnmllesthe
pore size while theupport possessed the largestes size and porositgrtuosity ratio among the
membrane layers.

Pressure profiles in single channels
36

33

25 o ® ® @

3.15
3.1

3.05

[ 10 20 30 40 50 60 70 80

Pressure (bar)

—coated §2516-Trial 1
—uncoated S-DA-Trial 2

500 750 1000 1250 1500
distance from feed-side (um)

Figure (2.4) Modeled Pressuregrofile during air permeation at
room temperature for wwoated and coated single channel

2.4.1.2Capillary Bundles

The experimental results of air permeance as defined §2.EEgare shown in Fi@R2.5) for the
capillary bundles. Besides, theo d el ed per meance v alyluays@Bbhjas ed
method for estimating the pore diameter and pordsioyr t uosi ty ratio of
represented by the fitting lines. Similar to what hasnbmentioned for the single channels, the
modekd results assumed that the carbonization and hydrophobizaion procedures did not
significantly alter the properties of the other three layers. The corresponding modeled
morphological results are given in Talpk4).
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Bundle B2758 was chosen as a esm@ntative of the coated capillary bundles. The high degree
of agreement of its experimental and modeled data estimated by the LBL method as shown in Fig
(2.5b) encouraged the usage of its geometric and mimigibal properties as inputs for further
modelng studies. This bundle was used for modeling the SGMD resistance and for modeling the
pressure profile across the membrane layers during gas permeation results as it is given by Fig

(2.6). Similartowhathad e en observed f or t3hoe rse pnrge see ncthsa ntnhe

the greatest pressure drop and consequehnttgpresents the controlling resistance during air
permeation test®y comparing the results of the single channels to those of tiikagapundles,

it can be noted that the ovdralr permeance was not affected in a sensible manner by the different
thicknesses of t he fAs ughanoel andthat pasgessed by thescapdlarys e
The reproducibility of the results wagell-attained for all the studied bundles. Hawer, the
capillary bundle B2758 seemed to be much more aligned with single channels.

[®X

Table 24 Capillary bundles: elaborations of gas permeance data.

Parameters of layer 3 Average membrane parameters
dps (Y4 U RE% dpm (Yh U RE%
cock
(hm) (hm)
B2754 | 548 0.0029 3.14 468 0.27 3.36
B2755| 534 0.0032 4.69 1232 0.053 7.56
B2756| 435 0.0044 3.41 354 0.44 3.40
B2888 | 328 0.0069 3.13 337 0.38 3.25
B2758| 68 0.084 3.03 87 3.414 2.89
Permeance of coated bundles Permeance of coated bundle B2758
2 2
iR o

* B2888
--~fitting B2754
fitting B2755
——fitting B2756
— fitting B2888

-
o

—fitting dp3 and (&/7)3

o
n
=
o
L

"
~N

-

(mol/(h m? bar)) x 10*
W
L ]

S
-}
(mol/(h m? bar)) x 10-*
- -
N

S
o
-

o
&

o
o

@) (b)

Figure (2.5 Gas (air) permeation experimental and modeleditssat room temperature in case of:
(a) Coated bundles (b)Coated bundle B2758
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Pressure profile in coated bundle B2758

Lo
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'
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3.15 l\‘_/

31 Mttt - : t t t t
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distance from feed-side (um)

Figure (2.6) Modeled Pressureprofile during air permeation at
room temperature for coated bundle B37

2.4.2. Membrane Mass Transfer Resistancen SweepingGas Membrane Distillation

The morphological characterization developed in the previous sections aliesvpdediction
of the parameterédy)s and (Y 4 nécessary for the determination of the allemass transfer
coefficient of the membrane, as described by Eq(2.4,2.5) to sefpradict the transmembrane
flux in MD operations. Based on those results, it was then possible to estimate the mass transfe
resistances of each layer and the overalist&sce across the multilayer membraRer that
purpose, the relationships reporiedeq(2.5) are reelaborated according to Eq(2.9), to get an

expression of the mass transfer resistance of water across the total mgmpraardacross each

layer j( F_% ).

Re= + R, B (2.9)
"ok e 2 K T .

Vapor/liquid equilibriumwasassued t o take at the pore entr q
given operating temperature and pressure for pure water in the liquid phase and water/air in th
vapor phase. Aiming at understanding therdedyy which the operating conditions and support
thickness affect the modeled mass transfer resistance, the following case studies were considere

1 Base case: 7C , 1.5 bar, original support thick
Case A: 96C, 1.5 bar, oginal support thickness suchtias{ support ) =1500 Or

1
1 CaseB: 7€C, 2 bar, original support thickness
1

CaseC: 7@, 1.5 bar, small support thickness
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By comparing the results cases, A, B and C those of the Base case, it would be possible to

identify the extent of the effect played by the liquid temperature, gas pressure and support thickness

respectively on the motisl mass transfer during SGMD.

It is worth noting tlat even though the anated channels cannot be employed in MD due to
their hydrophilicity, their transmembrane mass transfer resistance during SGMD was modeled in
order to compare their performance to that of the coated channels. This could be beneficial i
evaluatingthe coaing effect on the transmembrane mass transfer resistance during SGMD.

The total membrane mass transfer resistance and the resistance of each layer during SGMD are

shown in Fig (2.7) according to the morphological properties astinby the LBL methah It can

be demonstrated that the controlling mass t
be attributed to its relatively large thickness when compared to the othar ageronsidering the
original support thicknesg 500um), the suppotayer thickness represents around 95.5% of the
overall membrane thickness. Given that the mass transfer is purely diffusive during SGMD, the
thickness plays a great role in the mass transfer resistance at given operating condiigons. T
explains the reas why the support controlled the SGMD process. The same observation was
drawn for the coated and uncedtsingle channels. Even thouttje coating significantly reduced

the permeance of the membranes during air permeation, it dicigwificantly affectthe

transmembrane mass transfer resistance during SGMD. This could be demonstrated by the almagst

similar results obtained for the coated and uncoated single channelg2n7/&igand (2.7b). There
was a remarkable percentage incraastne SGMD masstranf er r esi st ance of
the coating procedures. Despitet, the percentage increase in the overall membrane resistance

was negligible due to the relatively insigni

membrae resistance. This due to the fact thdhee f f ect of the pore siz
resulting from the carbonization and hydrophobization could be significant when the viscous flow
was considered. However, the negative effect of the poreesiderc t i o n urelg diffusiva t h
flux during SGMD is negligible when compared to the corresponding role played by the large
support thickness. This can be illustrated by(Bigc) that compares the total membrane resistance
resulting from the contribtion of the morpholog of each membrane layer to the membrane
resistance resulting from a hypothetical s
membraneo is assumed to be a single membra
Accordingto the results, th€GMD modeling of the original-4 ayer ed membr ane

equi val ent o membrane is accepted in case mode
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SGMD resistance for uncoated single channels SGMD resistance for coated single channels

1200 1200

1100 ¢ B 70°C, 1.5 bar, d(support)=1500um 1100 £ | m70°C, 1.5 bar, d(support)=1500um

1000 £ B 90°C, 1.5 bar, d(support)=1500um 1000 B 90°C, 1.5 bar, d(support)=I1500um

e B 70°C,2 bar, 3(support)=1500um — 900 8 70°C,2 bar, d(support)=1500um
= 800 | § 800 £ | m79°C,1.5 bar, & =1000)
§ B 70°C, 1.5 bar, 8(suppory)=1000um d 1.5 bar, d(support)=1000um
~ 700 t ¥ 700
¥
S 600 | § 600
3
3 500 g 500
el
S 400 | =
P~ 400

300 | 300

200 | 200

100 © 100 F

0 o L mmmBlm
Layer3  Layer2  Layerl  Support Total (LBL) Layer3  Layer2  Layerl  Support Total (LBL)

@) (b)

SGMD resistance for coated single channels
1200

B 70°C, 1.5 bar, (membrane)=1500um
1100 W 90°C, 1.5 bar, 5(membrane)=1500um
B 70°C,2 bar, d(membrane)=1500um

B 70°C, 1.5 bar, 5(membrane)=1000um

g

Resistance (s/m)

Total (LBL ) Support-equivalent

©

Figure (2.7) Modeled SGMD resistance (LBL) at different operating conditions and support thickne:
case of: (a) uncoated single channel (b) coated single channel (c) coated single ahdrihel
comesponding fisupport equivalento

The negative effect of the supptitcknesson the membrane resistance dgriSGMD is also
explicitly identifiable in Fig(2.8a) for each given set of operating conditions. However, as the
supportthickness decreases, the improvement effect of its reduction on the membrane mass transf
coefficient decreases. That is becausestgrificance of the role played by the other membrane
layers increases as the support thickness decreases. The morphguomperties of each layer
allowed the estimation of the water vapor mole fraction gradient across the membrane layers as
is shownin Fig (2.8b). The change in water concentration across the membrane is almost due to th
contribution of the support wth is regarded as another confirmation of the fact that the support
controls the SGMD. However, A dntaatioa gradign dueng p e |
SGMD. This is attributed to its relatively small pore size and portsityosity ratio with repect
to the other membrane layers.
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Effect of support thicknes on membrane resistance Water vapor mole fraction gradients in single
(by LBL) during SGMD for coated single channels ‘P ¢ ! 8! 31
channels during SGMD
—70°C, 1.5 bar 0.5
900 [| —90°C, 1.5 bar ~ 045 |1 L i e |
= I ] ! H
= =—70°C, 2 bar S 04 . 1 ]
Ss00 | &) [ OREERORNON
N = 035 ' : H
E 0. ] ! '
¥ 700 | = 03
= ;\_@ 10.305 0
= S 025 b=
& 600 [ = ! O} ‘ H
S 3= 0.2 Eit Mo”“w‘ 0w w0 o e 70w H
& H] i 1
500 S 015 ko
= o1 bl
400 i
0.05 (o
300 1 1 1 i L L o rl L 1 1 1 1 L I
650 800 950 1100 1250 1400 1550 0 250 500 750 1000 1250 1500
Support thickness(um) distance from feed-side (um)
@ (b)

Figure (2.8) Modeled SGMD (LBL) for coated single cimeel showing: (a) effect of support thickness on
membrane mass transfer resistance at different operating conditions
(b) Water vpor mole fraction gradients in the merabe layers

Fig(2.9) representshe comparison between the SGMD transmembrane massetraesistance

obtained according to the morphoebylogyemad LIk

method and tha obt ai ned according t o properties

mor phol ogyo (AMM) met hod. | t dsa@reatlyourderesbnsated v e
on considering the morphological properties estimated by the AMM and that it is veryoctbee t
mass transfer resistance of ALayer 30. This

to be the controlling layer ding gas peneation and thaverage morphological properties of the
membrane estimated by the AMM were based omg#sepermeation experimental results without
considering the role of each membrane layer. Apparently, the extent of the positive effect of
increasing the liquid temperature and/or decreasing the gas pressure on the mass transfer coefficic
during SGMD canbe noticed form the mass transfer resistances corresponding to different
operating onditions in Fig (2.72.8a,2.9).

SGMD resistance for coated single channels
1200

1100
1000

B 70°C, 1.5 bar, d(supporty)=1500um
B 90°C,1.5 bar, d(suppory)=1500pm
B 70°C,2 bar, d(support)=1500um

900 | p 70°C, 1.5 bar, d(support)=1000um
800 |

700 F
600 |
500 ¢
400 ¢
300 £
200 F
100 ¢

0 E D e e

Layer 3 Total (LBL ) Total (AMM)

Resistance (s/m)

Figure (2.9) Modeled SGMD mass transfer resistance for coated single channel sho
resistance of layer 3 and the total meanre according to the morphology estimated b
the (LBL) method and according to those estimated by the (AMM) method
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2.5Conclusions

The combination of the experimental and modeling of single gas permeation was a useful too
in thereconfirmation of some morphological properties declared by the manufacturer and in the
characterization of other unknown properties. The pore dearaat porosityortuosity ratio of the
ALayer 30 were estimated f odanduneateddingle ehpnndlsl a
ALayer 30 which represents the | ayer that
was found to be #h controlling resistance during gas permeation. This was due to its relatively
small pores when compared toe other membrane layers. Experimental results allowed the
evaluationof the negative effecof the carbonization and hydropbization procedure orthe
memlrane permeancehile the gas permeation modeling results allowedatir@ution of this
reductionin permeance to possible alteration in the morphological properties resulting from these
procedures.

The estimated morphological properteewe based on two appr-oaches

byl ayer 6o (LBL) method and tglye nvedAVddjd e dormere mb |
considers the contribution of the morphological properties of each membrane layer on the overall
membrane mass transfaroperties while the latter views the membrane as a single layer and uses
average morphological propertifes the entire membrane.

The modeled mass transfer resistance during SGMD demonstrated that the support is th
controlling mass transfer resasice due to its relatively large thickness with respect to the other

D

membrane layers. Therefore, thex acer bat ed mass transfer r eg|i

hydrophilization procedures was nearly insignificant on the overall membrane mass transfer
resstance during SGMD.

Results also showed that using the average membrane morphological psof@stimated by
the AMM approach as inpute the SGMD modeling equationgjeatly underestimated the mass
transfer resistance during SGMD with respectthe mass transfer resistance obtained on
considering the morphological properties of each layersamated by LBL methadPossible
improvements in thenass transfer coefficient could take place by increasing the temperature,
decreasing the pressure dndreducing the support thickness. However, the operating conditions
and the minimum support thickreesare compromised according to the available thermal and
mechanical stability of the membrane.
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List of Symbols

Chapter Two

Latin Letters

g Viscous flow coefficient of component i in layer |

A Area

G Knudsen diffusion coefficient of component i in layer j
C Total molar concentration in layer |

C, Total molar concentration in membrane

d Pore diameter

Equivalent diffusion coefficient of water

Molecular diffusion coefficient of water in gas

Knudsen diffusion coefficient of water

Masstransfer coefficient

Length

Molecular weight

Molar flow rate of air

Number of pores

Number of pores per unit length

Total molar flow rate per unit length across membrane

Molar flow rater of component i

Pressure

Radius

Universal gas constant

Mass transfer resistance

Temperature

Volume

Mole fraction in the vapor phase

Greek Letters

Permeance

Thickness

57




Chapter Two

e porosity
n Dynamic Viscosity
{ Tortuosity
Subscripts ard Superscripts
av Average
G Gas
i Component i
| Liquid/membrane interface
i Layer j
IN Inner or Inlet
LM Logarithmic mean
m membrane
m- G Membrane/gas interface
ouT Outlet
S Support layer
tot Total
Void Void in membrane
W Water
3 Layer 3
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Chapter Three

Investigation of Membrane Module Performance
during Sweeping Gas Membrane Distillation

of Sodium Chloride AgueousSolution
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Chapter Three

3.1Introduction

The phase of membrane characterization plays a pivotal role in ensuring that the membran
distillation (MD) process requirements are met bygtelied membranes. However, the practical
application of the membranes in MD operations cannot be decidedamoigdang to the results of

the membrane characterization techniques. In fact, the investigation of the performance of the

membrane module dugnexperimental MD operations is essential for the assessment of the
applicability of the module in fulfilling theequirements of the given MD processes at the desired
operating conditions. In addition to experimental studies, modeling of MD could beckenaf

the module performance investigatif82] and the overall process simulation and optimization
[74,183] Modeling studies could offer a clear vision of timportant key parameters affecting the
module performance. This could enable the prediction of the effect of the MD operating conditions
[55,57,119,184hnd main membrane properties, geometric parameters and process configurations
on the overall MD performance. In addition to that, some developeclsaduld allow the
demonstration of how the driving force, the flux, and process limitations vary acrossgtiedén

the module and/or the vessel containing the modidke82] This could be of great importance in
process design araptimization since the optimized operating conditions and process lay out are
mainly dependent on the module merhance. This will be discussed in more details in the part
related to processettelopment and optimization @haptern(5). Accordingly, manyecent works

in literature were dedicated to module investigation for different MD configurations and for various
purposes using experimental and/or modeling sty8&$60,171,185,186]

In the current chapter, sweeping gas membrane distillation (SGMRJimgnts were run by
means of a benescale SGMD setip for the ceramic capillary bundles whose morphological
properties were characterized in Chapter (2). The performance of the studied ceramic membrane
during SGMD was investigated and assessethégeexperimentabktudies. Moreover, modeling
was utilized in the estimation of the water flux and the simulatiomeoifrtodule performanchilaCl
(aq.) solution was selected as the feed stream. Indaatyater desalination is deemed to be the
mainstudied aplcation of membrane distillation in literatuf4l,94,122,128]During desalination
by SGMD, the water permeates from the feed side containing the NaCl (aq.) solution ttevards t
permeate side containing the sweeping gas. The permeated water vapor molecules are then carr
by the sweeping gas towards the outlet of the module where those water molecules can be recover
by means of condensati¢h]. It is worth noting that the computational complexity in modeling
capillay membranes in SGMD has been a challenge facing the application and development of
such technology82]. As for the modeling studies performed in the current chapter, .avaésnt
diffusion coefficientwas employed in describing the transmembrane mass transfer during SGMD
consideringhe contrilutions of the Knudsen and molecular diffusmmechanismsrThis equivalent
diffusion coefficient was calculated according to the Bosanquet equation which is commonly
applied in similar approaches in literature dedicated to modeling the transmembraneamséess tr
in MD operationg1,47,82,98,106108].
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Chapter Three

3.2Materials and Methods

3.2.1. Capillary Bundles

The SGMD experimental and modeling studies regardedc#pdlary bundles that were
discussed in Chapté€2). They refer to the capillary bundles of the hydrophobic cabased titania
membranes. These mermahes were manufactured by tReaunhofer Institute for Ceramic
Technologies and Systems (IKTS, Hermsd@e&rmany) The membranes are composed of four
layers possessing different mpbiological properties. Durin§GMD experiments the liquid feed
was introduced to the tuksde such that the membrane layer in the vicinity of the liquid is named
ALayer sfollowedby fALayefrLadder 10 and finally by
ASupporto. Detail s about t he manufacturing
procedures of the membranes were discussed in Chapter (2). The studied capillary Wwaralle
coced as B2754, B2755, B2756, B2888 and B2758. The geometric parameters of the bundle
including the fiber inner diameted{) and outlet diameteidéur), the number of fibers\), the
effective module lengthLér) and the shell diametedd) arelisted in Table (3.1). The effective
module lengtirepresentshe distance between the shell inlet and outlet nozelesreas the tube
side length is equal to 20 cm for all the bundése LEP values for the studied bundles at room
temperature are alsacluded n the table. They were obtained by LEP tests performed\WgrEla
Corredor et al[8,80]. The high values dhe obtained LEP demonstrated the accepted hydrophobic
character of the bundles.

Table(3.1) Geometric parameters and room temperature LEP values of the capillary bundl

din dout Nt Leff ds LEP
Bundle | ) (mm) (fibers) | (mm) |  (cm) (bar)
B2754 4.2
B2755 1.56 3.20 4
B2756 37 13 3.60 6.2
B2888 3.54 unavailable
B2758 1.9 3.20 22 17 2.50 6.9

The morphological properties of each membrane layer of the bundles are listed i(3T2ble
where the pore size argbrositytortuto si ty rati o of ALayer (30 w
according -hybaydreo indppeoach. eAployadih Enapted?) forr o a c
characterizing the membrane morphol ogical
morphd o gy o ( AhedVyhichmsecommonly applied in literatuf2,10,26] assuming the
membraneto be composed o& single layerwith averagemorphological properties without
considering the rolplayed byeach membrane layer in the overall membrane mass dransf
propertiesThese characterized average properties are listed in (BaB)dor the capillary bundles.
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Table (3.2) Morphological properties of the four layers of the capillary bundles

Layer 3 Layer 2 Layer 1 Support Layer
Bundie| g T a1l &, o) a1, of @1 |, v &
om | Y om ] C @ ] omy | CY ] ey | om) | Y] m)

B2754| 548 | 0.0029
B2755| 534 | 0.0032

B2756| 435 | 0.0044| 10 | 250|0.34| 30 | 800| 0.20| 30 |4500|0.11 750
B2888 | 328 | 0.0069
B2758| 68 | 0.084 580

Table(3.3) Average membrane morphological properties of th
capillary bundles agstimated by the AMM method

Aveaage values
Bundle (Or']?n*; (V4 0)
B2754 468 0.27
B2755 1232 0.053
B2756 354 0.44
B2888 337 0.38
B2758 87 3.414

3.2.2. Sweeping Gas Membrane Distillation Experiment
3.2.2.1Experimental Setup

The experimental performance of the capillary bundles assessed using a bersdale
sweeping gas membrane distillation (SGMD) sethgt was built by F. Varel€orredor[80]. A
representation of the SGMD set up is shown in Fig (3.1). The main equipment involved were the
feed tank, feed pump, membrane contactor, thermostatic bath, gas compressondgaser, set
of valves, pipelines and indicators of temperature, flowsquee and pressure difference. The
elements used in the SGMD pilot plant were carefully chosen ist legh temperatures up to
15¢°C and pressures up to 10 barg. The feed tanepresented by a pressure vessel that is
completely constructed of staintesteel AlSI 316L. The capacity of the feed tank is 5 Liters while
its maximum allowable operating temperature and pressure are 180 °C and 10 barg respectively.
PTFE gasket is @sl to seal the top cover of the feed tank which is connected to indicalkefs, re
valve, sampling pipe and the liquid feed inlet. A pressurized gas cylinder containing inert)gas (N
is connected to the feed tank. The nitrogen gas flow into the feedaarde allowed in a controlled
manner in order to regulate the liquid feedsgree inside the feed tank. Liquid samples can be
withdrawn from the feed tank to measure their conductivity which can be then used in the estimation
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of the corresponding liquiglalinity. The liquid feedwas allowed to flow from the feed tank to the
membrae contactor while the liquid outlet of the membrane contactor was recirculated back to the
feed tank. The required feed temperature was attained and controlled by applyingcestttec

bath using silicone oil that couldperate atemperatures up to 24TC. Simultaneously, the
thermostatic bath was used to heat the gas temperature before being introduced to the membrane
contactor as it is shown in Fg.1). A simple condens&ras used to condense the permeated water
vapor carried by the sweeping gashat outlet of the membrane contactor such that cold water was
used in the condensation processes. Moreover, during some of the SGMD tests, a column of siliga
gel was used afteh¢ condenser in order to adsorb the uncondensed water vapor. The condense
wasused to ensure thabsence of salt in the distilled water to make sure that no salt passed across
the membrane with the permeated water molecules during the SGMD experiments.

s D]

=

GOSU<—( S )« N [ Gom

condensate «—! V-6
F0, F3 Flow Indicators FT Fee d Tank GIC Gas Inlet Compressor
TO, ..,T5 Temperature Indicators FP Feed Pump GOC Gas Outlet Condenser
PO, .., P3 Pressure Indicators V-1,V-4,V-5 On/Off Valves GOS Gas Outlet Separator
AP Pressure difference Indicator V-2,V-3,V-6, V-7 Regulating Valves TB  Thermostatic bath
CS Concentration sampling IGT Inert Gas Tank MC Membrane Contactor

Figure (3.1) Representation of theehchscale SGMD set upsed during SGMD experiments for NaCl(ag.) feed

Y

The liquid temperature and pressure in the tank were measured by indicators T2 and Pi
respectively while the volumetric flow rate and pressure of the feed at thsitigbanlet were
measured by indicators F3 and P3 respectively. Boh experiment, theedired initial feed
concentration was attained by mixing demine
room temperature) with anhydrous NaCl salt. The salt concentration in the agueous solution wa
measured by a conductomet®@ a countecurrent flow manney dry airwas introduced to the shell
side of the module representing the sweeping gas in the persi@atd he gas stream (G0) was

=

92}
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initially at room temperature where its volumetric flow rate, pressure and temperature were
measured by thendicators FO, PO and TO respectively. The transmembrane pressure difference
monitored by the di(shébwa mEig(3.1)wak comralladaduniagthe whole P
experiment ensuring it did not exceed the liquid entry pressure (LEP) valuertoreambrane
wetting and flooding.

3.2.2.2Experimental Flux Measurement Procedures

The rate of change of the salt concentration in the liquid tank was used in estimating the wate
flux and the amount of the remaining circulating ligdidistook placeassuning total salt rejection
by the membraneAccordingly, liquid samples were withdrawn periodically from the tank to
measure the salt concentration of the circulating liquid using a calibrated conductometer. The time
(i) is the time at which the sample igtldrawn from the feed tank and is indicated hy. (
Experimental water flux at timewas calculatethy Eq (3.1).

<mW > My - B - Mo o,
t AN s Dt

(3.1)

where, M, - oy, M, ) represent the mass of the recirculating water (water remaining in the system)

at time(ti - [D) and at théime of sample Withdrawe(li) respedvely while (Dt) is the timeinterval
taken between two successive sample withdrawalsis the membrane inner surface area.

3.3Modeling of Sweeping Gas Membran®istillation of NaCl (ag.) Solution
3.3.1. Local Model

The applied SGMD laad model for NaCl (aq.) feed was based on the following set of assumptions.

=

Steady state process

1 The liquid feed is allocated in the tubrle while the sweeping gas is allocated instinelt
side.

1 Water represented the only permeating component (100%ejgaition)

1 The sweeping gas is insoluble in the liquid feed.

1 The transmembrane mass transfer is diffusive where an equivalent diffusion coefficient was
used taconsiderthe contributions of the molecular and Knudsen diffusion mechanisms.

1 Well-insulated medule (no heat losses)

1 No defects and no leakages (no masses)

1 Ideal gas behavior of the permeatde stream

65




Chapter Three

The set of EqY3.27 3.9) were used to calculate the local molar and heat fluxes in addition to
the membrane interfacial concentrati@msl temperatures. The equations are represented for the
cylindrical geometry of a single fiber having a unit lendftass transfer during SGMiakesplace
over three main steps which distedas follows.

1) Transfer of liquid water molecules through thguid mass boundary layer according to the
film theory[187]. This is described by E&.2).

2) Transfer of water vapor across the membrane 8esEd3.3)) by a purely diffusive flow
due tothe contributions of the matelar and Knudsen diffusion mechanisms

3) Transfer of water vapor through the gas mass boundary layer according to the film theory.
This is represented by K8.4).

The expected profikof the mole fractions of water asdlt during SGMD are illustrat in Fig
(3.2). Mass transfer expressions (E@2 i 3.4)) used the same notations of the mole fractions
shown in this figure such that)(and §) represent the mole fractions in liquid and vapor states
respectively whilehe subscriptsw), (9), (L), (G), (m) refer to water, salt, liquid stream, gas stream
and membrane respectively. At the liquid/membrane and gas/membrane interfaces, the subscripts
(Lm) and Gm) are used while at the liquid and gas bulks, the subscltipjsafd Gb) are used
respectiely.

! '
1 Liquid boundary layer Gas boundary layer H
'

Liquid Bulk membrane Gas Bulk
A}

x;v.Lb :

membrane

Figure (3.2) Expected mole fraction profile of NaCl salt and water in the liquid a
of water in the membrane andetas during SGMD

al- 0
N', = k\N,L I In Xi,Lm Igle (3.2)
ML C - XN,Lb :
P. ai1- o}
N', = Ky Gln% Yuam A, (3.3)
Rng C - wam -
kWG I:)G é'l yWGb 6
N' == Inge d
w RgTG éﬁ- v @ ouT (34)
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where, N, and KN represent the molar flow rate of wabera single fiber of a unit lengtind the

mass transfer coefficient of water respectivélgM,P,T,Fﬁ refer to density, molecular weight

pressure, absolute temperature and universal gas constant respectively. The membrane temperature

T is the arithmetic mean of the temperature at the liquid/membrane inta_rj,qmd that at the
m P q

gas/membranénterface I,,. The membrane inner, outer and logarithmic mean diameters are

represented bydm, dOUT, dm respectively.
The liquid/vapor equilibrium occurring at the liguembrane interface can be expressed by the
modi fied Raoul t §359.aw according to Eq

Yo tm R = p\:\(TLm) 9y LT, X ) X Ln (3.5)

where, PV;, 9...m represent the water vapor pressure and activity coefficient respectively at the
liquid/membrae interface.

174

Both mass and heat transfer occur simultaneously during SGMD. The expected temperature
profile is qualitatively represented by Fig.3) suchthat heat transfer takes place dgriesGMD
over the following steps

1) Heat transfer from thiequid bulk towards the liquid/membrane interface throughliduid
thermal boundary layeiThe heat transfer rate per unit axial length for a single fiber across

the liquid thermal boundary layeRQ' can be estimated by E¢3.6). At the

liquid/membrane interface, a portion of the heat transferred across the liquid boundary layer
is utilized in vaporizing the permeating stream while the reimgiportion represents the

net heat energyQ',; which can be estimateby the heat balance at the liquid/membrane
interface as expressed by &37).

[¢)

2) Thermal conduction across the membrane towards the gas side at neglected convectiv
contribution. This is described Ifyo u r i e[t88]sas givem by E@3.8).

3) Heat transfer from the gasembrane interface towards the gas bulk throughabeigermal
boundary layer as described by BP).
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QL =h (T, -Tn)pdy (3.6)
anet = Q'L -(NIW /\(N‘I,'_m)) (3-7)
' B zpkr(;ond. ]
Q net — T%TLm TGm) (3.8)
|n ouT O
C dIN -
anet = hG(TG m -TGC))p dOUT (39)

where, /", k;ond, h represent the latent heat of vaporization of wakerthermal conductivity of
the membrane and the convective heat transfer coefficient respectively.

Feed-side

: - Permeate-side E
: Thermal i p— Thermal '
' Boundary layer onduction Boundary layer

'
—
'

' Solid Portion
Tp

Pore i Permeate-side

Feed-side | EalC
Bulk h Conduction !

g h

E :

d Heat Flux i

! i

Figure (3.3) Expected temperature profile in the liquid, membrane and gas during SGML

The local model solution strateggnsideredhe following steps and can be represented by Fig(3.4).

1) The local operating conditions for the gas and liquid streams wse@ to estimate their
corresponding physical propertias given in Appengd (A).
2) The mass and heat transfer coefficients in thedigad gas boundary layers weredicted
according to the given geometry and physical conditions.
3) The membrane masmnsfer coefficient and thermal conductivity were estimated according
to:
1 Morphological properties of eacimembrandayer characterized by th2 | aly-e r
| ayer 0 ( LtBdtwas diseussedirdChapter (2).
1 Averagevalues of the membrane morphological propertibaracterized by the
Afaver age membr ane thawasgisecussedingOhapter(2A MM)
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4) The local molar and heat fluxes in addition to membrane interfacial concentrations and
temperatures were evaludtBom the set of Eq$3.2-3.9) using an iterative solution. The
corresponding algorithm of the implemented iteratikecpdures is illustrated in F{§.5).

Local Model
7 Outputs
Inputs INE
Operating conditions L
Morphology !
Geometry \ Q L
'
Q net
v 5 3 X,
Main Algorithm w.Lm
Physical properties > > yw, i
/ y w.,Gm
v
4 TLm
Mass & Heat transfer
&g coefTicients TGm

Figure (3.4) The strategy of theolution of the SGMD local model (NaCl(ag.) feed)

Main Algorithm

Eq(3.8) @ Eq(3.9)
NO

Get Q'nel NO Get Q "76”

Exact 1 1.1 = Guessed value

Eq(3.6) T YES ' Get N',
Exact £ G.1 = Guessed value [«
Eq(3.4)
| Eq(.7) Eq(32) Eq(3.5) Eq(3.3)
Get Q L > Get N 'w " Get xw.Lm > Get yw‘L,,, — iGet yugGm

Figure (3.5 The algorithm used in the solution of the SGMD laonablel (NaCl(aq.) feed)
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3.3.2. Modeling according to Plug FlowConcept

A finite-difference model was employed in the simulation of the SGMD process in the studied
ceramic caillary bundles. The module was discretized in ordesalsiderthe axial gradients of
the operating conditions occurring in the tube side and shelsEEms and to consider the effect
of these gradients on the resulting water flux. This was dong #heraxial direction ¢zirection)
of the modulgaccording to thelug flow modelconcept. A MATLAB code was developed for
the required computationakecution. The module was divided into n elements (units) connected
in-series along the axial directiqz-direction) as it is presented in Fig(3.6). The same adopted
assumptions in the local SGMD model were considered in the axially discretized mattétiona
to the following assumptions.

1 The fibers are identical and uniformly packed in the shellramguniform hydrodynamics.
1 1-D transfer phenomena in the bulks of the liquid and gearsis (zdirection)

+

‘Lr/otv
- &»z

A
( \

A ‘ A
‘O uo “ §1F d. Oﬂ O:
1 2 3 > nl1 n
Az

Figure (3.6) Representation of the axial discretization of the
module into (n) elements during SGMD modeling

In the case of cecurrent configuration, both the liquid (tuisale stream) and the sweeping gas
(shellside stream) flow in thpositive axial directin. In thecase of countecurrent configuration,
the sweeping gas flows in the positive axial direction while the liquid flows in the negative axial
direction. Each elementifit) represents a control volume of constant physicaletims for each
of thetwo streams. The discretization representations in caseafroent and countercurrent flow
manners are shown Figs (3.7) and (3.8) respectively. Fongde fiber the governing axial
differential transfer equations in the liguigedside) and the sveping gas (permeate side) are
given in Tables (3.4) and (3.5) respectively.
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Figure (3.7) Representation of the axial discretization of the module in caseafroent flow (NaCl(aq.) feed)
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Figure (3.8) Representation of the axial discretization of the module in case of caumtent flow (NaCl(aq.) feed)
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Table(34) Governing axial differential transfer equationstire liquid feed
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Co-current Countercurrent Comments Eq.
dng _ . dn _ .. From total mass
dz Ny z N's balance (3.10)
dn _ From salt mass
dz balance (3.11)
an _-Q, ai __Q
dz n E}) dz n f}) From heat balancd (3.12)
dv, _-4N, M, dy _ 4N, M, From continuity (3.13)
dz  pd r dz  pd r equation '
dR _ i dR _ 't Darcyi Weisbach
& 4fr, 2d, = =4fr, 2d, equation{189] (3.14)
Table(35) Governing axial differential transfer equations in theeeping gas
Co-current or Countecurrent Comments Eq.
drg _ . From total mass
dz N', balance (3.15)
dn, _ From air mass
dz balance (3.16)
dT, _ Q.
de n C:t From heat balance (3.17)
,G
a1 6r, _ -8d10 1 4R OM,- M dy, _
e 0 — - ?%—O t— = ——= From ideal gas law (3.18)
¢le <0z c dZz B ¢z -+ M d
advy GV adrg 6_ 4N, M,
GE o 0,62 0 2 inui
Cdz 2°°Fdz T ag2 From Cominuly | (3.19)
pa\l—- dour quation
(; f
2
dP 8N./.v, a (
= A x & :'\If’totad& ( | From equivalent
1-e 00 ¢ & - | annulustheorem| (3.20)

[190]
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nhrepresents the molar fl owo rradfeerpsert d itblree pvih
sweeping gasf 1€y 4 refer to the friction factor, the module packing factor amrdgs viscosity

respectively.V , Vs represent the liquid velocity ihietube side and the gas interstitial velocity in
the shell sid respectively

The expression of the sweeping gas pressure gra¢iant(3.20)) originating from the
momentum balance in the shsitle was based on the equivalent annulus theorem introduced by C.
Gostoli et al[190] in case of laminar flow. This theorem is valid on condition thatfibers are
not closely packed, and that the flow is uniformly distributed. In case efananar flow, Eq (3.21)
was used instead.

—== A= (3.21)

Dirichlet boundary conditions were specified for the governing equations according to the inlet
conditions of both streams.

In case of cecurrent flow, the following boundary conditions were used.
at Z:O: Q; :.Q;,IN’ q ';FA,IN’ -E -EIN
PG = I:)G,IN ’VO,G :VO,G,IN’ rG =,ES,IN’ yw yv:wIN

at Z= 0 n_ :.rll_,IN y Q ;g IN r|l IN? -[ -E|N ’ E) E)I_?\l ' Iy L\,llN:

In case of countecurrent flow, the following boundary conditions were used.
atz=0: i, =i, N AN E Ew
PG = FEB,IN ’VO,G =V0,G,IN’ rG =,£3,IN' yw FW,lN
at Z= I'l'ot : n_ :n_,IN’ Q :’§ IN rI], IN? -[ -FIN’ P EI__N’ Iy IyIN:

Where thelNdubedreirpst tfo the conditions at the s
and @3.8) for the cecurrent and countercurrent configurations respectively.

Finally, thewater nassflux Jw (based on the membrane inner arglafained from a module
havinga totallengthLt can be calculated from the contributions of all the discrgbiz&lements
according to Eq(3.22).
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1 Lot
wo T ﬁ‘]w,z dz (3.22)

ot 0

J

The finite-difference numericahethod was implemented to transform the governing differential
eqguations into a system of nonlinear algebraic equations. For discreglsdents having uniform
thicknesPp ZEq(3.22) can be represented in the form ofE2g8).

M, .n

J,=—— N, :
w nplea,=1 wi (3.23)

The implemented solution algdrins for the axially discreted SGMD models anlustratedin
Fig (3.9) and (3.10) for the exurrent and countesurrent cases respectively.

V4

7=0 at first Run
7= z+Az at later runs

\ 4

Use Operating Conditions
(atz) NO

v

Local Model

l

Ge N’W’Q'L’Q'net
!

Co-Current Discretization Steps Get J

L tot

v

v

Get Operating Conditions
(at z+Az)

Figure (3.9) The algorithm used in the solution of the axially discretized SGMD model in ca
co-current flow (NaCl(ag.) feed)
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Get oJ «

z=0 at first Run
z= z+Az at later runs
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Local Model
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given w I

IN

GetN',,0',,0"
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|
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s X, calculated x,, =x,| .  miiiten
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WoNa
[

= given value ?

Figure (3.10 The algorithm used in the solution of the axially discretized SGMD model in case of eanurget flow (NaCl(ag.) feed)
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3.3.3. Constitutive Equations

Solving the locaimodel represented by the set of E(E2 3.9) necessitated the use of the
constitutive equations required for estimating the mass and heat transfer coeffiti¢nés
boundary layers in addition to the membrane mass transfer coefficidrthermal conditivity.
Regarding the mass transfer coefficient of water in the membrane, its estimation took place
according to an equivalent diffusion coefficigesulting fromthe contributions of the Knudsen

diffusivity D, «, and the molecular ifusivity D, as it has been discussed in Chag®r The
Bosanquet equation (expressed by(BE®4))[82] was used to estimate the equivalent diffusion
coefficient of water in layer (DWeq ) assuming the mass transfer resistances of the moleadlar a

Knudsen diffusion mechanisms to be lying in series. The Knudsen diffusion coefficient in layer
can be evaluated by Kg§.25)[1]. In case of modeling according nworphology characterized by
thelayetby | ayer ALBLO method, the mass transfe
was estinated by Eq(3.26) and was used in the estimation of the overall membrane mass transfer
coefficient according to E(B.27). This was based on summing the mass transfer resistances of
each layer to express the overall membrane mass transfer resistanse.dfmaaleling according

to morphology characterizedbyhe aver age membrane mor phol og
morphologcal properties of the membrane were used directly in the estimation of the overall
membrane mass transfer coefficient instead afgusach layer properties.

1 _1 1
= ' 3.24
D\Neqj DWG DWKni ( )
d, [BRT
She:] m
D 3\ oM, (3.25)
ae e
k=g 6 (3.26)
"G ;o
1 _?.'s 1
=d (3.27)

KNmCmIO dIrnm j=1 ijCj pdlmj

where ¢ represents gas molar concentratiét constant pressure and constamperature (mean
menbrane temperature), the gas molar concentration can be assumed to be constant across f
membrane.

Thethermal conduction across the membrane can be predicted according to the contributions g
the membrane solid matrix and tlgas entrapped inside the membrane pores. This was done
according to the isstrain approach which is commonly used in modelingrdressmembrane heat
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transfer in membrane distillation operatidd®1,191] The thermal conductivity fanembrane

| ayjetermdt bykCond is estimated according to the thermal conductivity of the gaspgettan

cond.

the pored¢™ , the thermal conductivity of the solid mathgy and t he porjogi ty

by Eq(3.28). Apparently, the membrane thermal resistance can be calculatedrbiyng up the
thermal resistance of the merahe layers since they are lying in series. In fact, this can enable the

prediction of the thermal conductivity of the membrane by@2g). The value ok corresponds
to the thermal congttivity of titania estimated at the membeaiemperature.

cond — cond conc
kj - eJ l% "(1 'JE) ksolid (3.28)
o ot
a ad 60
ad % OUT 0 0
kr(;ond |n out : Q IN -0
d kcond 0 (3.29)

P

The values of Nusselt numb@u) in the liquid and gas boundary layers were predicted using
semiempirical correlations that are typically used for shae heat exchangers. The applied
correlations are given in Tab(8.6). The ChiltorColburn analogy incorporating mass and heat
trander [192] was implemented. This aimed at estimating the corresponding values of Sherwood
number(SH. This analogy took place based on the same set of correlations & (3&h)| The
dimensionless numbers used in the empirical correlations are collected i3 @hle

Table (3.6)The applied correlation in the estimation of the Nusselt number in the tube and shell sides

Side Correlation Validity range Eg. | Reference
_ 0.0668Gz, Re< 2100
NU_BBG-T:EB&EEE Gz, <100 (3.30) [193]
13 Re< 2100
Tube Nu=(3.66 4.6iGz,) oicer a5 | 33D ] [194]
(liquid) - -
€ ad, 3 2100< Re <10
13 13 4 o
Nu=0.116 Ré" -12§ P{*¢1 6 oo <lwe o | (332)|  [195]
g% Cube N
Shell — 0.6 996 D/s
(Gas) Nu=0.128d;;°Re® Pr' 80<d Re < ¥ | (3.33) | [196,197]

It is worth noting that{ deq) used in Eq(3.33) is the equivalent shell diameter in inch and is
calculated by Eq3.34). The correlation (Eq3.33)) was developed by D. A. Donohld®6] to
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predict theNufor unbaffled sheltube heat exchangers considering the effect of tube arrangement
on the resulting flow pattern. This was based on the experimental works carried out by B. Short

[198] and by R. E. Heinrich et. §199]. Most of the correlations available in literature for shell
tube leat exchangers were dewpéd for baffled shell configurations which account for the
turbulence effects created in the stsdle. The usage of such relations for unbaffled nrand
modules could lead to owstimation of the transfer coefficients. Thismioted the preference for
using the correlation derived by D. A. Donohue during SGMD modeling.

_ (d; ) Nf dSUT)

" (ds +N; dour) (539

Table (3.7 Dimensionless numbers used in the estimation of Nu and Sh nhumbers

Heat transfer Mass transfer Comments
* kI
Nu= il Sh=—
kcond.
AB .
T I" =d,, (for tube)
Re= P I =d,, (for shell
= vV = V_ (for tube)
eond r DAB V =Ve (for shell)
GzH:RePldi Gz, = Re Se™
ube ube

The gas interstitial velocity in the shell sidg, is affected by the module packing fac&y , gas
total volumetric flow rateVG and shell diametefls as given by Eq(35.
Vo

(1- ep)gegd;

Vo (3.3)

The friction factorf used in tle pressure gradient estimatisra function of the Reynolds number
Reas given in Table (3.8). It is worth noting thihe characteristic length of tfeeapplied in gas

pressure dropstimation is the shell equivalent diametgg

Table (3.8) The effect of thReynolds number on the friction factor

Re <2300 230065000

f 16/Re 0.07Re"*
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3.4Results and Discussion

3.4.1. Investigation of Module Performance duing SGMD Experiments

The experimental operatingpnditions of the studied bundles are listed in T4Bl8). The
symbols of the measured quantities in the table refer to the sameslumen in the experimental
seup representation in Fi@.1). Giventhat bundle B2758 possessed the highest LEP valuegamo
the studied bundles as it has been mentioned in Table (3.1), this bundle was chosen for relative
long SGMD experimental time spar8ome of the experimental results for the capillary bundle
B2758 ae shown in Fig (3.11). Two SGMD experimental triaek place for this budle. Each
trial was conductedver two consecutive days. The effect of the liquid temperature on the salt
concentration in the recirculating liquid is given by Fig (3.11a) andLif3.ior trials 1 and 2
respectively. The salt conceation in the liquid is expressed by the salinity (g NaCl/kg liquid).

Table(3.9) SGMD experimental operating conditions for different bundles and experimental poi
(The symbols of the measured quantities refer to timoBig (3.1))

Liquid inlet to tube-side (Lin) Gas inlet to shellside (Gn)
* o
Point (Iczz) (E:r) (LF/fm) (gc/:ksg) (\r/ng/s) (n?ﬁzr) (Iclz) (tlaaalr ) (m{ﬂ/m Eﬁvs) Bundle
B 61.5 4.95 100 18.79 0.39 - 43.0 4.10 5.15 0.56 B2755
C 88.9 2.55 100 18.92 0.39 - 49.0 2.20 2.91 0.60
D 90.9 | 2.60 | 100 | 19.68 | 0.39 - 61.0 | 2.25 2.70 0.57 B2756
E 89.9 2.45 100 18.24 0.39 - 51.5 1.90 1.87 0.45 B2754
F 89.6 2.30 100 18.31 0.39 - 55.5 1.90 1.82 0.44
H 64.6 3.34 100 19.50 0.45 170 41.7 4.05 1.71 0.58
I 89.7 | 3.98 | 100 | 19.67 | 0.45 250 56.1 | 3.95 0.24 0.63
J 64.1 2.90 100 19.82 0.45 200 43.1 2.70 151 0.58
K 89.5 4.84 100 20.03 0.45 212 60.8 4.86 4.12 0.90
L 40.9 2.30 100 18.58 0.45 310 39.3 2.13 2.05 0.98 82758
M 72.6 2.98 100 18.74 0.45 310 52.5 2.88 2.73 1.01
N 50.3 | 5.13 | 104 | 18.90 | 0.46 325 445 | 5.00 4.64 0.96
O 87.1 5.08 105 19.13 0.47 308 64.5 5.10 4.66 1.00
P 110.3 | 5.33 | 103 | 19.58 | 0.46 329 69.8 | 5.23 4.87 1.03
Q 110.2 | 5.25 100 19.93 0.45 290 69.3 5.10 4.76 1.03
R 70.2 5.18 150 17.97 0.40 331 57.3 5.20 4.84 0.43
S 89.3 | 513 | 150 | 18.75 | 0.40 | 296 | 61.5 | 5.25 4.87 0.44 | B2888
T 90.5 5.03 150 19.58 0.40 251 61.8 5.00 4.63 0.44
) 91.10 | 5.05 150 19.95 0.40 264 62.0 5.08 4.66 0.43
* liquid velocity in tubeside ** Gas interstitial velocity in the stsitle (Vo,e)
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The transient and steady regions are both shiowlrig (3.11) to illustrate the experiment
proceedings. Thmitial salinity was around 1954g/kgand19.80g/kgfor the firstand seconttials
respectivelyRegardinghe experimental points in Table (3.9), points (H, I, J, K) refer to the first
trial while points (L, M, N, O, P, Q) refer to the second trial. The maximum liquid temperatures
attained during the SGMD experiments were®@nd 110C for the first and secu trials
respectively. It can be demonstrated from @d.1a) and (3.11b) that themas an increase in the
salinity of the liquid as the experiments were progressing indicating the transmembrane permeatio
of water. The rate of increase in salinity wesed in estimating the correspondexperimental
water flux as calculated by E§.1). The measured salinity and calculated flux are shown in Fig
(3.11c) and (3.11d) for trials 1 and 2 respectivilis worth mentioning that éhexperimental flux
obtaired at a given timet() does not correspond to the instantaneous measured temparature
operating conditions at this exact time but corresponds to the average conditions during the tim
s pan ( asbetyween tlze kirmenat which the current sample was withd(anand the timeat
which theprevious samplevas withdrawrn(as explained inexction 3.2.2.2)

Effect of Temperature on NaCl Concentration Effect of Temperature on NaCl Concentration

B2758 (Trial 1) B2758 (Trial 2)

19.80
1 19.75
1 19.70

-

] 1965 3

&

1 19.60 =~

5

] 1955 =
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E 1 19.45

0 H i ; H i ‘ ; 19.40 . )
0 60 120 180 240 300 360 420 480 0 60 120 180 240 300 360 420
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(a) (b)
Experimental flux and salt concentration for B2758 Experimental flux and salt concentration for B2758
(Trial 1) (Trial 2)
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Figure (3.11) SGMDexperimental results of the bundle B2756 showing: (a) rate of change of liquid temperature
salinity for Trial 1, (b) rate of change of liquid temperature and salinity for Dja(c) average flux and rate of chang
of salinity for Trial 1, (d) average flux and rate of change of salinity for Trial 2
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By comparing the heating rate and the corresponding obtained flux for each trial, the enhancement

effect of heating on the wat flux was observed. This was expected due to the resulting
improvement in thenass transfer driving force arising from the exponential dependence of the

water vapor pressure on the liquid temperature. However, operating conditions other than the liquig

temperature were not strictly fixed as it can be noted from the operating coaditirresponding

to the bundle B2758 in Table (3.9). Accmgl to the experimental resultde ability of the
capillary bundle B2758 to undergo SGMD at relatively high teatpee (up to 11) was
confirmed.Moreover, the undesired phenomena like lgakdloodirg and thermal shocks were
insignificantduring the SGMD experiment$he obtained experimental flux reached values up to
2.5 kg/hnt. This value could be increased by reducing the gas side pressure during the SGMD
experiments.

3.4.2. SGMD Model Validation

The discretizedorm of theSGMD modelin case othe counteicurrent flow configuration was
employed in the estimation of the t@aflux for the tested capillary bundles in order to compare
the experimental flux with the corresponding modetatlies. The effect of the number of the

axially discretized elements on the estimated flux and gas outlet temperature is given in Fig(3.12).
The modeled flux and the gas outlet temperature were chosen to indicate the effect of the discretized

length on tle mass and heat transfer residualsnodule total length of 20 cm was considerid.

can be indicated that by increasing the number of dwatized elementdie¢ modeled values tend

to reachsteady values such that increasing the number of discretizsgments above 10 would
result in relatively slight changes in the modeled values. On comparing the results obtained by th
local model (ah=1) and those on using 20 discretized elements, the percentage difference betwee
the two approaches is aroun@2% for the modeled water flux and around 20.4 % for the estimated
outlet gas. Regarding the modeled water flux, the accepted deviatiorebehealiscretized model

and the local model for the studied capillary bundles was considered accepted. Thierebtse,
computational savings are required, the local model could be udtdfprediction during SGMD

in the studied modules.

Effect of number of discretized (elements)
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Figure (3.12 Effect of the number of the axially discretized elements in module on the modeled flux and outlet
temperatire at Tin=90°C , $:=20gNaCl/kg , vin=0.5m/s, Gin=45°C, Psin=4.7bar, inlet gas rel.humidity=0%
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Chapter Three

The SGMD experimental and modeled water flux results for the studied capillary bundles are
given in Fig(3.13) The labeled points in Fi@.13a) refer to the experimengadintscorresponding
to the operating conditions and bundles reported in T&ud. Each of these poisis assumed to
represent a steady state flux value. For the sake of convenience accbontaf the different
operating conditions and different bundles (different geometrgeppgrity chart was applied to
considerthe diffelent experimental points during the comparison between the experimental and
modeled fluxresults.

The modeled asults presented in Fig(3.13a) were estimated by the contributions of the
morphological properties of each membrane layer givérabie (3.2) estimated according to the
A | aby-4ayed (LBL) approachas it was discussed in Chap{@). The general trendf the
experimental points showed an accepted agreement between the modeled and experimental wa
flux values except for few poisitthat showed large deviations namely, points E, F and C. These
deviations could be attributed to possible experimental®ergra result, SGMD modeling using
the morphol ogi cal propebyl iager ohaned htoar iwaesd v

The confrontation between the modeled resusdiag morphology characterized by thhd ay e r
byt ayer o (LBL) fmelthowi mgpdt hdhos@encept of the
(AMM) method (commonly applied in literaturd,36,172]) is presented in Fig(3.13bJhe
corresponding experimental values are also shown.

Experimental and modeled water flux Experimental and modeled water flux

(3]
-
LX)

® Modeled using Morphology of
10 A each layer obtained by LBL
= 47 . = A A approach
g _i gl A | A Modeled using avearage
§. 3l e > morphological properties
__:’EG [ &‘5 A obtained by AMM approach
= . @1 ®c ~6 L
= @Kk M I
3?7 eo :& .
3 Vo er 344
=, 0 @l =
R L 2 ¢
e @
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Experimental J,, ((kg/(h m?))
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Experimental J,, ((kg/(h m?))
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Figure (3.13) Parity chart for comparing SGMD experimental results with modeled results obtained by

(@f Laspelrayer o

met hodyl ayer 0 (abn)d fAfLAavyeerra g e

me mb |

(The corresponding operating conditions of each poam befoundin Table(3.9))
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The AP AMMO a p p r 8GMD hmodelingmethod used the membrane average morphological
properties given in Tabl.3). It is quite apparetihatthe experimental results favor the modeled
results usig the LBL approacbver the modeled results using the AMM method. This could reveal
the invaldity of the AMM approach in characterizing the morphological properties of the-multi
layer membranes studied this PhD thesis. Even througfiie morphological ltaracterization by

the AMM approach took place in many works in literature, its alidigsimatethe important mass
transfer properties showedquite obvious inconvenience in the case of membranes composed of
membrane layers possessirggy different norphological properties.

3.4.3. SGMD Simulations

3.4.3.1Effect of Operating Conditions

Owing to theagreement between the experimental flux values and those obtained by the axially,
discretized SGMD model following the LBL approach, this modeling approach was utilized in
predicting the effect of the operating conditions on the water fluxs Was dondor the case of
countercurrent flow of the liquid feed (NaCl(ag.)) and the sweeping gas (dry air) considering the
geometric parameters and morphological properties of the bundle B2758 which can be found ir
Tables (3.1) and (3.2) on usiagnodte length of20 cm. The corresponding modeled results are
given in Fig (3.14). The fixed operating conditions corresponding to the results shown in Figures
(3.14ai 3.14f) are reported in Table (3.10).

The effect of the liquid temperature on the wdhbex is sfown in Fig (3.14a)At a given gas
pressurethe flux increased exponentially with the liquid temperature. This was expected due to the
exponential increase of the water vapor pressure with the liquid temperatuneedieetedvater
partial pressure intie shell side, increasing the temperature would result in an exponential increase
in the mass transfer driving force during the SGMD operation.

The effect of the liquid velocity on the flux is shown in Fig (3.14b). Increasing the ligladity
ledto improvements in the flux. This could be attributed to the fact that increasing the turbulence
in the liquid side could mitigate the negative effects of the concentration and polarization
phenomena. However, increasing the liquid velocitgvaba certai value results in negligible
improvements in the flux.

The effect of the salinity could be pinpointed in E3gl4b) and (3.14c). Increasing the salinity
of the liquid feed corresponded to a reduction in the flux. This reduction is related ¢alticed
water activity on increasing the salt content in the liquid feed which could negatively affect the
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vaporizatia at the liquidmembrane interface and consequently decreases the mass transfer driving
force.

The effect ofthe gas interstitial viecity, pressure and temperature are shown in Fig (3.14d),
(3.14e) and (3.14f) respectively. Rising the gas intaktielocity enhanced the obtainable flux.
However, this enhancement effect decreased as the gas velocity increased. In fact, astthe veloc
of the sweeping gas increases, the corresponding water partial pressure in the permeate si
decreases. That isut until the gas flow rate is much greater than the transmembrane water flow
rate where further increase in the gas flow rate will notifsegmtly improve the driving force due
to the absence of appreciable amount of water vapor in the permeate side.

The flux could baalsoimproved by decreasing the gas pressure as shown (B.E&p. This is
due to the fact thatecreasing the gamessure facilitates the vaporization process and favors the
equilibrium mole fraction of water in the gaseous statide liquid/membrane interface according
to Eq(3.5).

The negative effect of the relative humidity on the mass transféngl force could also be
indicated in Fig (3.14d) and (3.14e) since the relative humigipyesentedhe vapor partial
pressure of water in the permeate sii@ally, it can be indicated from Fig (3.14f) that the gas inlet
temperature has a negligible effectthe flux. This demonstrates that the heat transfer resistance
in the gas side could be negligibleis worth notng that the effects of the operating conditions on
the modeled flux go in agreement with the observations obtained in many works imrkterat
dedicated to the experimental and/or modeling studies of S(8¥11,184,200,201]

Table(3.10 The fixed operating conditionsed in Figs (3.148.14f)

Figure 3.14a 3.14b 3.14c 3.14d 3.14e 3.14f
TLin (°C) * * * 100 100 *
PLin (bar) * 2 2 2 2 2
Sh (g/kg) 20 * * 45 45 45
VLin (M/s) 0.5 * 0.5 0.5 0.5 0.5
Tcin (°C) 45 45 45 45 45 *
P in (bar) * 1.7 1.7 1.7 * 1.7
Rel. humidity(%) 0 0 0 * * 0
VG in (M/s) 1 1 1 * 1 1

* variable condition indicated in the corresponding figut
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Figure (3.14) The effect of thimlet operating conditionsen the modeled flux in case of counterrent

flow for the bundle B2758. The varigddt operating conditions are: (a) Liquid temperature (b)

Liquid velocity (c) Liquid salinity (d) Gas interstitial velocity (e) Gaspuee (f) Gas temperatur

( The fixed operating conditions in each figure are repoitetiable(3.10) )
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It is worth noting that the effestof the operating conditions on scale format{@morganic
fouling) were not investigatedin the modeling studyonductedin this PhD thesis. However,
operating condions like temperature, pH, concentration and velocity of the feed playpemtant
role in the scaling degrem membrane distillationMD) operations [1]. Seawater contains
dissoled ions like C&, Mg?*, CO:*, SQ%, etc. which could lead to the defiam of salts as
CaCQ, CaSQ and Mg(OH) at certain operating condition¥he building up of scalen the
membrane surface could lead to membrane fouling resultipgriral pore cloging andwetting
[1,99]. Consequently, a decline in the operatiorigrenance and resulting fluiyuantity and quality
might be engendered especially in case of supeatatlisolution$l, 9]. Still, fouling in MD is
considered less problematic than RO and UF due to the relatively largegp@ssessed by
membranes used WD operations[9]. In case of irreversible scaling, the flux and membrane
performance could be ressar by wahing using demineralizesgater[1].

The effect of the temperature gradient on the scale formation of a certain salt depends on th
nature ofthis salt[1]. In case of solutes having positive solubility/temperature coefficients,
increasing the feed temperature promotes the solubility of such solutes as NaCl for example. Op
the contrary, in case of solutes possessing negative solubility/tenmpecagfficiens, increasing
the feed temperature could exacerbate scale formation like £a@@aS@ Other solutes could
experience opposite dependence of the solubility on the liquid temperature according to the
operating temperature range as NaXacordingly, inmulti-effect distillation (MED), the typical
maximum operating temperature in the first stage (effect) during seawater desalination does naqt
exceed 12TC to avoid scale formation. For the same reason and application, the operating
temperatue does not exesl 110C in case of multstage flash (MSF) operatioit]. Following
this concept, the experimental and modeling stugéeformedin this PhD thesisegardedl10°C
as the maximunfeed temperature during SGMD operations for seawater dedgalinpurposes
aiming at avoiding both, pore wetting and scale formatimaddition to the effect of temperature
on the solubility constant, the excessive rate of vaporization at relatively high operating
temperatures could lead to an increase in thesatentrationn the liquid. In fact, this could result
in supersaturatiorengendering crystallization and scale formation. Such phenomenon can be
appreciable in case of high water flaid high initial salt content in fegtl, 9].

D

The scale formatn could be mitigated by increasing the feed velocity, decreasing the pH values
and using antiscalant compourjds83]. However, low pH values can exacerbate corrosion rates
in the process equipment. The high feed velocity in the membradele reducethe concentration
polarization in the feed side which mitigates the accumulation of solutes on the membrane surfac
[83]. Therefore operating conditions and feguetreatmenfprocedures could beptimizedto
ensure a scalzee SGMD at redtively high tenperaturesThis matterwould necessitate a further
studywhich mightconstitute some restrictions on the applicablgges obperating conditions.

(4]
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3.4.3.2Axial Profiles in The Module

The axially discretized ®EMD) emadhedgs psgopocy i n
investigate the axial profiles in case of the bundle B2%b8ng alengh of 20 cm. This was done
for NaCl (aq.) feed having an inlet temperature dI®0nlet velociy in the tubeside of 0.5 m/s,
pressure of 1.5 bar and salinity of 481gCl/kg liquid. The sweeping gas used for this case was dry
air introduced at 3@ and 1.3 bar and flowing with an interstitial velocity of 3 m/s. The
corresponding axial profiles askown in Fig (3.15) and Fig (3.16) for the counterrent and co
currert configurations respectively.

For the countecurrent flow configuration, the axial profiles of the liquid and the gas stream are
shown in Fig (3.15a). It is worth noting thaetbas enters at z=0 and the liquid enters at z=0.2 m.
It can be easily lsserved that the gradient of the gas temperature is much greater than the gradient
of the liquid temperature. However, a slight drop in the liquid inlet temperature could be pinpointed
such that the percentage reduction in the liquid temperature alomgothéde was found to be
around 1.8 %. As for the sweeping gas, the percentage increase in its temperature along the modu
was found to be around 128% increase. This can be attritutbeé trelatively high liquid mass
flow rate when compared to that of thas stream. This would result in a liquid heat capacity that
is significantly higher thathat of the sweeping gas stream.

The profiles of the NaCL salt mole fractioxs)in theliquid feed and the mole fraction of water
vapor (ywc) in the sweepig gas are given in Fig(3.15b) for the cousterrent configuration. On

e

one side, there was a slight increase in the water content in the permeate side due to the water

transmembrane flow rate from the feed side such that the mole fraftiwater vapor athe
sweeping gas outlet was almost 0.07 mol/mol. On the other side, negligible change in the salt
concentration in the liquid side was noticed. This could also be attributed to the large liquid mass
flow rate when compared thatof thesweeping gas.

The water flux profile is shown in Fig (3.15c). It can be demonstrated that the water flux
increases along the positive axial direction. In other words, the flux is enhanced from the gas inlet
towards the gas outlet. However, this erdgment declineslong the positive axial direction.
Besides, the percentage increase in the flux along the module was found to be around 1.3 %. In fa¢
the profile of the flux is greatly affected by the profiles of the liquid temperature and the water
corcentration in tke shell side. Along the positive axial direction, the liquid temperature slightly
increases towards the liquid inlet where the maximum liquid temperature exists. As the liquid
temperature increases, the vapor pressure of the liquid insegsmentially This could lead to
an improvement in the driving force across the membrane. This could explain the reason of the flu
increase along the positive axial directiblowever along the positive axial direction, the water
content in the shellide increased.his could result in a reduction in the mass transfer driving force
This could also explain the reason behind the declination in the enhancement effect of the liquid
temperature on the obtained flux along the positive axial direction.

~—+
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Figure (3.15 SGMD modeled results in casecofuntercurrent flow between NaCl@g) feed and dry air sweeping
gas for the bundle B2758 showing profiles of. (a) Liquid and gas temperatures (b) Mole fractions of salt ir
and water vapor in gas (c) water flux  (akF90°C , $:=40gNaCl/kg , vin=0.5m/s, G&in=30°C, Psir=1.3bar)

In case of the courrent flow configuration, the profiles of the liquid and gas temperatures are
shown in Fig (3.16a) while the profiles of the mole fraction of the NaCl salt in the liquid @nd th
mole fraction of the water content in the spieg gas are presented in Fig (3.16b). The same
observations noted in case of the couwterent flow hold true for the eourrent configuration.

The gradients in the gas temperature and concentration ate greater than the corresponding
values in thdiquid due to the relatively high liqguid mass flow rate with respect to that of the
sweeping gas.

The water flux profile in case emurrent configuration is shown in Fig (3.16c¢). It is quite
apparent that the flux profile in case of courtterrentflow (given by Fig(3.15c¢)) is very different
than that of the courrent flow. The maximum flux is at the inlet of the gas and the liquid which
corresponds to z=0 and then the flux decreases stedalng the axial direction of the module in
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case of theco-current flow as itould be observed in Fi@.16c). This is attributed to the fact that
along the positive axial direction, the liquid temperature slightly decreases and the water content if
the shell side increases. Both of these two phenomena redeamass driving force across the
positive axial direction of the membrane. It is worth noting #téihe same operating conditions,
the modeled water fluxes were 8.8 and 9.9 kg/h for the countercurrent and the courrent
configurations respectivehAlthough the flux resulting from the amrrent configuration is higher
than that obtained from the countamrent configuration, the fact that the driving force diminishes
along the modulealvors the application of the countarrrent configuration. Atonger axial
lengths, the countezurrent flux would surpass that of the-@arrent configuration. Besides, on
using modules in series inside SGMD vessels for laogde applications, the ding force in ce
current configuration will vanish at short we$ lengths requiring many unnecessary istage
operations.
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Figure (3.16 SGMD modeled results in case of courterrent flow betveen NaCl(ag.) feed and dry air sweepil
gas for the bundle B2758 showing profiles of: (a) Liquid andtgaperatures (b) Mole fractions of salt in liqui
and water vapor in gas (c) water flux  (at¥90°C , $:=40gNaCl/kg , vin=0.5m/s, Ein=30°C, Psir=1.3bar)
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3.4.3.3Contributions of Knudsen and Molecular Diffusion Mechanisms

In order to ®aluate the contributions of the molecular (ordinary) and Knudsen diffusion
mechanismsn the membrane mass transfer, a comparison took place between modeled result
considering both mechanisms and modeled results considering only the molecular diffision.
is represented in Fig (3.17) for the bundle B2758 using the axially discretized Sddel
foll owi neguyltayeerid alyleBL) model ing approach. T
Table (3.11). The courrent flow configuration was modeled iase of NaCl (aq.) feed and dry air
sweeping gas. It is worth noting that in case of @ggig the Knudsen diffusion and considering
only the molecular diffusion, the equivalent diffusion coefficleetomesdentical to the molecular
diffusion coefficient

Table(3.11) The operating conditions of the casesed in Fig (3.17)

Case Basic A B | ¢ | D
TLin (°C) 90 70 90
PLin (bar) 2.5 2.5 35 | 2.5
Sh (g/kg) 40
VLin (m/s) 0.5 | 12
Tcin (°C) 30
PG in (bar) 2.3 | 33 | 2.3
Rel. humidity(%) 0
VGin (M/s) 1 | 3 | 1

Effect of considered diffusion mechanisms

u Molecular & Knudsen
u Molecular only (no Knudsen)

4

2 II
1 “

0

Basic case Case A Case B Case C Case D

Jw (kg/(th m?))

Figure (3.17) SGMD modeled flux bundle B2758 at thecoorent configurations for the cases
considering molecular and Knudsen diffusion and the cases considerinthemholecular diffusion.
(The operating conditions of the cases aported in Table (3.11) )
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According to the results shown in Fig (3.17), at different operating conditions, the deviations
between the modeled results calesing the two mechanisms (molecular and Knudsen diffusion
mechanisms) and the modeled results considering onlgntiecular diffusion mechanism were
negligible with a percentage difference around 3%. This observation affirms that molecular
diffusion contols the diffusion mechanism and that the Knudsen diffusion role could be neglected.

This was expected baase typically, at operating gas pressure values above the atmospheric
pressure, the Knudsen diffusionthre large pores of thmembrandgespecially the support layer)
could play an insignificanble with respect to the molecular diffusidi86]. The different modeled
cases illustrated that the flux coddd improved by increasing the temperature, the gas velocity and
the liquid velocity and by decreasing the gas pressure due to the rezetonavie been already
discussedn the section regarding the effect of the operating conditions

3.5.Conclusions

Sweeping gas membrane distillation (SGMD) experimental and modeling studies were
performed for the ceramic capillary bundles. Experimergallts confirmed the ability of the
modules to undergo SGMD operations at relatively high temperatures (Up0tG) without
significant problems like wetting, flooding, leakage and thermal shocks.

On one side, there was an acadye agreement beteen the experimental resulsd the
model ed results obt abytht@ad ebb v f( d |Bppreacmbylitimigen g
the morphological propertieg each membrane layedn the other side, modeling the SGMD using
the Aaveragehmembyand AMM)y papproach by cons
morphological properties resulted in big deviatioesaeen the modeled and experimental water
flux. Therefore, it was observed that treating the maiter membrane as a single membrane of
avera@ morphological properties (according to the AMM approach) was inconvenient for
modeling and module investigatiof the multilayer membranes studied in this thesis

The axially discretized model was used in simulating SGMD cases. Results shovileel filoat

increased exponentially with the liquid temperature and was improved by decreasing the gas

pressure ahby increasing the liquid and gas velocities. Moreover, the flux was found to be almost
independent of the value of the gas inlet temperatalieating that the gas thermal resistance was
negligible. The negative effect of increasing the liquid inlehgglor the gas inlet humidity was

also confirmed and estimated.
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According to the axial profiles in the module during SGMD, the graddadrite gas temperature
and concentration were much higher than the corresponding values for the liquid stoesm of
co-current and countezurrent flow configurations. This was attributed to the relatively high mass
flow rate of the liquid when comped to that of the gas. The flux profiles revealed that it is a
decreasing function of the length of the modlecase of cecurrent configuration. As for the
countercurrent configuration, the flux profile is affected by two phenomena opposing each other
such that in one direction the mass transfer driving force is improved by the increase in liquid
temperature wike in the same direction, the driving force is reduced by the increase in water content
in the permeate side. This would require optimizatibnhe total SGMD unit length at given
operating conditions. In fact, this will be discussed in Chapler

Finally, modeling was used to compare the effect of the considered diffusion mechanisms on thg
obtained flux at different operating conditiof@esults demonstrated that the molecular diffusion
controlled the diffusion mechanism inside the membrane &atl the Knudsen diffusion
contribution is quite negligible.
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List of Symbols

Latin Letters

A Area
Cp Molar heat capacitgt constant pressure
@p Specific heat capaciigt constant pressure
C Total molar concentration
d Diameter
dp Pore diameter
Diveq Equivalentdiffusion coefficient of water
D Molecular diffusion coefficient of water in the gas
DW,Kn Knudsen diffusion coefficient of water
f Friction factor
Gz Graetz number
h Convective heat transfer coefficient
J Massflux
k Mass transfer coefficient
ket Thermalconductivity coefficient
L Length
I Characteristic length
< mNL Average molar flow rate of water permeating across the membrane at time t
m Mass
M Molecular weight
n Molar flow rate per fiber (tube)
n Number of axially discretized units in the SGMD model
N, Molar flow rate of water per uniéngth and per fiber (tube)
N Number of fibers (tubes)
Nu Nusselt number
P Pressure
P Vapor pressure
Pr Prandtl number
Q' Heat energy flow rate per unit length and per fiber (tube)
Rg Universal gas constant
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Re Reynolds number

Sh Sherwood number

Sc Schmidt nuber

t Time

T Temperature

v Velocity
Voo Interstitial velocity of gas
v’ Characteristic velocity

\Y Volumetric flow rate

X Mole fraction inthe liquid state
Yy Mole fraction in the vapor state
Z Axial direction

Greek Letters

g Activity coefficient
a Thickness
e Porosity
€, Packing factor of the module
n Dynamic viscosity
/ Latent heat of vaporization per mole
r Density
[ Tortuosity
Subscripts andSuperscripts
a Air
eff Effective
€q Equivalent
G Gas
Gm Gas/membrane interface
Gb Gas bulk
H Heat transfer
IN Inner or inlet
J Layer |
L Liquid
Im Logarithmicmean
Lb Liquid bulk
m Membrane
M Mass transfer
net Net amount
ouT Outer or outlet
S NaCl salt
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S Shell
solid Solid matrix in membrane
tube Tubeside

w Water
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Chapter Four

Modeling Sweeping Gas Membrane Distillation

of Ethanol Aqueous Solution
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Chapter Four

4 1Introduction

Even thoughmost of the studies in literature related to membranglai®n (MD) focus on the
seavater desalination application, the removal of volatdilganic compounds (VOCs) by MD can
have a wide range of industrial applications. This could include biofuel proc¢sSin@61 163],
wastewater treatmeri24,136]and pollution ntigation in surface and groungter [139i 141].
Ethanol is one of the commonly studied VOCs that can be separated from agueous solutions by M
due to the possible applications in bioethanol dewatefi@l], ethanol separation from
fermentation brotH57] and in wastewater treatmefit36]. Different MD configurations were
studied for the (water/ethanol) separation like the vacuum membrane distil(&MD)
[24,57,202204] , air gap membrane distillation (AGMOQ)L62] and sweeping gas membrane
distillation (SGMD) [136,161] Besides, the application of membrane contactors ianeih
extraction was studied by C. Gostoli et[2D5] utilizing glycerol extractant in the permeate side

During the separation of VOCs present in aqueous solutions by MD, both water and the VOCs
are capale of permeation across the membrane. The Max@tellan modeling approach is
recommended for theedcription of the permeation @hulti-component mitures during MD
operations[205i 208] since it considers thénterdependence of the fluxes of the otwed
permeating species. This approach is named after its developers who were the Scottish physicist
C. Maxwell and the Austrian scientist J. Stefaf9]. The MaxwellStefan approach is considered
as an extensi on Itcompdhentdgadnsixtutfl80) flar geae nmu al ,
apdicable for the descriptin ofdiffusion in binary gases where there is only one independent flux,
oneindependent diffusion coefient and onendependent concentration gradief#10]. This is
not true inthe case of multicomponent gases due to the involvememiooé than two species in
the gas mixture. The concentration gradieste correlated and need to be determined in order to
describe the diffusion of each specid90,211] In the multicomponent mixture, molecule
molecule collisions take place betwedinlze involved species. According to the Maxw8tefan
approach, dr an ideal gas mixture, the number of collisions per unit volume and per unit time
between molecules of two different species is directly proportional to the product of their
concentratios and the difference between their velocities such that the fleadf species is
affected by the exchanged momentum with the other sp@€ig212]

In theoretical studies, F. A. Banat et al. used the Max8tellan approach to investigate the use
of the AGMD inbreaking the formic acid/watend propionic/waterzeotropeg206i 208where
modeling was validated by experimental res@is3,214] In some cases, both the Fickian diffusion
and the Maxwll-Stefan modeling were used and compared. The experimental negsuiltsn
agreement with the Maxwe8tefan modeled resultsame than those estimated by the simple
Fickian diffusion.
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In the current chapter, the employment of SGMD in (water/ethaseparation using
hydrophobic ceramic membranes was investigaggagunodeling studies. The model used in the
simulation of the modules during SGMD of ethanol (aq.) followed the same concept as that used ir
the invesigation of the modules durinBGMD d NaCl (aqg.) as it was discussed in Chapter (3).
However, the casef @thanol (ag.) experiences more complications due to the permeating of both
water and ethanol. The Maxwélkefan approach was followed in expressing the molecular
diffusion of the wateand ethanol molecules across the membrane putting into accouffettie e
of the mutual interaction between the permeating species on the final resulting diffusion rate of
each species. According to the modeling elaborations from Chapter (3), the nmadétusaon
was found to be the contling diffusive mechanism witmsignificant role played by the Knudsen
diffusion. Therefore, in the current chapter, the transmembrane mass transfer of water and ethan
during SGMD was assumed to take place by théecutar diffusion mechanisnT.he developed

model considered the geometrical parameters and the morphological properties of the ceramic

capillary bundle B2758 characterized and investigated in Chapters (2) and (3). The local mode
developed in the currenhapter enabled the estimation of the mass flugagh species, the heat
flux, the membrane interfacial temperatures and the radial concentration profile inside the
membrane. The discretization of the module was employed in the estimation of the aieaitgrad

of the operating conditions, mass transfieving force of each species, the flux of each species in

additionto the 2D representation of the concentration of each species inside the membrane domain|,

This has resulted in a better demonstratiorhefadxial and radial gradients of the mass transfe
driving force for water and ethanol. The modeling results were also utilized in comparing the
performance of the modules in case ofccorent and countesurrent flow manners.

4.2 Materials

As it hasbeen already mentioned in Chapter (2),aagillary bundles studied in this PhiResis
were manufactured by thHeraunhofer Institute for Ceramic Technologies and Systems (IKTS,
Hermsdorf, Germany). They were represented by hydrophobic ceranticlagar membranes
such that the membrars composed of four layers that possess different morphological properties.
The developed model in the current chapter used the geometric parameters and morphologic
properties of the Bundles B2758. Details atibe georetric paramedrs of bundle B2758 and the
morphological properties of its layers can be found in Chapter (3). Dewgjrding the
manufacturing process, the characterization steps and the hydrophobization protocols of th
membranes were discusise Chaper (2).

4.3Modeling of Sweeping Gas Membrane Distillatiorof Ethanol (aqg.) Solution

The SGMD of ethanofaq.) in the characterized tubular bundles was modeled and simulated
using a similar manner to that discussed in Chapter (3).mddel was discreted in order to
account for the gradients of the operating conditions. This was done along the axial direction (z
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direction) of the module. A MATLAB code was developed for the required computational
execution. The following assumptionsneeonsidered irhe developed model.

1 Steadystate

1 The liquid feed is allocated in the tubiele while the sweeping gas (Nitrogen) is allocated
in the shellside.

1 No mass and heat losses to the surroundings-iwgllated and leakagese system)

The sweping gas is insolole in the liquid feed.

=

1 The transmembrane mass transfer was due to the molecular diffusion described by the

Maxwell-Stefan equations where the effect of the interactions between the permeating
species was assumed to be only significathé membrane daam.

Ideal gas behavior of the sweeping gas

The gas stream in the shell side flows parallelly to the tubes.

The fibers are identical and uniformly packed in the shell ensuring uniform hydrodynamics.
High homogeneity of each membrane layer

= =4 A -4

4.3.1. Local Model

The mass transfer of the permeating species (water and ethanol) occurs over three consecuti
steps which are:

1) Mass transfer across the liquid boundary layer
2) Diffusion across the membrane pores
3) Mass transfer across the gas boundary layer

The total mdar flow is equal to the sum of the molar flow rates of water and ethanol according to
Eq(4.1). The flow rates in this equation gqer fiber having a unit length.

N'y+ N Npor (4.1)

The subscript¢TOT), W), et)r ef er t o At ot al o, Awatero and
the film theory[187], the total molar flow rate in a single fiber per unit length can be expressed by
Eq(4.2) in the liquid boundary layer. Similasligcs (4.3) and (4.4) express the mass transfer in the
gas boundary layer.

- X 0
N' o = ke;v'L L|n e @dm (4.2)
L g/et. Xet, Lb =+

ay o}
N'TOT k\NG G In yWGb
RgT g/w_ yWGm =

dour (4.3)
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ketGPG éy t” yer 0
N'or =—=——Ing—=—== ad
or RgTG et ~ yet Gl @ o (4'4)

Where,f,M,P,T,% refer to density, molecular weighpressure, temperature and universal gas
constant respeigely. The subscriptém), (Lb), (Gm), (Gb) refer to the liquid/membrane interface,
liquid bulk, gas/membrane interface and gas bulk respectik@LlykeLG, kWG represent the mass
transfer coefficients of ethanol in the liquid, ethanol inghe and water in the gas respectively.
Thearea of mass transfer in each boundary layer was considered suth @hatrefer to the inner

and outer diameters of the membrane respectively. The mole fractions in liquid and vaparestates
represented by, Y respectively.)/ represents the ratio between the molar flow rate of the
permeating species with respect to the total molar flow rate. It is defined @3 @nd (4.6) for

water and #hanol respectivelyObviously Eq(4.7) can be used to explicitbalculatethis ratio for
one component by knowing that of the other.

NI
Yu=—r (4.5)
N TOT
Nl
Va =7 (4.6)
N TOT
YutVe 3 (4.7)

The vapor/liquid equilibrium tang place at the pore entranddtee liquid/membrane interface
can be expressed by Egs. (4.8) and (4.9) for water and ethanol respectively. It is worth noting thg
the activity coefficients were calculated by the NRTL model as applied by C. Gostoliattak
same components duringhahol extraction by membrane contac{@@®5].

yw,Lm PG = Ffm(‘[m) gv\( T % Xv,v Ln (48)
yet,Lm PG: P;( Tw) ge( T & Xet Lr (49)

where P*,Q,TLm refer to the vapor pressure, activity coeffitieand temperature at the
liquid/membrane interface respectively.

For the ternary gas (water/ethana)lh the membrane pores, the mass transfer of water vapor
and ethanol across the stagnant édtraped inside the pores was modeled according ¢o th
Maxwell-Stefan approach as expressed by Eq&0) and (4.11210] respectively wHe the radial
gradient in the concentration of2Nvas estimated by E@.12). The membrane interfacial
concentrations were used as the boundary conditions.
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- dy, 4N, @& ART, & ayy ., YJ,
= e i - ¥ ae—— 4.10
dr & 2pr %"rej-:g P, et D..q { (4.10)

- dyet él\I'TOT @ 0 Rng o é-yql/ et - yetyq (
T @ e, @E ~ 4.11
dr ¢2or €£ex R g D.. t (4.11)

dyN2 _- dyw N _dyet
dr dr dr

(4.12)

atr:RN Y Yo “otm + Yoo Ferim o yl)l )-"'I-él Lm 1 “Yoim et 0m
a'tr:ROUT Y Yo “Yuem + Yo Veom o yi\l FN Gm 1 =Ywom Yeton

r represents the radial direction which is the direction of the transmembrané@lo);(razfers to

the tortuosityporosity ratio of layej. Rn andRout represent the inner and outer membrane radii
respectively.Tm refers to the membrane temperatwrhile Dw,q represents and the molecular
diffusion coefficient of water in a binary gaseousture composed of water and componet (

At a given axial position, radial discretization took place by dividing the thickness otthenane

into elements &ving athickness of @) each. The finitedifference numerical method was
implemented to transform the differential equatiggs.(4.104.12))into a system of nonlinear
algebraic equationdt is worth noting that the radial discretization considered the variation in
morphdogical poperties according to the radial position inside the membrane pore since the four
membrane layers possess different morphological properties. A scheme representing the radi
discretization in the membrane domain is shown in Fig (4.1).

—»ﬂ—»

¢ Ry a

I: ROUT >

I

i yw,l,m. yw,(?m
i et,L.m y yeL,Gm
I N 'w yNz - N,.Gm
|y [T (R | | | [ s s

e — — #
° Ar \

I

I

1

i

e Y Ir Yq r+Ar

i Layer 3 Layer 2 Layer 1 Support

! J; 5, J, g

: Liquid Membrane Gas

Figure (4.1) Representation of the radial discretization of the mole fractions of water, ett
and nitrogen in the muHayer membrane for the local mods#la given axial position
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In addition to mass transfer, heat transfer sgdtece during SGMD as well. This happens over
the following steps.

1) Heat transfer through the thermal liquid boundary layer. The heat transfer rate per unit axial
length for a single fiber across theuid thermal boundary laye®', can be estimated by

Eq(4.13).

2) At the liquid/membrane interface, a fraction of the heat transferred from the liquid bulk is
employed in vaporizing the permeating stream composed of water and etimdeaihe
remaining fraction represents the net heat@n&",,.

3) Thermal conduction through the membrane at neglected convective contribution. This is
described byr o u r i e[t88]sccordimgmo Eq4.14).

4) Heat transér through the thermal gas boundary layer from thenga®mbrane interface
towards the gas bulk as expressed byZ£#S).

QL =h (T, -Tn)pdy (4.13)
Q. _ k;ond. Zp (TLm- TGm) (4 14)
In %Ejout q 8 .
¢ in
Q|net = hG(TGm -TGt)p dout (4.15)

where, k,ff”d', h represent the thermal conductivity of the membrane and the convective heat

transfer coefficient respewgly. The heat balance at the ligindtembrane interface can be
expressed by E@.16).

QIL = N'w/\é\fl'Lm) +Nlet ,(BEI'Lm) @I net (416)

where, / zVTLm), &m) represent the latent heat chporization for water and ethanol respectively

evaluated at the temperature of the liqguid/membrane inteffiaceBy simple algebraic operations,

Eq(4.16) can be written in tHerm of Eq(4.17) to explicitly express the total moféow rate per
axial unit length in a single fiber.

N 1 —_ (hL (TLb B -ﬁ_m)p qn) - Q net
TOT — Moot et
y w ' (Tim) M (TLm)

(4.17)
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At a given axial position, the local model was usedbtain the mass and heat fluxes in addition
to the membrane interfacial temperatures and the membrane concentration radial profile for wate
and ethanol. The local model was solvedaitigely. The graphical representations of the solution
strategy anthe algorithm followed in the local model are shown in Fig (4.2) and (4.3) respectively.

Local Model
Inputs Outputs
Operating conditions
Morphology 1 ' '
Geometry N T0T > Q net > Q L
l !//w > ‘//et.
Main Algorithm X > X
Physical properties | 8 - [ eltm
l yw,Lm 2 yet.,Lm
yw,Gm > yet.,Gm
L Mass & Heat transfer
coefficients TLm > TGm

Figure (4.2) The strategy of the solution of the SGMD local model (ethanol(aq.) feed)
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NO

Get ~\\$ <

NO

Get .w\x,.QE

Eq(4.3)

Eq(4.7)

Exact ~\ et.= Guessed value

-, | Exact 7} = =Guessed value
YES
Get .w\:..Qﬁ b .w\ﬁ;QE > u\,zm,QE
Get JV et..Gm

Y

Eq(4.4)

EQN.\& Guess ~\\N~.
Algorithm
! \\\\
Get Q'p v f
v
Eq(4.14) e Eq(4.15)
=== /
Get Q\zwn it Get 0\32
é
YES
Eq(4.17)
T '
Exact £ G, = Guessed value | | Get N'por
Eq(4.2)
D=l Eq(4. 8) Eq(4. 9)
Get Xm?hs ——» | Get X:.BE — > QQV\S..NE

| Get ‘w\m?hi

Eq(4.10,4.11.4.12)

Figure (4.3) The algorithm used in the solution of the SGMD local m¢etebnol(ag.) feed)
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4.3.2. Modeling according to Plug FlowConcept

Similar to whahasbeen mentioned in Chapter (3), the axial discretization took place by dividing
the module into elements (units) connectedernes along the axial directiondrection)applying
the plug flow modelconcept Each element represents a control volume afstant physical
properties for each of the two streams. The discretization schemes in caseiwéoband counter
current flow manners can be illustrated by Rigjgl) and (4.5) respectively.

Although thelength of thestudied bundle B275& 20 cm, longer separation lengths were
simulated by the developed axially discretized SGMD model. In the industrial scale, the SGMD
modules could be connected with eater in series and in parallel inside a vessel (SGMD vessel).
The total axial separatidength (i) represents the length of the vessel which equals to the sum
of the lengths of the modules connected in series after neglecting the length of thei@mesnec
between the connected modules. Apparently, as the valuedpfricreases, the effeof the axial
gradients of the operating conditions on the resulting fluxes also increase. In such cases, the loc
model would be considered inconvenient for aataiprediction of the fluxes. Therefore, the effect
of (Lwt) on the overall separationgi@mance was investigated by the axially discretized developed
SGMD model. For a single fiber, the differential transfer equations in the axial direction describing
the SGMD of ethanol (ag.) are given in Table (4.1) and (4.2) for the liquid feed andeteirsg
gas respectively.

he I P, ; P
G’ G G nG()L'T 2 YGUU 2 [GOL'I
VIR S 1 g
0.Gpy > wyy > Vet gy 3 v 5. Vg W
IN IN IV / 2 il i i+1 n-1 n O.Guu‘ < Wour ? ¥ el.ouy
Gas in Gas out

LN T —
Liquid in « . Liquid out
2 P 5 )
nLI.\' ’ILJ,V 2 1Lr.v 4z ”Lut'z > Loyr > 7 Lour
VLI.\' > Xy fid V’-m'r 2 x"'m'r
@ 1
z=0 l z=Ly, z
. i > P
nG|z ’IG z’1G|z’v0~G z’y“‘ z ’y(’ﬁ z nG z4Az " G lz4Az ’PG z+Az
NN’ N(’l Q v y y
- 0.G |, nz 27 WlzeAz > Tl |z4Az2
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Figure (4.4) Representation of the axial disamttion of the module in case of-carrent flow (ethanol(ag.) feed)
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n
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Figure (4.5 Representation of the axial discretization of the moduéasge of countecurrent flow (ethanol(aq.) feed)

Table@.1) Governing axial differential transfer equations hetliquid feed

Co-current Countercurrent Comments Eq.
dn _ ' dn _ . From total
dz “N'ror dz N'ror massbalance| (*18)
dm,L _ ' dm,L — N\ From water
dz N, dz =Ny mass balancd (*19)
dnet,L _ . drlet,L — NI From ethanol
dz N dz N mass balancg (+29)
dt, - Q dT, __Q From leat @.21)
dz r'lLML@pL dz r'\LML(*,EpL balance '
dVL _ 4N ITOT(Mwy w -IM etyet) dVL —_ 4N ITOT(M\Ay W+ M etyel) Fr_om_
- 2 - 5 continuity (4.22)
dz pdy [ dz pdy [ equation
P v P v Darcyi
L: Afr —— L:4er—L Weisbach | (4.23)
dz 2d, dz 2d, equatiori189]
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Table@.2) Governing axial differential transfer equations in #weeping gas

Co-current or Countecurrent Comments Eq.
dn, _dn,e dn dny From total mass (4.24)
dz dz dz dz balance '
dme ' From water masg
dz N balance (4.25)
dry, ' From ethanol
dz Na mass balance (4.26)
anZ G From nitrogen
dz =0 mass balance (4.27)
dTe _ Qe From heat (4.28)
dz iy G, balance '
drg - dT; N dR (J_MW' MNz)dyw (IJ\_/let 'MM) dy,, From ideal gas (4.29)
redz T, dz P dz M dz M dz law
e é-dVO,G 6\/ édf@ 6_4N Itot(MWVW-I- Metyet)
G%_Q dz ° 0,08-3‘ dz 9 842 , 0 From continuity (4.30)
pﬁ- our 8 equation
(; f -
0 2,
dR, 8N, fig VoG ad,,; ¢ .
-T2 - 06 Niga ¢ From equivalent
az zgiam(ep) 1-e 00 ¢ : annulus theorem  (4.31)
dy& 41+ > 00 [190]
8@861- €, 2 0

n represents the molar flow rate per fiber whil,@p, @i refer to the friction factor, the module

packing factor and the gas viscosity respectivigly,; represent thiquid velocity inthetube side
and the gas interstitial velocity in the shell side respectively.
As it has been mentioned in Chapf@ythe expression of the sweeping gas pressure gradient was

based on the equivalent annulus theorem introduced bys$toliset al.[190] in case of laminar
flow. In case of nodaminar flow, Eq (4.32) was used to estimate the gas pressure gradient.

dR, f Voo
-2 = _/’ —_—
iz 6.2 (4.32)
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Dirichlet boundary conditions were specified for the governing equations in the SGMD of

ethanol (ag.) according to the inlet conditions of both streéimease ofco-current flow, the
following boundary conditions were used.

atz=0: iy =, M, B & Ew B B

Voo “Voemr To Tl Yo & Yo O

atz=0: n Ny, N FInlne B FEnbdwe T H P B Vv M
In case of countecurrent flow, the following boundary conditions were used.
atz=0: 0 =Ry, M, RN F En B B

Voo =Yoo T Than Yo & Yo O

at z= I'l'ot rl_ :n_,IN’ r\ll ;\SI,IN .rI],IN’ I& &, IN .rI]IN’ -I!- -LI,-ﬁ\l’

v
i)
2
<
<
=2

Eventually, themassfluxes (based on the memame inner area) of watdy and ethanolet

obtained from a SGMD vessel having a total lerigthcan be calculated by Eg.33) and (4.34)
respectively.

1 L(Ot
‘]W - ﬁ‘]w,z dz (433)

ot 0

1 Lot
o == et 42 (4.34)
ot 0
Following the same approach discussed in Chapter (3), thediffdeence nmerical method
was employed to transform the governing axial differential equations into a system of nonlinear

algebraic equations. MATLAB code was developed for the computatiogaireenents. Fon
axially discretizedinits(elements) having a unifornxial thicknesp 7 Eq(4.33) and (4.34) could

be written in the form of E¢4.35) and (4.36) respectively. Then, the taoteassflux from the
SGMD vessel can be simply calculatedHiy4.37).

M, = n
J,=— N, :
" hpd, a N, (4.35)
Mg on
J.=—a N, :
@« pdma.:1 et (4.36)
JTOT:JW +‘]et (4-37)

The algorithms implemeat in the iterative solution ofhe axially discretized modelsire
demonstrated in Figs (4.6) and (4.7) for thecaarent and countesurrent cases respectively.
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4.3.3. Constitutive Equations

Constitutive equations were required for solving the model represented in the current chapter,
These equations were usedhe estimation of the mass and heat transfer coefficients ligtie
and gas boundary layersaddition to the prediction afie membrane thermal conductivity and the
friction factor utilized in the estimation of the axial pressure gradients. The camsétutive
equations and the same empirical correlations of Nusselt and Shenuodakrs applied in
modeling theSGMD of NaCl(ag.) in Chapter (3) were applied in modeling the SGMD of ethanol
(aq.) as well. However, there is no need to estimate thetraas$er coefficient of each species in
the membrane for the case corresponding to the SGMD of etfanpkince the Maxwelbtefan
was adopted in describing the transmembrane mass transfer in this case.

z

z=0 at first Run
z= z+Az at later runs

y

Operating Conditions (at z)

(equal to Inlet conditions at z=0) NO
y
Local Model Lmt
1 '
N N
' ' :g
YES
Q L»> Q net
A
» Co-Current Discretization Steps Get J
w
Get
\ 4 Jel

Operating Conditions (at z+Az)

Figure (4.6) Algorithm used irthe solution of the axially discretized SGMD model fecaoent flow (ethanol(ag.) feed)
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YES

I W

Calculated value
= given value ?

z=0 at first Run
z= z+Az at later runs

y

Operating Conditions (at z)
(at z=0. operating conditions are equal to
inlet conditions for Gas and to outlet

NO conditions for Liquid)

A

wN\ IN

Calculated value
given value ?

given Nu I

IN Local Model

»\/\4 .:, 2 .w?
Q .h | Q .:E

= i <~\ . calculated N.,h = NJH Lz || Counter-Current
IN Discretization Steps
calculated P, =P, |
calculated v, =v,| :
Operating
] X calculated X = Conditions
NO W IN : 2 - (at z+Az)
Guess .X\.s\ — — Calculated value <+— glven .Xw«c i

= given value ?

Figure (4.7) The algorithm used ithe solution of the axially discretized SGMD model in case of coanteznt flow(ethanol(aq.) feed)
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4 4Resultsand Discussion

The effect of the number of the axially discretized elements on the modeled water and
ethanol flxesis shownin Fig (4.8) in case of counteurrent flow for the module B2758. This
considers the case corresponding to a feed entering the SGMD module at temperature of 11
°C, velocity of 0.5 m/s, pressure of 3.3 bar and ethanol mass fragtieof 0.1 kg/kg in
addition to dry sweeping gas that is introduced to the module’@téttd 3 bar and flowing at
an interstitial velocity of 3 m/s. As demonstrated by the results, for the module B2758 (having
a length of 20 cm), the improvement effe€the number of digetization elements (units) on
the accuracy of the obtained fluxes becomes relatively negligible at above 10 elements. In othe

words, the discretization can be accepted at a discretization length of 2 cm. Therefore, the

following simulations will be moded using a discretization length that is not larger than 2 cm

Effect of the number of axially discretized elements

(for a 20 cm long module)
7.05 4.34
7 L 4.32
“ L 43
695 =
H L 4.28 :
= 69 - E
5 |
‘;c:c 4.26 =
; 6.85 <
< - 424 3
6.8 L 4.22
6.75 4.2
0 5 10 15 20 25 30

n (elements)

Figure (4.8) Effect of the number of the axially discretized elements in module on mo
fluxes of water and ethanol atifF110°C , ¥ etin=0.1kg/kg Viin=0.5m/s VGin=3/s,
Teinm25°C, Psin=3 bar, inlet gas rel.humidity=0%

4.4.1. Effect of SGMD Operating Conditions for a Single Module

The effect of the operating conditions on the modeled fluxes of water and ethanol iri case o

countercurrent flow werenspected for the bundle B2758 as illustrated in(#ig). The used fixed
operating conditions for the Figs (4.9a4.9f) are listed in Table (4.3)Fluxes were found to
increase exponentially with the liquid inlet temperati@ee Fig(4.9a)). In factthis was expected
due to the exponentialdependenceof the vapor pressure of each componentthe liquid

temperature. Therefore, in case of neglected vapor pressure of water and ethanol in the shell sid

their corresponding nsa transfer driving forcesan be enhanced exponentially with the liquid

temperature. Besides, elevating the liquid inlet temperature increases the obtainable ratio of ethan
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mass flux to water mass flude(/Jw). This could be attributed to the fact ttmgher temperatures
favor the percentage removal of the highly volatile component (ethanol) with respect to the less
volatile component (water).

Table (4.3) The fixed operating conditionsed in Figs (4.94.9f)

Figure 5.10a 5.10b 5.10c 5.10d 5.10e 5.10f
TLin (°C) * 105 90 90 90 105
PLin (bar) 3.3 3.3 2.3 1.6 2.3 3.3
VLin (M/S) 0.5 * 0.5 0.5 0.5 0.5
Xetin(kg ethanol/kg)] 0.1 0.1 0.1 0.1 0.1 0.1
Tein (°C) 25 25 25 25 25 *
Psin (bar) 3 3 2 * 2 3
VG in (M/S) 3 3 * 3 3 3
Rel. humidity (%) 0 0 0 0 * 0

* variable condition indicated in the corresponding figut

In Fig (4.9b), the modeled fluxdacreasewith the liquid inlet velocity in the tubside. This
could be due to the mass transfer coefficient enhancement caused by the turbulence created at h
velocity. The ratio Jet/Jw) was found to be augmented by increasing the liquid velocity tending to
reach a steady value. This could be do¢he low ethanol inlet mass fraction which is only 0.1
kg/kg. So, the reduction in the mass transfer boundary thickness due to the created turbulence cou
have a larger relative improvement on ethanol flux than that of water. Eventually, the
improvement effect at higher values of liquid velocity become neglected for both components
makingthe ratio (et/Jw) approach a steady value.

Fig (4.9c) shows that increasing the gas interstitial velocity coulddaesitive impact on the

fluxes until the gas velocity reaches 2 m/s. Above this value, increasing the gas velocity might have

a very neglected enhancing effect. Besides, the @&tid«) declines on raising the gas velocity. In
fact, the higher the gaelocity, the higher is the sweeping effect and the lower is the vapor pressure
of the permeating components in the permsate. This in turns improves the corresponding mass
transfer driving forces. This is true until a value of gas velocity thatealbich, further sweeping

is not very practical as there is not much in the sid# to be swept out of the module. In case of
longer modules (longer than 20 cm), this limiting value might be higher than 2 m/s as more vapor
of water and ethanol will bergsent in the permeasgde. Sincewater flux outnumbers that of
ethanol, the increase in the sweeping gas velaoaigynt reduce the relative contentwhter vapor
more than ethanol in the permeate Sm&easing the driving force afater more than thadf
ethanol.
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Figure (4.9 The effect of the inlet operating conditiamsthe modeled flux in case of countarrent flow for the

bundle B2758. The varied inlet operating conditions are: (a) Liquid temperature (b) Liquid velocity (c) G

interstitial velocity (d) Gapressure (e) Gasrelative humidity (f) Gas tempeture (The fixed operating
conditions in each figure areeported in Table(4.3) )
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Expectedly, the permeation rate rises as the inlet gas presslireesSee Fig4.9d)). In addition

to that, the ratioJt/Jw) is reducedon elevating the gas inlet pressure. As a matter of fact, the
liquid/vapor equilibrium at the liquid/membrane interface is affected by the gas pressure. The low
gas pressure favors the vaporization rate which resudtkigher value of the mole fractiaf the
permeating component in the vapor state at the lig@dfbrane interface. As a result, the mass
transfer driving force increases. This effect is more apparent in the more volatile component
(ethanol). That could be the reason for the decreaseeimatio (et/Jw) On raising the inlet gas
pressure.

The effect oftherelative humidity RH) at the gas inlet is given in F{g.9¢e). A slight decline
in the water flux takes place on increasing the relative humidity while the ethanol flux remains
amost unaffected. As the relative humidity increases in the@ate side, the permeation of water
slightly decreases due to the drop in the driving force arising from increasing the partial pressure
of water vapor in the permeasede. Such effect is snlah case of short modules (20 cm) that do
not experience great drop in the liquid side temperature resulting in almost fixed high vapor
pressure of the perm@ag components in the feeside

Elevatingthe gas inlet temperature resultegwery slight enhancement in the fluxes as shown
in Fig (4.9f). This doservation was alsobtainedin the case of SGMD with NaCl (aq.) feed as
discussed in Chapter (3) indicating insignificant heat transfer resistance in tideggadowever,
this enhancement in fluxes could be due to the less amount of heat lost frajuithgidle on using
gases atlevated temperatuseThis could correspond to higher energy available for vaporizing the
permeating stream.

4.4.2. Simulation of Modules Connected in Series

As it has been mentioned, the total lendth) refers to the totaaxial separation length ithe
modules connected in series insiteS5GMD vessel. The considered modules also have the same
geometric parameters and morphological properties of the bundle B2758 having a length of 20 cm.
It is worth noting that the simuians did not consider theoncentrated pressure drops in the
connections between the modules.

4.4.2.1Axial and Radial Profiles

In the current chapter, the axial profiles across the SGMD vessel are shown in Fig (4.10) and
(4.12) for the cecurrent and couer-current casesespectively. Moreover, the twdimensional
profiles of the mole fractions inside the membrane are represented @yHiyyand (4.13) for the
co-current and countesurrent flow configurations respectively. All the represented casEgyin
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(4.104.13) corespond to inlet liquid feed at 110 flowing at 0.5 m/s having ethanol mass fraction
of 0.1 kg/kg and dry sweeping gas entering the shed with an interstitial velocity of 3 m/s at 25

°C and 3 bar in a SGMD vessellaf: that is 10 mIn case of ceurrent flow configuration, it can

be demonstrated from Fig (4.10#)at the ethanol vapor mole fraction at the liquid/membrane
interface and that at the gas/membrane interface approach each other as the liquid and gas strea
flow in the positive axial diretion. This leads toa declinen the massransferdriving force along
the positive axial direction of the SGMD vessel. The same observation was obtained for watef
according to Fig (4.10b). This could be due to the fact that, along#itvp axial diretion, the
liquid temperature mpsdue to heat transferred from the liquid side to the gas side and due to heat
used in the vaporization of the permeating molecules as illustrated by Fig (4.10c).

Ethanol mole fraction (Co-current) Water mole fraction (Co-current)

—at Liquid/membrane interface
0.14 — -at gas/membrane interface 04
——mole fraction difference across membrane

——at Liquid/membrane interface
= ~at gas/membrane interface

——mole fraction difference across membrane

¥y (mol/mol)
o
8

(=
8
¥ (mol/mol)

0 2 6 8 10 4 6
7 (m) 7 (m)
(@ (b)
T, and T,; profiles (Co-current) Fluxes profiles (Co-current)
115 12
—Teotal
105 10 —Water
95 —Ethanol
85 8
H
;Q 75 S 6
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&~ 65
—TL g
55 =4
45 —Te
2
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25 0
0 2 6 8 10 0 2 4 8 10
z(m) z(m)
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Figure (4.10 Modeled axial profiles during SGMD of ethanol(ag.) inaorent flow for: (a)Ethanol mole

fractions in membrane (b)Water mole fractions in membraie)Liquid and gas temperatures (d)Watt

ethanol, and total mass fluxes (atnF110°C , ¥ et;n=0.1kg/kg , vin=0.5m/SVGin=3/s, Tein=25°C, Psin=3
bar, inlet gas rel.humidity=0%,1=10m )

116

ms




Chapter Four

This deline in the liquid temperature causes a decrease in the vaporization at the
liquid/membrane interface due to the decreased vapor pressuetenfand ethanol. This in turn
lowers their corresponding vapor molar fractions at the liquid/mengraterface Besides, the
permeation of water and ethanol augments their partial pressures in the permeate side along tl
direction of the flow of the liquid and gas streams. Consequently, the mass transfer driving force
for both of water and ethanol dinshes as shen in Fig (4.10a) and (4.10b). In fact, this explains

the negative effect of the total axial separation length on the water and ethanol fluxes as it is

demonstrated by Fig (4.10d).

Foranexplicit visual illustration of Fig4.10a) and4.10b), the 2D profiles of ethanol and water
inside the membrane are represented by(#ifyla) and (4.11b) respectively. According to the
contours of the mole fractions for both components, the color gradient in the radise¢tion
represents the ass transfer driag force that is at its maximum value at (z=0) which is the inlet of
the gas and liquid streams. Then the driving force vanishes along the positivdragtain

For the case corresponding to the counterent flow, interesting pfibes for the mas transfer
driving forces of ethanol and water were obtained along the axial direction as show(yiri E&)

and (4.12b) respectively. The vapor mole fractions for both components increase at both, the

liquid/membrane interface and thasgmembrane intice along the positive axial direction. The
driving force for ethanol was found to be a fsteady increasing function of the positive axial
direction while the driving forcdor water was found to have a parabolic function reaching a
minimum value in aalmost half of the total axial separation length. In case of water, this could be
explained by the two opposing phenomena taking place. The first phenomenon is the increase i
the liquid temperature and so the water vapor pressure alengpitive axiallirection towards

the liquid inlet (see (Fig (4.12c)). The second phenomenon is the increase in the water partial

pressure inside the gas along the axial direction due to the permeated water molecules. The fir
phenomenon enhances thevirg force whilethe second negatively affects the driving force along
the axial direction. The same is true for ethanol but since its flux is much less than that of water
the second phenomenon is less effective than the first for ethanol leading weasenof the
driving force of ethanol in the direction of the gas flow.
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2-D profile of ethanol mole fraction (mol/mol) in membrane (co-current)
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Figure (4.11) Modeled 2D profiles during SGW of ethanol(aqg.) in caurrent flow for: (a)Ethanol mole
fractions inmembrane (b)Water mole fractions in membrane (@ I10°C , ¥ et;n=0.1kg/kg ,

VLin=0.5m/s,vein=3/s, Tein=25°C, Psin=3 bar, inlet gas rel.humidity=0%,=10m )
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(@ (b)

(©) (d)

Figure (4.12 Modeled axial profiles during SGMD of ethanol(ag.) in cowtament flow for:
(a)Ethanol mole fractions in membrane (b)Water mole fractions in membrane (c)Liquid and

temperatures (d)Water, ethanol, aedal mass fluxes (atif=110°C , ¥ etin=0.1kg/kg , vin=0.5m/s,
Vein=3/s, Tein=25°C, Psin=3 bar, inlet gas rel.humidity=0%, «:=10m)

This explains the resulting profiles of the fluxes of bmimponents given in Fi@.12d) such that
water flux reaches aimmum value at almost half of the axial separation length while ethanol flux
is always increasing along the axial positive direction. FBer@presentations of the mole fractions
of ethanoland water are shown in F{g¢.13a) and (4.13b) respectively masting the difference
between the driving forces encountefed water and ethanol according ttte reasonghat have
beenalreadydiscussed
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