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ABSTRACT
In such territories where food production is mostly scattered in several small / medium size
or even domestic farms, a lot of heterogeneous residues are produced yearly, since
farmers usually carry out different activities in their properties. The amount and
composition of farm residues, therefore, widely change during year, according to the single
production process periodically achieved.
Coupling high efficiency micro-cogeneration energy units with easy handling biomass
conversion equipments, suitable to treat different materials, would provide many important
advantages to the farmers and to the community as well, so that the increase in feedstock
flexibility of gasification units is nowadays seen as a further paramount step towards their
wide spreading in rural areas and as a real necessity for their utilization at small scale.
Two main research topics were thought to be of main concern at this purpose, and they
were therefore discussed in this work: the investigation of fuels properties impact on
gasification process development and the technical feasibility of small scale gasification
units integration with cogeneration systems. According to these two main aspects, the
present work was thus divided in two main parts.
The first one is focused on the biomass gasification process, that was investigated in its
theoretical aspects and then analytically modelled in order to simulate thermo-chemical
conversion of different biomass fuels, such as wood (park waste wood and softwood),
wheat straw, sewage sludge and refuse derived fuels.
The main idea is to correlate the results of reactor design procedures with the physical
properties of biomasses and the corresponding working conditions of gasifiers
(temperature profile, above all), in order to point out the main differences which prevent
the use of the same conversion unit for different materials.
At this scope, a gasification kinetic free model was initially developed in Excel sheets,
considering different values of air to biomass ratio and the downdraft gasification
technology as particular examined application. The differences in syngas production and
working conditions (process temperatures, above all) among the considered fuels were
tried to be connected to some biomass properties, such elementary composition, ash and
water contents.
The novelty of this analytical approach was the use of kinetic constants ratio in order to
determine oxygen distribution among the different oxidation reactions (regarding volatile
matter only) while equilibrium of water gas shift reaction was considered in gasification
zone, by which the energy and mass balances involved in the process algorithm were
linked together, as well.
Moreover, the main advantage of this analytical tool is the easiness by which the input
data corresponding to the particular biomass materials can be inserted into the model, so
that a rapid evaluation on their own thermo-chemical conversion properties is possible to
be obtained, mainly based on their chemical composition
A good conformity of the model results with the other literature and experimental data was
detected for almost all the considered materials (except for refuse derived fuels, because
of their unfitting chemical composition with the model assumptions).
Successively, a dimensioning procedure for open core downdraft gasifiers was set up, by
the analysis on the fundamental thermo-physical and thermo-chemical mechanisms which
are supposed to regulate the main solid conversion steps involved in the gasification
process. Gasification units were schematically subdivided in four reaction zones,
respectively corresponding to biomass heating, solids drying, pyrolysis and char
gasification processes, and the time required for the full development of each of these
4

steps was correlated to the kinetics rates (for pyrolysis and char gasification processes
only) and to the heat and mass transfer phenomena from gas to solid phase.
On the basis of this analysis and according to the kinetic free model results and biomass
physical properties (particles size, above all) it was achieved that for all the considered
materials char gasification step is kinetically limited and therefore temperature is the main
working parameter controlling this step.
Solids drying is mainly regulated by heat transfer from bulk gas to the inner layers of
particles and the corresponding time especially depends on particle size. Biomass heating
is almost totally achieved by the radiative heat transfer from the hot walls of reactor to the
bed of material.
For pyrolysis, instead, working temperature, particles size and the same nature of biomass
(through its own pyrolysis heat) have all comparable weights on the process development,
so that the corresponding time can be differently depending on one of these factors
according to the particular fuel is gasified and the particular conditions are established
inside the gasifier.
The same analysis also led to the estimation of reaction zone volumes for each biomass
fuel, so as a comparison among the dimensions of the differently fed gasification units was
finally accomplished.
Each biomass material showed a different volumes distribution, so that any dimensioned
gasification unit does not seem to be suitable for more than one biomass species.
Nevertheless, since reactors diameters were found out quite similar for all the examined
materials, it could be envisaged to design a single units for all of them by adopting the
largest diameter and by combining together the maximum heights of each reaction zone,
as they were calculated for the different biomasses. A total height of gasifier as around
2400mm would be obtained in this case. Besides, by arranging air injecting nozzles at
different levels along the reactor, gasification zone could be properly set up according to
the particular material is in turn gasified.
Finally, since gasification and pyrolysis times were found to considerably change
according to even short temperature variations, it could be also envisaged to regulate air
feeding rate for each gasified material (which process temperatures depend on), so as the
available reactor volumes would be suitable for the complete development of solid
conversion in each case, without even changing fluid dynamics behaviour of the unit as
well as air/biomass ratio in noticeable measure.
The second part of this work dealt with the gas cleaning systems to be adopted
downstream the gasifiers in order to run high efficiency CHP units (i.e. internal engines
and micro-turbines).
Especially in the case multi–fuel gasifiers are assumed to be used, weightier gas cleaning
lines need to be envisaged in order to reach the standard gas quality degree required to
fuel cogeneration units. Indeed, as the more heterogeneous feed to the gasification unit,
several contaminant species can simultaneously be present in the exit gas stream and, as
a consequence, suitable gas cleaning systems have to be designed.
In this work, an overall study on gas cleaning lines assessment is carried out. Differently
from the other research efforts carried out in the same field, the main scope is to define
general arrangements for gas cleaning lines suitable to remove several contaminants from
the gas stream, independently on the feedstock material and the energy plant size
The gas contaminant species taken into account in this analysis were: particulate, tars,
sulphur (in H2S form), alkali metals, nitrogen (in NH3 form) and acid gases (in HCl form).
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For each of these species, alternative cleaning devices were designed according to three
different plant sizes, respectively corresponding with 8Nm3/h, 125Nm3/h and 350Nm3/h
gas flows. Their performances were examined on the basis of their optimal working
conditions (efficiency, temperature and pressure drops, above all) and their own
consumption of energy and materials.
Successively, the designed units were combined together in different overall gas cleaning
line arrangements, paths, by following some technical constraints which were mainly
determined from the same performance analysis on the cleaning units and from the
presumable synergic effects by contaminants on the right working of some of them (filters
clogging, catalysts deactivation, etc.).
One of the main issues to be stated in paths design accomplishment was the tars removal
from the gas stream, preventing filters plugging and/or line pipes clogging At this scope, a
catalytic tars cracking unit was envisaged as the only solution to be adopted, and,
therefore, a catalytic material which is able to work at relatively low temperatures was
chosen. Nevertheless, a rapid drop in tars cracking efficiency was also estimated for this
same material, so that an high frequency of catalysts regeneration and a consequent
relevant air consumption for this operation were calculated in all of the cases.
Other difficulties had to be overcome in the abatement of alkali metals, which condense at
temperatures lower than tars, but they also need to be removed in the first sections of gas
cleaning line in order to avoid corrosion of materials. In this case a dry scrubber
technology was envisaged, by using the same fine particles filter units and by choosing for
them corrosion resistant materials, like ceramic ones.
Besides these two solutions which seem to be unavoidable in gas cleaning line design,
high temperature gas cleaning lines were not possible to be achieved for the two larger
plant sizes, as well. Indeed, as the use of temperature control devices was precluded in
the adopted design procedure, ammonia partial oxidation units (as the only considered
methods for the abatement of ammonia at high temperature) were not suitable for the
large scale units, because of the high increase of reactors temperature by the exothermic
reactions involved in the process.
In spite of these limitations, yet, overall arrangements for each considered plant size were
finally designed, so that the possibility to clean the gas up to the required standard degree
was technically demonstrated, even in the case several contaminants are simultaneously
present in the gas stream.
Moreover, all the possible paths defined for the different plant sizes were compared each
others on the basis of some defined operational parameters, among which total pressure
drops, total energy losses, number of units and secondary materials consumption.
On the basis of this analysis, dry gas cleaning methods proved preferable to the ones
including water scrubber technology in al of the cases, especially because of the high
water consumption provided by water scrubber units in ammonia adsorption process. This
result is yet connected to the possibility to use activated carbon units for ammonia removal
and Nahcolite adsorber for chloride acid. The very high efficiency of this latter material is
also remarkable.
Finally, as an estimation of the overall energy loss pertaining the gas cleaning process, the
total enthalpy losses estimated for the three plant sizes were compared with the respective
gas streams energy contents, these latter obtained on the basis of low heating value of
gas only.
This overall study on gas cleaning systems is thus proposed as an analytical tool by which
different gas cleaning line configurations can be evaluated, according to the particular
practical application they are adopted for and the size of cogeneration unit they are
connected to.
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NOMENCLATURE
Part I
Term

Sign

Unit

pre-exponential factor of reaction (j)

A

-

Biot number

Biot

-

molar concentration

C

mol/m3

specific heat

cp

J/(g·K)

internal diameter of reactor,
diameter of fuel bed

Dbed

m

of double-walled gasifier

Di

m

molecular diffusion coefficient

Dm,

m2/s

effective molecular diffusion coefficient
of gas through the solid particle

Dm e

m2/s

particle size

d

m

activation energy

Ea

J/mol

equivalence ratio

ER

-

emissivity coefficient

e

-

convective heat transfer coefficient

h

W/(m2 K)

standard heat of formation

Ho

kJ/mole

volumetric kinetic constant
(on molar concentration basis)

k

1/s

surface kinetic constant of reaction (j)

k’

m/s

equilibrium constant

Keq

-

beam length

L

m

length of reactor
involved in heat exchange

Lh

m

mass

m

g

initial number of moles

n°

mol

number of moles at equilibrium

n

mol

Nusselt number

Nu

-

pressure

p

Pa

molecular weight

PM

g/mol

Prandt number

Pr

-

gas flow

Q

Nm3/h

particle radius

R

m

particle radius corresponding to
Biot number equal to unity

R*

m

external diameter of internal walls
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Term

Sign

Unit

Reynolds number

Re

-

thickness of hollow space between
internal and external walls of reactor

sh

m

radial shrinkage

sr

-

gas temperature

T

K
o

standard temperature, 298

T

K

time

t

s

gas velocity through the
hollow space of reactor

u

m/s

moisture content on dry biomass basis

U

wt%

moisture content on fresh biomass basis

U0

wt%

solid stream velocity trough the reactor

ubed

m/s

superficial velocity of gas

v

m/s

diffusion volume of gas molecules

Vi/g

m3/mol

biomass feeding rate

W

kg/h

mass fraction of fuel component,
conversion factor

X

-

fraction of total combustion
heat involved in gasification step

Y

-

molar fraction

y

-

distance, length

z

m

heat of reaction or physical process

∆H

kJ/mole, kJ/g

initial thermal radiation

∆H°

W/m2

thermal absorption coefficient of material

α

-

void fraction / bed voidage

ε

-

particle sphericity

φ

-

solid conversion

γ

-

thermal conductivity

λ

W/(m·K)

gas viscosity

µ

kg/(s·m)

molar density

ρ’

mol/m3

solid particle density

ρ

kg/m3

Greek symbols

σ

shrinkage coefficient
-8

-

Stefan-Boltzmann constant, 5.67·10

σb

W/(m2·K4)

total conversion time of solid particle,
residence time of solid stream

τ

s

heat loss, 0.1 (as fixed)

ξ

-
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Term

Sign

Subscripts
air

air

ashes

ashes

biomass

b

bed / reactor walls

b/w

solid fuel bed

bed

solid carbon / char particle

C

char

char

combustion

comb

convective

conv

diffusion mechanisms

d

drying

dry,drying

external diffusion mechanism

ed

exit, outlet

exit

fixed carbon

fc

fresh biomass
(including ash and water contents)

fresh

solid fuel

fuel

gas

g, gas

gasification

gasif

gaseous reactant / product

i

heating

heat

internal diffusion mechanism

id

inlet

inlet

internal heat transfer

iht

reaction index

j

mean, average

m

solid fuel particle

p

pyrolysis

pyr

radiative

rad

radiative heat transfer

rht

solid

s

vaporization

vap

volatile matter

vm

moisture / water

w

reactor walls material

wall
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Unit

Part II
Term

Sign

Unit

sectional area

A

m2

specific surface

a

m2/m3

contaminant concentration

C

mol/m3, mg/m3

initial concentration

Co

mol/m3

friction factor for pressure drop

Cd

specific heat capacity

cp

diameter of bed or filter

D

m

axial diffusion coefficient

DL

m2/s

molecular diffusion coefficient of gas

Dm

m2/s

bubble diameter

db

m

size of filter grains / bed material

dg

m

particles size

dp

m

cut diameter

dpc

m

orifice diameter

dor

m

single efficiency of packed bed filter

E

-

activation energy

Ea

J/mol

initial molar flux

Fo

mol/h, mol/s

gravity acceleration,

g

9,81 m/s2

gas mass loading

Gm

kg/m2·s

bed / filter height

H

m

Henry constant

Hi

atm

kinetic constant

k

s-1, h-1

surface kinetic constant

k’

s-1, h-1

gas (external) mass transfer coefficient

kg

m/s

thermal conductivity of gas

kgas

W/m·K

liquid mass transfer coefficient

kl

m/s

pre-exponential kinetic constant

ko

s-1

thermal conductivity of solid

ks

W/m·K

thermal conductivity of porous material

k’s

W/m·K

bed / column length

L, Lbed

liquid mass loading

Lm

molecular weight

M

-

particles mass loading in gas stream
(candle and fabric filters)

m

kg/m3

mass flow

m˙

kg/h
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-

kJ/kg K, kcal/kmol°C

m
kg/m2·s

Term

Sign

Unit

number of units

n

-

total pressure

p, P

partial pressure of contaminant i

pi

atm

partial pressure
of contaminant i at equilibrium

pi*

atm

amount of adsorbed material

q

mg/g

maximum adsorption capacity

qm

mg/g

cleaning gas flow

Qc

m3/s

gas flow

Qgas

m3/h, mol/h

water flow

Ql

m3/h, mol/h

ideal gas constant

R

particle radius

rp

m

wall / filter thickness

s

m

bed external surface

Sex

m2

time on stream

t

s, min, h

jet pulse duration

tp

s

temperature

T

K, °C

critical temperature

Tc

K, °C

working average temperature of unit

Tm

K, °C

face / superficial velocity of gas

u, uo, U

m/s

cleaning gas jet pulse velocity

Uc

m/s

minimum fluidization velocity

umf

m/s

gas velocity through orifice

uor

m/s

volume

V

m3

specific pore volume

V’p

m3/kg, cm3/g

total volume of reactor

Vr

m3

gas inlet velocity

vi

m/s

water velocity through the column

vw

m/s

particles re-entrainment factor
in candle filters, ≈ 1

x

-

conversion factor

X

-

molar fraction of contaminant i
in liquid phase, at equilibrium

xi *

-

gas molar fraction

y, Y

-

bed (partial) length

z

m

20

atm, bar

8,314 J·K-1·mol-1

Term

Sign

Unit

Greek symbols
α=1–ε
process heat of unit i

∆H˙I

W

heat loss

∆H˙ex

W

pressure drop

∆p

Pa

initial pressure drop

∆po

Pa

particles sphericity

φ

-

bed porosity

ε

-

bed voidage at
minimum fluidization condition

εmf

-

specific permeability

Κ

m2

permeance of fabric filters, ≈ 6,4*10-5

κ

m/s*Pa

gas viscosity

µ , µg

kg/m*s

gas viscosity at 20°C

µο

kg/m*s

liquid viscosity

µl

kg/m*s

overall efficiency

η

-

bulk density

ρbulk

kg/m3

cake density

ρcake

kg/m3

gas density

ρg

kg/m3

liquid density

ρl

kg/m3

molar density of solid

ρm

mol/m3

solid density of collected particles

ρp

mol/m3

solid density of bed particles

ρs

kg/m3

absolute density of bed particles

ρ's

kg/m3

volume ratio between collected particles
and total bed of filter

σ

-

cake detachment stress

σc

Pa

surface tension of solids

σs

N/m

surface tension of water

σw

N/m

saturation time

τ

s, min, h

ϑ

N/m

surface energy of particles
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1 INTRODUCTION
1.1 State of the art
In such territories where food production is mostly scattered in several small / medium size
or even domestic farms, a lot of heterogeneous residues are produced yearly, since
farmers usually carry out different activities in their properties, from animal farming to
different crops growing. The amount and composition of farm residues, therefore, widely
change during year, according to the single production process periodically achieved.
The use of high efficiency micro-cogeneration energy systems, integrated with easy
handling biomass conversion units suitable to treat different materials, would provide many
important advantages to the farmers and to the community, as well. Economy of farms
would be improved by the use and/or the sale of self made electricity, by the utilization of
heat for internal activities and by the reduction of wastes disposal charges. Moreover, the
costs of energy production would not be affected by additional logistics, like fuel
transportation and long storage. The advantages for local community would be mainly
connected to the reduction of fossil fuels dependence for energy supply, the decrease of
land use and soil contamination for waste disposal, the higher efficiency and reliability of a
grid connected power net, and, in a larger scale, contribution to air pollution control and
global warming reduction.
The increase in flexibility of biomass gasification units regarding feedstock materials would
thus be a further step towards their wide spreading and it also sounds like a real necessity
for their utilization in rural areas at small scale.
At this purpose, two main research topics seem to be of main concern, such as the
investigation of fuels properties impact on gasification process development and the
technical suitability of small scale gasification units in being integrated with cogeneration
systems.
The theory on gasification of solid fuels is very well developed by now, both in its chemical
and thermodynamic fundamentals and for its technological and operational aspects. A lot
of analytical models have been already carried out (Ratnadhariya and Channiwala, 2009;
Corella and Sanz, 2005; Rao et al., 2004; Marias F., 2003; Di Blasi C., 2000, etc.) with
different levels of sophistication. Nevertheless, all these works are necessary based on
some initial assumptions and input data, most of which are concerning characteristics of
fuel that is considered to be gasified. Elementary composition, ash and water contents,
particles size, inner structure are all very important parameters to be estimated a priori, in
order to validate and properly use the formulated algorithm for process simulation.
Even design of gasification units is strictly connected with the type of the feeding biomass,
whose properties affect dimensioning of reactor and suggest suitable technological
solutions for practical operations (ash discharge, feeding system, gas cleaning systems,
etc.).
It’s therefore clearly assertable that biomass gasification units are commonly modelled,
designed and even built up on the basis of the specific material they are suited to gasify.
Nevertheless, this also leads to a still little flexibility of current technologies in accepting
different biomass fuels, while, as said, economy and sustainability of energy systems
exactly go towards the opposite direction, especially in rural scenarios (Pellerano and
Pantaleo, 2005).
Moreover, the use of different biomass species as feedstock materials is cause of a wider
variety of inorganic, heterocyclic and unsaturated compounds, as well as trace elements
and fly ashes in the product gas stream, which act as contaminants of the same gas flow
in the case it is assumed to be injected into heat and power cogeneration units.
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Indeed, at this scope, very high pureness degrees of product gas need to be reached, in
order to especially keep safe the moving parts of cogeneration units from erosion and/or
corrosion, as well as to minimize pollutant emissions in the atmosphere from the gas
combustion process.
Since the standard permitted concentrations of these contaminants are much lower than
the percentages usually yielded at the outlet of traditional gasifiers, a gas cleaning line is
necessary to be set between solid conversion unit and cogenerator, by means the desired
levels of gas impurities can be achieved.
Nevertheless, in order to make gas cleaning system feasible, reliable and efficient at the
same time, many issues have to be face on when it is going to be designed and built up.
They are mainly concerning the right functioning of the equipment itself, the nature of
gasified biomass (providing type and amount of contaminants), energy and materials
consumption as well as wastes production during the same gas cleaning process.
Although a huge number of different units are nowadays available to remove and collect
several contaminant species, their assembly in an overall gas cleaning line is not
technically regulated yet, and some constraints seem to be overcome only by the use of
still novel experimental technologies.
At present, many different gas cleaning systems are connected to gasification plants
worldwide, but they are properly designed for the particular application and biomass
material. Moreover, even for the same gasification technology, it is possible to see
different gas cleaning line arrangements, while only a few efforts have been made to
develop some guide lines for their design, to date. [Hasler P. et al., 1999; Sharma S.D. et
al., 2008].

1.2 Objectives
The first aim of this work is to detect the level of flexibility for traditional downdraft
gasification units in accepting different feedstock materials.
This task can be analytically achieved by the estimation of the reactors basic dimensions
(diameter and length) and the volumes of the reaction zones in which gasifiers are
schematically subdivided, for all the considered biomass materials and at the same fuel
feeding rate. Flexibility is thus evaluated by the comparison of these calculated
dimensions.
The definition of the biomass properties and the gasifier working conditions which provide
the main differences among the design outcomes for the different solid fuels is also a
correlated objective of this part of the work.
Finally, some technical solutions for increasing the flexibility of the designed units are tried
to be indicated.
The second goal of the work is to demonstrate the possibility to use multi-fuel gasifiers in
small/medium scale cogeneration systems, independently on the nature of gasified
material. At this scope, the technical feasibility of such gas cleaning lines suitable to
remove several contaminants in the same equipment has to be proved as one of the main
issues to be stated.
Moreover, an overall methodology for gas cleaning lines assessment is tried to be
accomplished as a general tool to fix proper gas cleaning systems, according to
cogeneration unit size, gasification technology and adopted biomass fuel (gas
contaminants).
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According to these two main objectives, the present work was divided in two main parts
(as better explained below). Therefore, the specific operations required to achieve the
mentioned aims were also divided in the following two lists.
Part I:


Checking differences in syngas yield and composition among the different biomass
species, especially due to their elementary composition.



Checking differences in working conditions of gasification unit, as temperature profile
along the reactor, among the different materials.



For each biomass type, estimating thermo-chemical or thermo-physical mechanism,
among the considered ones, controlling the rate of the solid conversion steps in which
gasification process has been subdivided.



For each biomass type, estimating solids conversion times, regarding each step
involved in gasification process, as residence times of solid stream trough the
corresponding reaction zone.



Defining overall dimensions of each reaction zone of reactor, for the different fuels



Comparing reactor dimensions for the different fuels, in order to estimate the
possibility to use the same unit for more than one feedstock.

Part II:


According to the contaminant species taken in exam, choosing different gas cleaning
units suitable to remove them from gas stream.



For each considered cogeneration unit size, designing the examined gas cleaning
units according to the assumed contaminants concentration ranges of the compounds
they are suited to remove or to convert



Estimating working conditions and operating constraints for the designed gas cleaning
units, in order to fix them in overall gas cleaning lines.



Assessing different gas cleaning line arrangements for each cogeneration system
size, by differently combining the designed gas cleaning units in order to always
remove all the contaminant species taken in exam and to respect operating
constraints previously defined



Defining some operating parameters related to each gas cleaning unit and as overall
indexes for the complete gas cleaning lines in order to compare them from a practical
point of view.



Indicating some preferable gas cleaning line assessments for each cogeneration plant
size.

1.3 Overall description of the work
On the basis of the two main topics discussed in this study (see par. 1.1), the present work
is divided in two main parts.
The first one is focused on the biomass gasification process, that was investigated in its
theoretical aspects and then analytically modelled in order to simulate thermo-chemical
conversion of different biomass fuels, such as wood (park waste wood and softwood),
wheat straw, sewage sludge and refuse derived fuels.
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The main idea is to correlate the results of gasification units design procedures with some
of the biomass physical properties and the corresponding working conditions inside the
gasifier (temperature profile, above all), in order to point out the main differences among
materials which prevent the use of the same conversion unit for all of them.
At this scope, a kinetic free model was initially developed in Excel sheets, considering
different values of air to biomass ratio and the downdraft gasification technology as
particular examined application. Biomass compositions and their typical moisture contents
were found in literature, while fuels particles dimensions were chosen as the usual ones
for the proposed materials after their own common pre-treatments.
The novelty of this analytical approach was the use of kinetic constants ratio in order to
determine oxygen distribution among the different oxidation reactions (regarding volatile
matter only) while equilibrium of water gas shift reaction was considered in gasification
zone, by which the energy and mass balances involved in the process algorithm were
linked together, as well.
Moreover, this analytical tool was properly developed in order to easily change the input
data relating to the particular biomass materials, so that a rapid evaluation on their own
thermo-chemical conversion properties is possible to be obtained, mainly based on their
chemical composition
The main results achieved by the simulation model were products yields and gas
compositions at the exit of gasifier and in some intermediate sections, gas temperature
profile inside the unit and cold gas efficiencies, according to the biomass nature and the
equivalence ratio (as 0.25, 0.30, and 0.35).
These results were then validated by the comparison with some experimental data on
wood biomass downdraft gasification tests.
As second step of this part of the work, a dimensioning procedure for open core downdraft
gasifiers was set up by the analysis on the fundamental thermo-physical and thermochemical mechanisms which are supposed to be at the base of the main solid conversion
processes involved in the gasification course.
At this purpose, gasification units were schematically subdivided in four reaction zones,
respectively corresponding to biomass heating, solids drying, pyrolysis and char
gasification processes, and the time required for the full development of each of these
steps was correlated to the kinetics rates (for pyrolysis and char gasification processes
only) and to the heat and mass transfers phenomena from gas to solid phase.
On the basis of this analysis and according to the kinetic free model results previously
obtained, the volumes of the mentioned reaction zones were calculated for each
considered biomass fuel, by also investigating on the limiting factors and the key
parameters having particular influence on their design.
As partial validation of this analytical approach, the time analysis on wood biomass
pyrolysis was compared with the results of pyrolysis experimental tests regarding wood
biomass with the same particles size and at the same thermal conditions (heating flux).
Finally, a comparison among the differently fed gasification units was accomplished,
regarding their own working conditions and basic dimensions.
The second part of this work deals with the gas cleaning systems to be adopted
downstream the gasifiers in order to run high efficiency CHP units (i.e. internal engines
and micro-turbines).
Especially in the case multi–fuel gasifiers are assumed to be used at this purpose,
weightier gas cleaning lines need to be envisaged in order to reach the standard gas
quality degree required to fuel cogeneration units. Indeed, as the more heterogeneous
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feed to the gasification unit, several contaminant species can simultaneously be present in
the exit gas stream and, as a consequence, suitable gas cleaning systems have to be
designed.
The gas contaminant species taken into account in this analysis were: particulate, tars,
sulphur (in H2S form), alkali metals, nitrogen (in NH3 form) and acid gases (in HCl form).
For each of these species, alternative cleaning devices were designed according to three
different plant sizes. Their performances were examined on the basis of their optimal
working conditions (efficiency, temperature and pressure drops, above all) and their own
consumption of energy and materials.
Successively, the designed units were combined together in different overall gas cleaning
line arrangements (suitable to eliminate all the considered contaminant compounds from
gas stream) by following some technical constraints which were mainly determined from
the same performance analysis on cleaning units and from the presumable synergic
effects of contaminants on the right working of some of them (filters clogging, catalysts
deactivation, etc.).
Finally, on the basis of some defined operating parameters, gas cleaning line
arrangements were compared each others and, for each cogeneration unit size, one of
them was finally indicated as the preferable one.
The complete study on the gas cleaning lines, including gas cleaning units design,
definition of technical restraints for their assembly and determination of some overall
operating parameters, can be thus seen as a new general methodology for their
assessment at different scales.
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PART I
DOWNDRAFT GASIFICATION ANALYSIS AND UNITS DIMENSIONING
ASPECTS
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2 METHODOLOGY
2.1 General aspects of process and technology
2.1.1 Theoretical framework of gasification
Gasification of solid fuels is a very complex phenomenon in which several simultaneous or
in series mechanisms are involved. They are mainly regarding thermo-physical breakdown
of solid particles and chemical reactions, both homogeneous and heterogeneous, whereof
development is depending on the operating conditions which are achieved inside the
gasifier. These latter are not all easy to regulate during process and they are strictly
affected by the specific gasification technology is used at this purpose. The wide variety of
potential feedstock materials, with their different composition and structure, adds more
complexity and diversification among the different types of gasifiers, as well.
For all these reasons, the real advancement of a solid fuel gasification application is not
easy to model and foresee, as well as any generalized analytical assessment is precluded.
Nevertheless, an overall scheme is usually adopted by considering the different steps in
which gasification process can be approximately subdivided: heating and drying, pyrolysis
or devolatilisation, combustion or partial oxidation, and reduction (or char gasification).
They can be temporary and spatially connected each other in different ways, according to
the technology is considered in process modelling. In any case, thermo-chemical
conversion of a solid fuel always starts with an heating step, so that its free moisture
content is initially vaporized (at around 100°C) and subsequently dry particles are
thermally decomposed. Molecular bonds strength, initial particle size, heating rate and
process temperature are the main controlling factors of this second phase, such as
pyrolysis or devolatilisation. Main products are a mixture of light gases, (CH4, CO, H2,
C2H4, HCN, generally defined as volatile matter), some other heavier gaseous compounds
(tars) with relatively low boiling point (around 450°C), an organic solid residue mainly
consisting on solid carbon (fixed carbon or char) and ashes (inert solids).
Although relative yields of pyrolysis products are not depending on composition and
structure of materials only, these latter are characterized by the so called proximate
analysis, where percentages of volatile matter, fixed carbon and ashes are given as results
of experimental tests. An example of this analysis is given in table 1, (Liliedahl, 2006).
The other steps of solid conversion scheme are concerning chemical reactions between
pyrolysis products and other gaseous agents which are properly fed to the reactor. These
gasifying agents are usually air, oxygen, steam, or a mixture of them. When oxygen reacts
with char or volatile matter, oxidation reactions occur (combustion). Their products are
carbon oxide, carbon dioxide and water vapour, which are added to the other gas
components. Because of their high exothermic heat, these reactions also provide for the
required energy involved in the other process steps, by maintaining the process thermal
sustainability of such reactors, just called auto-thermal ones (see fig. 1).
It can be supposed for some reactor equipments that oxygen initially reacts with volatile
matter (especially H2 and CO), so as increasing the temperature around char particles up
to their ignition point, and it subsequently reacts with solid carbon, as well. Since, in the
case of gasification, oxygen is fed in such amounts lower than the stoichiometric one
required for the complete combustion of biomass, thermal conversion of solid particles
proceeds in a reducing atmosphere, where steam and CO2 reduce char to gaseous
compounds, above all. Moreover, recombination of pyrolysis and combustion products, as
well as reforming of tars are developed (see figure 2). All these reactions together can be
considered as the reduction or char gasification step. Mostly of them are endothermic
reactions, so as part of the combustion heat is consumed for their development. Therefore,
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a mixture of gas (usually CO, H2, CH4, CO2, H2O, N2) is obtained as final product, whose
outlet temperature is lower than the combustion exhausts one, but the so called syngas
still has an energy content as low/medium calorific value (from 4000 to 12000 kJ/kg), by
which it can be used as a fuel gas.

Table 1: Proximate analysis of different biomass species (Liliedahl, 2006).

Figure 1: energy balance in auto-thermal gasification process (Ramesh and Nekere, 2005)
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While heating, drying and pyrolysis can be always considered as the first steps of
gasification process, combustion and reduction ones are spatially and time distributed in
the reactor differently, according to the particular gasification technology is used. Required
energy for the development of the first two steps can be supplied by combustion heat of
reaction, as well, or by means of an indirect heating of the unit, in the case overall process
is carried out in different equipments (allothermal gasifiers).

O2

Volatile matter
(CO, CH4, H2, HCN, C2H4)

Gasifying agent
(air, steam, O2)

(catalysts)
combustion

CO, CO2, H2O

syngas
(CO, CO2, CH4, H2,
NH3, H2O, C2H4)
Residual char

Dry
biomass

pyrolysis

gasification
Char, ashes

Residual tars

Primary
tars

Heating
drying

ashes

CH4, H2O
Thermal cracking
Secondary tars

H2O
biomass

Figure 2: gasification scheme

2.1.2 Investigated gasification technology
Since conversion of solid fuels proceeds in so many different ways according to the
adopted unit technology, in this work a downdraft air atmospheric reactor was chosen for
investigation (In fig. 3, downdraft gasification equipments present in HPT laboratory of
Energy Technology Department are shown). It is one of the so called fixed bed reactors, in
which there is a fuel bulk filling in the reaction chamber that is sustained by a bottom grate.
Fresh biomass is fed from the top, introduced through an opening or sluice on the reactor
head, and sinks slowly downwards by gravity as conversion of fuel conversion proceeds.
In the case of downdraft (or co-current) gasifier, the gasifying medium (air in this case)
flows through the reactor in the same direction of the sinking bulk filling. It is introduced at
some sides above the grate, in the narrowest part of the “throat” that is especially designed
to create an high temperature and turbulence zone in combustion zone. The syngas is
finally withdrawn under the grate (see fig. 4). The sequence of gasification steps is
therefore: heating and drying, pyrolysis, combustion and gasification.
Since drying and pyrolysis zones lie above the oxidation zone, they are mainly heated by
radiation (and partly convection) heat from the hearth combustion zone, where volatile
matter and part of the char are burnt. Pyrolysis gases also pass through this zone and they
react with the input gasification medium (combustion). Beneath the oxidation zone the
remaining char and the combustion products pass to the reduction zone where
endothermic reactions take place, forming CO and H2 as main products.
Through these reactions, a portion of the sensitive heat of the gas from combustion is
converted into chemical energy of syngas. Thus the gas temperature finally sinks to a level
at which no further reactions of the charcoal with the gas phase can be developed.
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Consequently, there is always a layer of unreacted char above the grate that has to be
discharged with ashes. As a result, even under optimal operating conditions, it is possible
to attain solid fuel conversion not over 95% of dry mass (Lettner et al., 2007). Other
reasons for this low gasification efficiency can be recognized in the short residence time of
char and gas passing through the hottest combustion zone and in the poor penetration of
gasifying agent into the inner core of the cross section.
This latter is also the main reason for which up-scaling of downdraft reactors at large scale
is usually precluded, but adding particular technical features. In this regard, Bühler and
Hasler, 1997, indicated a fuel thermal output of 1 MW th as the recommended value for the
upper limit of sensible up-scaling of individual gasification reactors.

Figure 3: downdraft gasification units at EKV – HPT laboratory (respectively 15-20 and 300
kWth sizes)
In recent designs the reactor may be double walled (as it has been thought in the following
analysis). The producer gas is conducted through the hollow space between the walls,
allowing for heat exchange between the producer gas and the fuel in the pyrolysis and
drying zone of the reactor. The effectiveness of this heat exchange is considerably
improved when small reactor diameters are applied, thus enlarging the heat exchange
surface considerably.
The main advantage for downdraft gasifiers is that pyrolysis tars are forced to pass
through the oxidation zone, which is denoted as the “hot treatment zone for tarry
compounds” (Lettner et al., 2007), where they are transformed into stable and non
condensable gases. This leads to considerably small concentrations of tar compounds in
the final product gas. An approximate can be fixed as 1 g/Nm3 (Lettner et al., 2007). As a
consequence, downdraft technology is the commonest in such applications for power
production by internal combustion engines.
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Figure 4: Scheme of a downdraft gasifier (Belgiorno et al., 2003)

As opposite, construction and process engineering principles of downdraft gasifiers make
them sensitive to the quality of the fuel that is used. Particular attention must be paid
primarily to the water content of the fuel. Steam produced in the drying zone in fact
represents a relevant heat loss, since it must be heated up to the temperatures in the
oxidation zone, besides its latent heat of vaporization.
More over, heat is also withdrawn from the oxidation zone through the endothermic water
gas reactions. As a result, with high amounts of water it is not possible to ensure the high
temperatures that are necessary for the solid conversion by the next reduction reactions.
As regards particle size, fine dimensions can have strong influence on uniformity of the gas
flow through the solid fuel bed, especially because of channel formation and local different
distribution of pressure drops.
Basic data about fuel quality required in traditional, throated downdraft gasifiers
applications and technical reactor characteristics are presented in Table 2, (Lettner et al.,
2007).
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Fuel moisture cont. (wet %)

>10, < 25

Fuel ash content (dry %)

<6

Size (mm)

20 - 200

Share of fine particles

< 15%mass,wet, ≤ 5mm

Gas exit T (°C)

700

3

Tars (g/Nm )

< 0,5

Sensitivity to load fluctuations

Sensitive

Turn down ratio

3–4

Hot gas efficiency (full load %)

85 - 90

Cold gas efficiency (full load %)

65 – 75

3

Syngas LHV (kJ/Nm )

4.5 – 5.0

Table 2: Requirements for fuel quality and technical characteristics of traditional throated
downdraft gasification units (Lettner et al., 2007)
A more recent development of downdraft gasifiers is represented by the so called “'open
core” gasifiers. It is especially designed to gasify fine materials with low bulk density (Bhoi
P.R: et al., 2005). Because of the low bulk density of the fuel, indeed, no throat can be
applied in order to avoid bridging of the fuel, which would cause hampering or even
stopping of the same fuel flow.
Air is sucked over the whole cross section from the top of the bed. This facilitates better
oxygen distribution since it will be consumed over the whole cross section of combustion
zone, so that the solid bed temperature will not reach the local extremes (hot spots)
observed in the oxidation zone of conventional downdraft gasifiers. Moreover, the air
nozzles in conventional gasifiers generate caves and create obstacles that may obstruct
solid flow specially for solids of low bulk density. Special devices, like rotating grates, may
be included to stir the fuel and to remove the ash. The bottom of the gasifier is set in a
basin of water by which the ash is removed.
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2.2 Thermo-chemical model description
A kinetic-free model was developed for simulating biomass gasification process in an air
atmospheric downdraft reactor. From the top of gasifier, where biomass fuel is fed, to the
bottom grate of reactor, four reaction zones were considered, respectively biomass
heating and drying, pyrolysis, combustion (or partial oxidation) and gasification ones.
Gas composition at the exit of each of these zones is one of the main results of the model,
which yet doesn’t contemplate tars formation during the overall process (according to the
usual behaviour and technical characteristics of downdraft units) and it instead envisages
total conversion of char during gasification process, in order to simplify analytical
procedure.
Temperature profile inside the reactor is the second main result of this analytical approach,
as estimation of gas temperatures at the exit of each reaction zone, according to which the
different thermo-chemical conversion steps were also modelled.
At this scope mass and energy balances were used as the main analytical tools, while
some kinetic constants were considered in combustion zone only, and equilibrium of water
gas shift reaction was supposed to be achieved during gasification step. In this way,
distribution of thermal energy among the different reaction zones was possible to be
estimated, as well, and overall energy efficiency was also predicted for each fuel
gasification application.
The model was applied to five different biomass materials (park waste wood, softwood,
wheat straw, sewage sludge and RDFs) and results were correlated to their proximate
analysis and elementary composition. Because of their supposed small particle sizes (see
table 6), an open core gasifier was supposed to be used, even if gasifying medium was
still supposed to be fed in the middle of gasifier.

2.2.1 Biomass species
Five biomass fuels were investigated in this work: park waste wood, stem wood of
Swedish spruce (thereinafter simply called softwood), wheat straw, sewage sludge and
RDFs (with plastic). Their elementary compositions, heating values and proximate analysis
are reported in table 3 (ECN, 2009)
a

b

wheat straw

park waste wood

softwood

sewage sludge

RDF with plastic

HHV (kJ/kg dry ash free)

19876

20172

21114

23231

32592

LHV (kJ/kg dry ash free)

18532

18888

19822

21586

29284

10,3

5,2

9,7

9,9

2,9

moisture (wt%)
ashes (dry wt %)

4,7

3,2

0,3

35

8,9

C (daf wt %)

49,6

51,2

52,7

52,3

68,7

6

7,5

15,2

0,1

7,2

0,36

H (daf wt %)

6,2

5,9

N (daf wt %)

0,61

0,26

S (daf wt %)

0,07

0,05

0

2

0

O (daf wt %)

43,4

42,5

41,2

30,8

15,8

H/C (mass basis)

0,13

0,12

0,11

0,14

0,22

O/C (mass basis)

0,88

0,83

0,78

0,59

0,23

VM (dry wt %)

81,5

77,6

78,2

53,5

85,8

Fixed Carbon (dry wt %)

13,8

19,2

21,5

11,5

5,3

a: other trace elements are present in biomass composition (Cl, F); b: data from Erlich et al., 2006

Table 3: Proximate analysis and elementary compositions of considered biomass fuels
(ECN, 2009)
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Four main elements were considered as components of each kind of biomass (C, O, H, N)
and their corresponding molar percentages were calculated on the basis of their
elementary daf (dry ash free) compositions. An approximate molecular formula was
determined for each biomass fuel by fixing subscript of less component (N, in all of the
examined cases) equal to unit. Results are showed in table 4

fuel

Molecular formula

Molecular weight

P.C.S. (kJ/mole daf)

P.C.I. (kJ/mole daf)

wheat straw

C95H142O62N

2291

45530

42452

park waste wood

C230H318O143N

5377

108466

101562

softwood

C615H840O361N

14000

295596

277508

sewage sludge

C8H15O4N

189

4401

4089

RDF with plastic

C223H591O38N

3891

126823

113951

Table 4: Molecular formula, molecular weights and heating values on molar basis of
biomass fuels
Standard heat of formation of solid fuels was calculated by using the following general
combustion reaction:
CaHbOcNd + (2a + b/2 + 2d - c)/2O2 = aCO2 + b/2H2O + dNO2

(1)

And it was determined as:
Hofuel = ∑i (Hoi)comb - ∆Hcomb

(2)

The following results were obtained for the four examined materials:

fuel

Hofuel (kJ/mole)

wheat straw

-12090

park waste wood

-27317

softwood

-66217

sewage sludge

-958

RDF with plastic

-45215

Table 5: Standard heats of formation for biomass fuels
Thermo-physical properties of organic materials were found in literature and initial particles
sizes were chosen as the typical ones after usual and light pre-treatments for the different
biomass species. (In the case of wood, chips of different sizes were considered for the two
species, while for refuse derived fuels densified briquettes were taken in exam). A resume
of the main thermo-physical properties of biomass fuels is given in the following table 6.
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particles size (mm)
1

wheat straw

park waste wood

softwood

sewage sludge

RDF with plastic

10

25

11

1

40

0,8

sphericity φ (by geometrical form)
3

particle density ρs (kg/m )

410

3

0,7

(2

(6

0,75

450

(3

170

(6

365

1139

170

(6

650

bulk density ρbulk (kg/m )

79

bed voidage εbed

0,81

0,62

0,53

0,7

0,7

0,7

particle void fraction
specific heat (fresh) cp ar (kJ/kg K)

a)

specific heat (dry) cp dry (J/kg K)

b)

w/(1+w) cpw + 1/(1+w) cpdry (8

1112 + 4,85 (T - 273)

(10

2,3

(9

1500+T

2,3
(11

0,9

(3

(11

thermal conductivity ks (W / m K)
solid emissivity es
thermal absorption coefficient α

(15

0,08

(13

0,13+0,0003T

(9

(6

729

0,13+0,0003T

(9

(1

0,46

0,47

0,5

w/(1+w) cpw + 1/(1+w) cpdry

w/(1+w) cpw + 1/(1+w) cpdry

1434 + 3,29 T
c)

(6

1350

0,43

(9

1500+T

0,87
(5

(8

0,653Xm + 0,25Xvm + 0,15Xfc +
0,05Xash (14

1800

(12

0,17

(12

0,9

0,95

0,95

0,95

0,95

0,81

0,77

0,77

0,72

0,8

a) w = water content mass fraction of biomass
b) T = solid temperature (K)
c) Xm = moisture mass fraction, Xvm = volatile matter mass fraction, Xfc = fixed carbon mass fraction, Xash = ashes mass fraction
1) Kunii and Levenspiel, 1991; 2) Zhou et al., 2005; 3) Erlich et al., 2006 4) Di Blasi et al., 2001; 5) Hartman et al., 2005;
6) Eco-Engineering, 2009; 7) ECN, 2009; 8) Arlabosse et al., 2005; 9) Sadhukan, 2009; 10) Jalan and Srivastava, 1998;
11) Bellais M., 2007; 12) Savage, 1989; 13) Fjellerup et al., 2003; 14) Yang et al., 2008; 15) Perry, 2007

Table 6: Thermo-physical properties of biomass fuels

2.2.2 Moisture vaporization
Water content of initial (fresh) biomass material was determined through the moisture
mass percentage included in its proximate analysis (see table 3) and referred to one mole
of daf biomass. Heat of moisture vaporization was calculated by the following formula
(Galgano et al., 2004):
∆Hvap = 3.348 − 13.085U + 60.262U2 − 95.778U3 (kJ/g),
∆Hvap = 2.260 (kJ/g), if U ≥ 0,3

if U ≤ 0,3

(3)

(4)

2.2.3 Pyrolysis or devolatilization
Pyrolysis of biomass materials was simulated by following the original model of Østberg
(Østberg et al., 1998), that was initially developed for coal devolatilisation. According to
this model and considering biomass general formula as CaHbOcNd, char is considered as
CxNx*d/a and volatile matter is defined as Ca-xHbOcN(a-x)*d/a. Devolatilization is supposed to
be carried out until the whole mass percentage of volatile matter expressed in the
proximate analysis of fuels is released as gaseous species, such as CO, H2, CH4, C2H4,
HCN and soot. In order to fit the original model on biomass pyrolysis, water vapour (H2O)
was added to the gaseous products and soot was instead neglected.
General expression for pyrolysis step can be hence written as follows:
CaHbOcNd = CxNy + a' CO + b' H2 + c' CH4 + d' C2H4 + e' HCN + f' H2O

(5)

Through the total mass balance on one mole of initial solid daf-fuel, as well as by mass
balance on each element included in biomass composition (C, H, O, N), the number of
moles of pyrolysis products were obtained.
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Heat of pyrolysis was calculated by the following equation:
∆Hpyr = ∑i (Hoi)pyr - Hofuel

(6)

Standard heat of formation of char (CxNx*d/a) was considered as zero in this calculation.
For all the biomass species the same temperature was chosen as the one at which solids
devolatilization begins. According to literature data on experimental tests of different
materials (Pantoleontos G. et al., 2009), an average temperature of 300°C was fixed as
initial pyrolysis one.

2.2.4 Partial oxidation of pyrolysis products (flaming pyrolysis)
According to the regular fluid-dynamic behaviour of a downdraft gasifier (such as cocurrent flux of solid fuel and gasifying medium), partial oxidation of gaseous pyrolysis
products was supposed to be achieved in the combustion zone of reactor (flaming
pyrolysis, Giltrap et al., 2003), in spite of char burning. Carbon monoxide and hydrogen
were supposed to be the main components reacting with oxygen, while the other pyrolysis
products (CH4 and C2H4 above all) were considered to be oxidized by residual oxygen only
(due to their relatively low combustion kinetic rates and low yields).
Two main oxidation reactions were thus initially taken in exam:
CO + 1/2 O2 = CO2

∆H = -283 kJ/mole

(7)

H2 + 1/2 O2 = H2O

∆H = -242 kJ/mole

(8)

Kinetic rates of these two reactions are expressed by second order Arrhenius’ laws,
showing the same value of activation energy for both of them (Ea = 99.8 kJ/mole, Kim et
al., 2000).
Therefore, oxygen supply was shared between the two mentioned reactions according to
the ratio of their pre-exponential factors, which are respectively ACO=8,83·1011 and
AH2=3,09·1011, until the total consumption of one of the gas reactants (CO or H2).
In the case both CO and H2 were completely oxidized, residual oxygen were supposed to
be reacting with CH4 and C2H4, according to the following reactions:
CH4 + 2O2 = CO2 + 2H2O

∆H = -803 kJ/mole

(9)

C2H4 + 3O2 = 2CO2 + 2H2O

∆H = -1324 kJ/mole

(10)

(In this case, the ratio between their heats of reactions was considered as parameter for
oxygen distribution, since their kinetic rates show different dependences on temperature).
Total heat of combustion was finally calculated as the sum of the heats of all the
mentioned reactions, each of them by the number of corresponding fuel gas reacting
moles.
For all the considered biomass species air gasification was assumed to be accomplished
and process development was investigated as a function of the equivalence ratio (ER) by
setting values of this parameter as 0.25, 0.30 and 0.35. According to them, air supplies per
kilogram of raw material were calculated, on the basis of elementary composition, water
and ashes contents.
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2.2.5 Char Gasification
In the bottom zone of a downdraft reactor, char gasification is the main occurring process,
together with thermal cracking and reforming of tars (which were neglected in this
analysis) and adjustment of syngas composition through homogeneous reactions.
In this case, char gasification was considered through the following two reactions
(considering carbon bound-nitrogen releasing in the combustion zone as N2):
αC + αH2O = αCO + αH2

∆H = 131 kJ/mole

(11)

βC + βCO2 = 2βCO

∆H = 173 kJ/mole

(12)

α and β are numerical coefficients whose sum is equal to the total number of moles of
solid carbon released during pyrolysis step (n°C). This means carbon was supposed to be
completely gasified in this zone:
α + β = n°C

(13)

The other two reactions considered in gasification step were:
HCN + H2O = NH3 + CO

∆H = -45 kJ/mole

(14)

CO + H2O = CO2 + H2

∆H = -41 kJ/mole

(15)

Reaction (14) was supposed to be completely developed towards the right side, while
reaction (15), such as water gas shift reaction, was considered at equilibrium. On the basis
of this latter assumption, α and β numerical values and final composition of syngas were
possible to be calculated.
Equilibrium of reaction (15) was written as:

K eq =

pCO2 ⋅ p H 2
pCO ⋅ p H 2O

=

nCO2 ⋅ n H 2

(16)

nCO ⋅ n H 2O

where:
-

nCO2 = n°CO2 – β + χ

-

nH2 = n°H2 + α + χ

-

nCO = n°CO + 2β + α - χ + n°HCN

-

nH2O = n°H2O - α - χ − n°HCN

-

χ = number of CO moles reacting in reaction (15)

In order to calculate the values of parameters α, β and χ, equations (13) and (16) were put
into system together with the following expression, showing the dependence on
temperature of equilibrium constant Keq (Bellais, 2007):

K eq = 0.0265 ⋅ e

 32987 


 R ⋅T 

(17)

R as ideal gas constant, 8.3145 [J/mol·K]
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Since Keq is depending on temperature, eq. (13), (16) and (17) were also linked to the
overall energy balance (including all the reaction zones of gasifier, see par. 2.2.6), by
which temperature of syngas at the outlet of gasification zone was calculated (supposing
ashes at the same temperature of gas).
Mass and energy balances were thus correlated by means of equations (16) and (17) in
this analysis. Since they are depending on each other, an iterative procedure was adopted
in order to calculate final gas composition and its gasification temperature.
The necessary heat for gasification step was finally calculated by summing heats of
reactions (11), (12), (14) and (15), each of them by the corresponding number of reacting
moles.

2.2.6 Energy balances
In order to estimate gas temperatures in the different reaction zones of the downdraft unit,
different energy balances were set up, each of them including one or more zones of the
reactor. Thermal energy released by oxidation reactions in combustion zone (see table 14)
was supposed to meet energy demands for the other process steps, such as moisture
vaporization, pyrolysis and gasification, as well as to heat up gas and solid components to
the corresponding process temperatures. Moreover, an heat loss as 10% of combustion
heat was added to the overall balance.
For all the proposed energy balances the same algorithm was used, such as the difference
of sensible heat contents between inlet and outlet species of the reference frame (volume
of the investigated part of reactor) was put equal to the sum of heat loss and process
heats involved in the same considered frame.
The first considered energy balance is regarding the whole volume of reactor, and it thus
takes in exam all the reaction zones. Gas temperature at the exit of gasification zone is
therefore calculated (supposing ashes at the same temperature). The energy balance can
be written as follows:
∑i

(mi·cpi·(Tgasif – To))gasif – mfresh·cpfresh·(Tdry – To) - mair·cpair·(Tair – To) +

mashes·cpashes·(Tgasif – Tdry) = ∆Hcomb·(1 - ξ) - ∆Hgasif - ∆Hpyr - ∆Hvap

(18)

(cpi was calculated as integral mean between gasification and standard temperatures,
cpfresh as integral mean between drying and standard temperatures and cpair as integral
mean between air inlet and standard temperatures. Air inlet temperature was set to 473K.
Heat loss was fixed to 0,1)
In equation (18) the unknown value is Tgasif only. Nevertheless, mi values are also
determined on the basis of this temperature, according to equations (16) and (17).
Therefore, as already said, Tgasif was obtained through an iterative calculation which also
involves equations (13), (16) and (17).
The second energy balance includes drying, pyrolysis and combustion zones only. Thus,
the outlet species from the reference frame are flaming pyrolysis (combustion) products
and ashes. It can be written as follows:
∑i(mi·cpi·(Tcomb – To))comb + mashes·cpashes·(Tcomb – Tdry) - mair·cpair·(Tair – To) –
mfresh·cpfresh·(Tdry – To) = ∆Hcomb·(1 - ξ) - ∆Hpyr - ∆Hvap

(19)

(in this case cpi was calculated as integral mean between combustion and standard
temperatures).
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According to equation (19), Tcomb as temperature at the exit of combustion zone was
possible to be estimated.
Successively, In order to know temperature at the outlet of pyrolysis zone, energy balance
on the only combustion one was set up, by considering that gasification heat is provided
by the cooling of flaming pyrolysis products and solids devolatilization starts at
temperature of 573K for all the biomass fuels (see par. 2.2.3). Therefore, thermal energy
for heating solids up to this value is also subtracted from combustion heat. The overall
balance was written as follows:
∑i(mi·cpi·(Tcomb –

To))comb

–

∑j(mj·cpj·(Tpyr

–

To))pyr

-

mashes·cpashes·(Tcomb – Tpyr) = ∆Hcomb·(1 - ξ) - ∆Hpyr - ∆Hvap - ∆Hheat

mair·cpair·(Tair

–

To)

+

(20)

(cpi was calculated as integral mean between combustion or pyrolysis temperatures and
standard one, for combustion and pyrolysis products respectively, while cpashes was
determined as integral mean between combustion and pyrolysis temperatures)
As a graphical representation of proposed thermo-chemical model development, and for
better comprehension of the adopted theoretical assumptions, figure 5 is shown below.

40

fresh biomass (daf,
ashes, moisture)

Heating and drying

Dry biomass
(daf, ashes)

H2O
(moisture)

∆Hpyr

pyrolysis

char
(CxNy)

air

∆Hvap + ∆Hheat

volatile matter
(CO, H2, CH4,
C2H4, HCN, H2O)

H2O
(moisture)

ashes

Combustion (partial
oxidation)

flaming pyrolysis
products (CO2,
Solid
CO, H2, CH4,
carbon
C
(C)
2H4, HCN, H2O,
N2)

H2O (moisture)

∆Hcomb

Heat loss

ashes

Gasification

∆Hgasif

gasification
products (CO2, CO, ashes
H2, CH4, C2H4,
NH3, H2O, N2)

Figure 5: thermo-chemical scheme of considered air downdraft gasification process
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2.3 Principles of gasification units dimensioning
On the basis of the results achieved from thermo-chemical model and according to the
thermo-physical properties of solid fuels (table 6), some basic calculations regarding
gasification unit dimensioning were carried out, especially by focusing on heterogeneous
reactions and gas-solid physical interactions analysis.
Indeed, mass and heat transfers between gas and solid phases were investigated and
they were correlated to the intrinsic kinetics of the processes. The scope was to determine
the controlling mechanism for each process step and to consequently estimate the
necessary minimum residence time (τ) of solid stream through the corresponding reaction
zone (assumed to be in perfect plug flow regime), in order that the same step can be
totally developed.
As regards the combustion zone, homogeneous reactions of volatile matter oxidation are
considered immediate in respect with the other heterogeneous processes of pyrolysis and
char gasification. Therefore, time for combustion was not calculated in this analysis. Time
to reach equilibrium of homogeneous water gas shift reaction was neglected, too. Because
of the unreliable results regarding thermo-chemical conversion of refuse derived fuels
(especially process temperatures, see par. 3.1.2), park waste wood, wheat straw and
sewage sludge were only considered as solid fuels in this second part of work.

2.3.1 Physical and chemical processes in char gasification
As stated in par. 2.2.5, the heterogeneous reactions which were supposed to take place in
the gasification zone are reactions (11) and (12), such as
C + H2O = CO + H2

(11)

C + CO2 = 2CO

(12)

Initial amount of solid carbon, as well as H2O and CO2 concentrations, were previously
calculated as flaming pyrolysis products in thermo-chemical model simulations. By leading
the analysis to the single particle conversion mechanism back, mass transfer from bulk
gas to the reacting sites of solid carbon particles was investigated as possible limiting
factor of heterogeneous reactions, and two different solid conversion models were
investigated, such as shrinking core model and uniform reacting particle one (see fig. 6).
According to this latter, reacting gas is supposed to be present evenly throughout the solid
particle at each moment, and it reacts with active sites uniformly and simultaneously (Kunii
and Levenspiel, 1991). Gas mass transfer resistance was thus not estimated in this case
but an overall equation suggested by Groeneweld and Van Swaaij (Di Blasi, 2009) was
used for the calculation of solid carbon conversion time τur:

7 ,5

dXc 2.88⋅10
=
⋅e
dt
(Tgasif )0,7

 217
−
 RTgasif







(

⋅ pCO2 + pH2O

) ⋅ (1 − X )
0.7

C

XC as conversion factor of char.
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(21)

Figure 6: Solid carbon particles conversion models
By solving eq. (21) in respect with XC and fixing its final value as 0,999, the time for
uniform reaction and closely complete carbon conversion was obtained. Partial pressures
of CO2 and H2O were calculated on the basis of flaming pyrolysis products composition
(total pressure as 1 bar) and they were considered time constants.
According to the shrinking core model, instead, a spherical reaction front, on which
reactions (11) and (12) take place, advances from the external surface of solid particle to
its inner core, which hence shrinks during process and it finally disappears.
If shrinking core model is applied to an unchanging size particle, reaction front can be
supposed to leave behind a layer of converted char (ashes), through which reacting gas
needs to penetrate and diffuse before reacting on solid active sites, while product gas
diffuses to the external particle surface the opposite way. Neglecting this second diffusion
phenomenon, the limiting factors for char gasification process can be in this case the
intrinsic surface kinetics of reactions (11) and (12), or the reacting gas diffusion through
the inner pores of converted char.
For each of these two conditions, a chemical or physical resistance to the reaction front
advancement was respectively calculated, as well as the necessary time for complete
carbon conversion.
In the case intrinsic kinetic was considered as limiting factor, the resistance to front
advancement, rk, was given as:
rk = 1/ k’(j) [s/m]

(22)

Surface kinetic constants, k’(j), were obtained for each of two reactions from the relative
volumetric kinetic constants, k(j), through the following relation:
k’(j) = k(j) · Rc / 3

(23)

Carbon particle radius Rc was calculated from initial biomass particle size, Rp (as
spherical, such as decreased by sphericity, φ), by considering radial particle shrinkage
during pyrolysis (Davidsson and Pettersson, 2002).
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Indeed:
Rc = Rp · φ · sr

(24)

sr = σ · γ2

(25)

σ = -2.62·10-6 (Tpyr)2 + 0.00395·Tpyr – 1

(26)

γ = Xvm / (Xvm + Xfc)

(27)

Volumetric kinetic constants were obtained from literature data (Babu and Sheth, 2005)
and they were adjusted on molar concentration basis as follows (mol/m3·s):
4

k11 = 1.517 ⋅ 10 e

 −121620 


 RT 

k12 = 3.616 ⋅ 10 e

⋅

p H 2O

(28)

C H 2O

 −77390 


 RT 

⋅

p CO2
(29)

C CO2

Solid carbon total conversion time τk, was initially calculated for each reaction separately,
by means of the following expression (Kunii and Levenspiel, 1991):

τk

( j)

=

ρ ' c ⋅ R c ⋅ rk
C (i )

( j)

[s]

(30)

Finally, In order to know total char gasification time in the case both of the reactions are
contemporary developed, the following expression was used:

τ

k

=

1
1
t k 11

+

1

[s]

(31)

t k 12

In the case of internal diffusion mechanism of reacting gases through the inner pores of
converted char layers, the physical resistance to the reaction front advancement was
written for both of the gasification reactions (i) as follows:
rid(i) = Rc / (6· Dme)(i)

[s/m]

(32)

Total carbon conversion time was then calculated by means of the following equation for
each reaction separately (Kunii and Levenspiel, 1991):

τ id =
(i )

ρ'c ⋅Rc ⋅ rid
C(i)

[s]

(33)

(Dme)i was estimated as follows:
(Dme)i = (Dm)i · εc

[m2/s]

(34)
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(Dm)i, molecular diffusion coefficient of reacting gas (i) [m2/s], was calculated for CO2 and
H2O by using an analytical expression adopted for binary gas mixtures (Inglezakis and
Poulopoulos, 2006), in which one of the components is the diffusing reactant gas (i) and
the other includes all the other gaseous compounds resulted in flaming pyrolysis products
composition.

(T )

1, 75

Dm i = 0.01 ⋅

MR =

gasif

(

p ⋅ Vi

1/ 3

⋅MR

+ Vg

0 .5

)

1/ 3 2

1
1
+
PM i PM g

(35)

(36)

Shrinking core model was also used for changing size carbon particles, in the case fuel
ash content is not enough to form a layer of converted char behind the advancing reaction
front. In this case, this latter always coincides with the external surface of particle that
shrinks during the gasification process, so as diffusion of reactant gas through the
converted char layer cannot be considered.
Therefore, besides the intrinsic kinetic chemical resistance, as limiting factor for carbon
conversion process, the diffusion mechanism of reacting gases from bulk to external
surface of particle was investigated. Indeed, a gas film is always supposed to be
established around the solid carbon particle, where a radial gas concentration gradient is
developed, representing the driving force (or equivalently the physical resistance) to
process advancement. This resistance is usually neglected in the case of unchanging size
particle conversion, since it is normally lower than gas diffusion resistance trough the inner
pores of solid. Nevertheless, they can also be coupled together as in series mechanisms,
when their effects on conversion time are comparable.
External gas film resistance, red, was calculated for each reacting gas, as follows:
red(i) = Rc · yi / Dm(i)

[s/m]

(37)

Corresponding time for total carbon conversion was then:

τ ed =
(i )

ρ'c ⋅Rc ⋅ red
2⋅ C(i)

[s]

(38)

In this analysis, since their comparable resistances, internal and external mass transfers
were coupled together as in series phenomena for all the biomasses species. Unchanging
size particles were therefore always considered as a more conservative case for char
gasification time calculation.
The resulting overall physical resistance for each gasification reaction was hence
calculated as:
rd(i) = rid(i) + red(i)

[s/m]

(39)
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while the corresponding solid carbon conversion time by the overall diffusion mechanism
was calculated as:

τd =

ρ'c⋅Rc ⋅ rd(i)

[s]

(40)

C(i)

(i )

Finally, in order to take into account the simultaneous development of the two gasification
reactions, eq.(31) was still used, by only changing τk values with τd ones.
Overall diffusion mechanism corresponding time was successively compared with the
ones resulting from kinetics analysis, according to both the uniform reacting particle and
shrinking core models.
The maximum estimated value among these all results was thus assumed to be the
necessary time for complete char gasification in that particular application.

2.3.2 Pyrolysis controlling mechanisms
Shrinking core model for single particles conversion was used in biomass pyrolysis
analysis, too. Nevertheless, as pyrolysis is a thermo-physical process in which no gas
reactants take place (reaction of solids alone, as stated by Kunii and Levenspiel, 1991),
intrinsic surface kinetic was compared with heat transfer mechanism as possible limiting
factor of the process, instead of gas mass transfer. Since in downdraft units the gasifying
medium (air, in this case) is supposed to be directly fed to the combustion zone and
gaseous products flow downwards, convective heat exchange between flaming pyrolysis
products (as heat source) and biomass particles was not considered in this analysis, but
conductive and radiative ones only.
Conductive heat exchange was considered in the case of unchanging size particles,
whereof the converted char layer represents the internal resistance to the same heat
transfer. Indeed, the external surface of particle is supposed to be at combustion
temperature while reaction front is at pyrolysis one. A thermal gradient is then established
inside the particle and it represents the driving force for the reaction front, in this case.
The conductive heat transfer coefficient was calculated as:
hcond = λchar / (Rp· φ)

[W / m2·K]

(41)

λchar, thermal conductivity of char, was estimated from literature data. It was assumed as
0,11 for woody biomasses (Gupta et al., 2003) and as 0.06 for unwoody biomasses
(Suuberg et al., 2001), corresponding to cellulose char thermal conductivity.
Finally, the time for complete pyrolysis of biomass particle, in the case of internal heat
transfer limitation, was calculated as follows:

(R ⋅φ )

2

τ iht =

p

⋅ ∆H pyr ⋅ ρ s

2 ⋅ λchar ⋅ ∆T

∆T = Tcomb – Tpyr [K]

(42)
(43)

Radiative heat transfer was instead considered as an external thermal resistance for still
unchanging size particles conversion (in order to take in exam both of the resistances in
pyrolysis time estimation)), whose outer surface, in this case, was supposed to be at

46

pyrolysis temperature and flaming pyrolysis products were envisaged as the radiative heat
source at combustion temperature.
Their thermal emissivity was calculated by following an analytical procedure which is
usually called the mixed grey gas model, (Rhine and Tucker, 1990): hot gas is considered
as a mixture of three main grey components (CO2, H2O, N2, in this case) with the addition
of an auxiliary clear gas.
Thermal emissivity for each of these components is given as:

eg = 1 − e

(− k g pL )

(44)

kg is the thermal absorption coefficient [atm-1·m-1], empirically estimated (as zero for clean
gas).
Total emissivity of the gas mixture is then given by a weighted sum of the single
components emissivities, whose weighting coefficients, ag, were also empirically estimated
(Rhine and Tucker, 1990). Their analytical expression is:
(45)

ag = b1 + b2·T

Numerical values of these coefficients are reported in the table 7.

clear gas
component 1
component 2
component 3

b1

b2

kg

0,423
0,285
0,227
0,065

4,33E-05
5,13E-05
-6,76E-05
-2,70E-05

0
0,890
15,5
240,0

Table 7: parameters for gas thermal emissivity calculation
In equation (44) beam length L also appears. For its estimation, a reactor characteristic
dimension was needed to be determined and at this scope an infinite cylinder was
considered as theoretical geometrical model for radiative heat transfer. In this case, beam
length L is defined as the diameter of cylinder (as characteristic reactor dimension) by the
reciprocal factor, F (as 0,9 from Colombo, 2007).
Radiative heat transfer coefficient was calculated as follows (Di Blasi, 2008):
hrad = eg· σb·(Tcomb+Tpyr)·(T2comb+T2pyr)

[W / m2·K]

(46)

And time for complete pyrolysis of biomass particles, in the case of radiative heat transfer
limitation, was calculated as:

τrht =

(R ⋅φ)⋅ ∆H
p

pyr

hrad ⋅ ∆T

⋅ ρs

(47)

In order to evaluate the relative weights of heat transfer resistances on pyrolysis
development, Biot number was calculated, as the ratio between radiative and conductive
heat transfer coefficients:
Biot = hrad / hcond = (Rp· φ )·eg· σb·(Tcomb+Tpyr)·(T2comb+T2pyr) / λchar [-]
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(48)

For Biot > 10, conductive heat transfer process was investigated as possible pyrolysis
limiting factor only.
For Biot < 0.1, radiative heat transfer process was considered as possible limiting factor
only.
For 0.1 < Biot < 10, both of the thermal resistances were taken into account to estimate
time for complete pyrolysis development.
As definition, for Biot number equal to unity, conductive and radiative heat transfer
coefficients are the same, and the corresponding thermal resistances thus have the same
relevance in pyrolysis development. For each biomass fuel, therefore, the appropriate
particle size corresponding to this condition (R*), was also calculated for better analysis.
Besides thermal resistances, intrinsic surface kinetics was investigated as the main
resistance to solid devolatilization, too. In fact, although pyrolysis is a thermo-physical
process rather than a real chemical reaction, it is very common to find in the literature
some analytical expressions similar to the kinetic rate equations, usually derived from
experimental tests on different fuels conversion. The analytical formula that was used for
solid conversion factor Xb in this analysis is:

dX b
= k pyr ⋅ (1 − X b )
dt

(49)

where kpyr is the pyrolysis kinetic constant [s-1], according to what mentioned above. For all
the biomass materials, the Arrhenius’ expression was adopted:

k pyr = k 0 ⋅ e

 − Ea

 RT pyr







(50)

Values of kinetic parameters and their corresponding kinetic constants (at pyrolysis
temperature) are listed in the table 8, as they were found in the literature for the different
biomass fuels:
fuel

T pyr (K)

wheat straw

0

Ea (kJ/mole)

kpyr (1/s)

k'pyr (m/s)

Reference

712

k (1/s)
1,56E+10

138

1,174

0,00391

Zhou et al., 2005

park waste wood

674

1,90E+12

177

Bellais, 2007

711

1,90E+12

177

0,037
0,189

0,00031

softwood

0,00069

Bellais, 2007

sewage sludge

702

3,00E+03

69

0,022

0,00001

Yang et al., 2008

Table 8: Pyrolysis kinetic parameters and kinetic constants for different biomass species
For woody biomasses, the same kinetic expression was used (Bellais, 2007) in order to
better investigate the effects of the other physical properties of the same materials on the
overall pyrolysis development.
By solving eq. (49) in respect with Xb and fixing its value as 0,999, the time for closely
complete development of particles pyrolysis was finally calculated.
The relative weight of intrinsic kinetic resistance on pyrolysis development was compared
with both of the thermal ones through the analysis of the so called Thiele number, Th, as
ratio of the respective heat transfer rates.
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Since conductive or radiative heat transfer resistances could be in turn considered, two
different expressions of Thiele number were used (Di Blasi et al., 2001):

k * pyr ⋅ ρ s ⋅ cpb ⋅ (φ ⋅ R p )

2

Thcond =

Thrad =

λchar
k * pyr ⋅ ρ s ⋅ cpb ⋅ (φ ⋅ R p )

(51)
(52)

hrad

According to the values obtained for Biot and Thiele numbers, the following procedure
was finally adopted:
If Biot > 10, Thcond was only taken in exam for the comparison and combination of solid
conversion resistances, and in this case:

-

for Thcond > 10, internal conductive heat transfer resistance was considered the only
limiting factor of pyrolysis process and τiht was chosen as solid conversion time.

-

for Thcond < 0.1, intrinsic kinetic resistance was considered the only limiting factor of
pyrolysis process and total solid conversion time was calculated by means of eq.
(49).

-

for 0.1 < Thcond < 10, internal conductive heat transfer resistance and intrinsic kinetic
one were both considered as limiting factors of pyrolysis process. For simplicity, their
corresponding solid conversion times were only added together in order to estimate
time for total pyrolysis achievement

If Biot < 0.1, Thrad was only considered for the comparison and combination of solid
conversion resistances. In this case:

-

for Thrad > 10, external radiative heat transfer resistance was considered as the only
limiting factor of pyrolysis process and τrht was chosen as solid conversion time.

-

for Thrad < 0.1, intrinsic kinetic resistance was considered the only limiting factor of
pyrolysis process and total solid conversion time was calculated by means of eq. (49)

-

for 0.1 < Thrad < 10, external radiative heat transfer resistance and intrinsic kinetic
one were both considered as limiting factors of pyrolysis process. For simplicity, their
corresponding solid conversion times were only added together in order to estimate
total pyrolysis time.

If 0.1 < Biot < 10, Thcond and Thrad were both considered for the combination of solid
conversion resistances and the procedure described above was applied for both of them,
such as:

-

for both Thiele numbers > 10, thermal resistances were only considered as
pyrolysis limiting factors and their corresponding conversion times were added
together in order to obtain total conversion time.

-

for both Thiele numbers < 0.1, kinetic resistance was considered as only pyrolysis
limiting factor.

-

If one or both of the Thiele numbers came out in the range from 0.1 to 10, their
corresponding thermal resistances were coupled with the kinetic one, and their
relative solid conversion times were added together
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2.3.3 Fuel drying process
Drying of solid fuels was investigated according to the same analytical procedure adopted
for pyrolysis conversion step, such as by the analysis of internal and external heat transfer
mechanisms for a solid particle. In addition, moisture diffusion (as water vapour) from the
inner core to the external surface of particle was also considered as possible process
limiting factor.
In this latter case, the time for complete drying of fuels was calculated by means of the
following equation (Kunii and Levenspiel, 1991), fixing Xw = 0,999 independently on initial
moisture content of biomass (n assumed as 1,2,3)..

6

1− X w =

π

2


Dm w ⋅ t 
1
2
exp
n
⋅
−
π
⋅


2
2
n
R
n =1


p
∞

(

⋅∑

)

(53)

Dem is the vapour effective molecular diffusion coefficient in air [m2/s], and it was
w

calculated as:

Dem = Dm · εb
w

(54)

w

Solids drying process was then supposed to be heat transfer limited, too. Internal
conductive heat transfer and radiative one were still considered, and shrinking core model
was still adopted.
As regard radiative heat transfer, biomass particles surface was supposed to be at drying
temperature and pyrolysis products were in this case considered as heat source, at their
corresponding pyrolysis temperature (CO, H2 and H2O were chosen as gas mixture for
emissivity estimation, in this case). Radiative heat transfer coefficient, hrad, was then
calculated according to eq. (46) by only changing Tcomb and Tpyr with Tpyr and Tdrying
respectively.
The analytical expression of drying time of solid fuels, (τdry)rht, is shown below (Kunii and
Levenspiel):

(τ )

dry rht

=

ρs ⋅ (Rp ⋅ φ )⋅U 0 ⋅ ∆Hvap

(55)

6 ⋅ hrad ⋅ ∆T

∆T = Tpyr – Tdrying [K]

(56)

In the case of internal heat conduction mechanism, instead, heat transfer coefficient was
calculated as follows:
[W / m2·K]

hcond = λb / (Rp· φ)

(57)

λb is the thermal conductivity of biomass particle in this case, whose values were found in
literature for the different biomass fuels, as well (see table 6).
Time for particle drying was then calculated through the following equation:

(τ )

dry iht

(R ⋅φ )

2

=

p

⋅ ∆H vap ⋅U 0 ⋅ ρ s

2 ⋅ λb ⋅ ∆T

(58)
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As for pyrolysis, internal and external heat transfer resistances were then compared
through the Biot number estimation, for which, in this case, the following expression was
assumed:
Biotdry = hrad / hcond = (Rp· φ )·eg· σb·(Tpyr+Tdry)·(T2pyr+T2dry) / λb [-]

(59)

2.3.4 Biomass heating
In order to complete the analysis on the main steps to be envisaged for a correct
dimensioning of a downdraft gasifier, heating of solid fuels was investigated, too.
On the contrary of the other examined processes, biomass bed inside the reactor was
thought as a single macro-fluid, considering solids and air as components of an
homogeneous material, whose density and heat capacity were thus defined as:
cpbed = cpfresh·(1-εbed) + cpair· εbed

ρbed = ρbulk [kg/m3]

[J/g K]

(60)

(61)

Three main mechanisms were studied and combined together for biomass heating
analysis: convective heat transfer between the leaving product syngas and the fresh
feeding material through the cavity walls of a double-walled reactor, radiative heat
exchange from the hot inner walls of reactor, and still radiative heat exchange by flaming
pyrolysis products to the upper bed of material. These mechanisms were supposed to
accomplish the biomass heating process from unit inlet up to pyrolysis temperature.
Moisture vaporization was instead neglected in this section, since it was already treated in
the previous paragraph, supposing to be achieved by radiative and conductive heat
transfers only.
Thermal power from convective heat exchange, ∆Hconv, was estimated by the following
expression (Colombo, 2007):

π ⋅ ∆T m ⋅ Lh

∆H conv =
hbed

 D
1
+ ln i
⋅ Dbed
 Dbed

(62)

 1
1
 ⋅
+
 2λ w hgas ⋅ Di

∆Tm is the logarithmic temperature difference [K] between externally flowing syngas and
inner biomass bed. It was calculated as (Colombo, 2007):

m

∆T =

(T

gasif

(

− T pyr ) − T g exit − T b in
(Tgasif − T pyr )
ln g
T exit − T b in

(

)

(63)

)

hgas is the convective heat transfer coefficient at the gas side and it was calculated as:
hgas = Nugas· λgas / sh

[W/m2 K]

(64)
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Nugas is Nusselt number of gas flow, calculated as (Holman, 1990):

Nu gas

 Re gas ⋅ Pr gas ⋅ s h
= 1,86 ⋅ 
Lh

0 ,8





1
3

1

Nu gas = 0,023 ⋅ Re gas ⋅ Prgas 3

Re gas =

Prgas =

u ⋅ ρ gas ⋅ s h

µ gas

cp gas ⋅ µ gas

per Regas < 4000

(65)

per Regas > 4000

(66)

(67)

(68)

λ gas

Heat transfer coefficient at biomass side, hbed, was instead calculated as the combination
of two different in series terms, respectively regarding heat transfer from solid bed to
reactor walls and radial thermal diffusion through the same biomass bed (Kunii and
Levenspiel,1991).
Conductive heat transfer coefficient from bed to reactor walls was estimated by means of
the following expression, where convective term is neglected, since the very low bed
material velocity through the reactor (Kunii and Levenspiel, 1991):

hb / w =

2 ⋅ λ bed
d p ⋅φ

[W/m2 K]

(69)

λbed is the thermal conductivity of bed [W/m K], estimated by coupling solid and air thermal
conductivities through the following expression (Kunii and Levenspiel, 1991):

λbed = ε bed ⋅ λair



1
+ (1 − ε bed ) ⋅ λb ⋅ 
 λ
φ w  b
  λ air




 1
 + 
 3 

(70)

Φw is the thickness of bed film (as dimensionless ratio with dp) through which the
conductive heat exchange is supposed to be developed. It is calculated according to the
ratio λb/λair, that was estimated as 0.35 for wood, 0.34 for straw, and as 0.30 for sewage
sludge (Kunii and Levenspiel, 1991).
Thermal diffusion within the bed and towards the inner walls of reactor was instead
calculated as:

 λ ⋅ ρ ⋅ cpb ⋅ (1 − ε bed ) ⋅ ubed 
h 0 b ed = 1.13 ⋅  b b

Lh



(71)

52

Finally, total heat transfer coefficient at the bed side, hbed, was calculated as:

1

hbed =

1
hb / w

+

(72)

1
h 0 bed

hgas and hbed were then inserted in eq. (62), as they were obtained by eq. (64) and (72)
respectively.
Besides convective heat transfer, two radiative exchange terms were also considered, as
said. The first is regarding the radiative heat emission from the hot walls of reactor, which
are externally heated by the syngas stream which brushes their external surface while
leaving from reactor..
At this purpose, temperature of reactor walls was calculated by considering convective
heat exchange ∆Hconv from flowing gas to the inner wall surface only. ∆Tmw was first
estimated as corresponding logarithmic mean temperature:
∆H conv

∆T m w =
2πRm ⋅ Lh ⋅

(73)

1
Rm

 D
2 Rm
+
⋅ ln i
hgas ⋅ Di λ w
 Dbed

Di − Dbed
2
Rm =
 Di 

ln
 Dbed 





(74)

Tw was thus possible to be estimated through the following equation:

Tw =

T gasif − T

g

1− e

⋅e

exit

 T gasif − T g exit


∆T m w


 T gasif − T g exit


∆T mw







(75)






Radiative heat exchange from reactor walls was finally calculated as:

∆H w rad =

(

4

2πRm Lh ⋅ σ b ⋅ Tw − T m bed
1
1
+ −1
ew eb

4

)

(76)

Tmbed = (Tpyr + Tbin)/2

(77)

Radiative heat exchange from hot flaming pyrolysis product gases was envisaged, too. It
was calculated as thermal radiation absorption by the biomass bed taking up the pyrolysis
zone.
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The thermal radiation passing a fluid or solid layer through, at a distance z from energy
source, ∆Hbedrad, is expressed by the Lambert-Beer’s law (Bass M. et al., 1995):

∆H bed rad = ∆H o e (−α ⋅ z ) )

(78)

In the case of a downdraft gasifier, ∆H° can be seen as the thermal radiation by flaming
pyrolysis products and, therefore, thermal power absorbed by biomass bed can be written
as:

∆H

bed
rad

=

πDbed2
4

⋅ F ⋅ ε g ⋅ σb ⋅ Tcomb ⋅ (1− e−α⋅Lh )
4

(79)

Equations (62), (76) and (79) were finally coupled together in order to formulate the energy
balance on biomass fuel to be heated from drying to pyrolysis temperature. It was written
as:

ρbed ⋅

π ⋅ Dbed2
4

⋅ ubed ⋅ cpbed ⋅ (Tpyr − Tdrying) ) = ∆Hconv + ∆H w rad + ∆H bedrad

(80)

In equation (79) the only two unknown values are Lh and Tgexit (bed diameter was chosen
the same as gasification zone one, according to the open core configuration). As a
consequence, in order to find them out, thermal energy balance on syngas stream was
also added:

ρ g ⋅ cp g ⋅ Qg ⋅ (Tgasif − T g exit ) = ∆H conv

(81)

54

3 RESULTS
3.1 Outcomes from kinetic free model application on the different
biomass fuels
3.1.1 Main results by thermo-chemical model
According to the biomass gasification kinetic free model described in par. 2.2, the results
on thermo-chemical conversion processes of considered biomass fuels are presented in
this paragraph.
From the Østberg’s pyrolysis model application (Østberg et al., 1998), the following
components and yields at the exit of pyrolysis zone were estimated for the examined
biomass species. Their corresponding temperatures (Tpyr) are also reported as they were
calculated according to eq. (20):
wt%
Char (CxNy)

wheat straw
12,45

park waste wood
18,24

softwood
19,42

sewage sludge
10,87

RDF with plastic
5,15

CO

65,36

67,31

57,08

33,37

24,51

H2

4,97

5,34

3,79

3,26

4,13

CH4

0,04

0,00

3,65

1,26

14,53

C2H4

2,36

0,01

0,96

5,87

39,80

HCN

0,72

0,28

0,10

6,09

0,56

H2O (moisture + pyrolysis)

9,86

5,78

14,72

6,66

2,65

ashes

4,24

3,04

0,27

32,62

8,66

Tpyr (K)

712

674

711

702

664

Table 9: Pyrolysis products for the considered biomass fuels (wt%) and their
corresponding temperatures according to the kinetic free model application
By relating these first outcomes to the proximate and ultimate analyses of biomass fuels
(table 3), it can be noted that oxygen/carbon ratio (O/C) in biomass elementary
composition plays a very important role in determining volatile matter components. Indeed,
for low O/C ratios (in the case of sewage sludge and refuse derived fuels above all), high
mass percentages of methane and ethylene are obtained in spite of CO and H2 yields.
The reason of this result is due to the same assumption of Østberg’s model for pyrolysis
simulation (initially developed for coal devolatilisation), and its relatively limited number of
considered gas components as possible products. In fact, according to this analytical
approach, in the case the examined fuel shows a low O/C ratio, carbon element that is not
involved in char production is necessary linked to hydrogen, thus leading to a high
production of CH4 and C2H4 and relatively low fractions of CO. As a consequence, even
low yields of molecular hydrogen are obtained, since it is mainly consumed in the
formation of the same hydrocarbon compounds.
In real cases, besides CH4 and C2H4, different compounds are also produced during
pyrolysis (especially tars and heavier hydrocarbons) which are successively thermally
cracked or dry and steam reformed in the further steps of gasification.
In this proposed solid conversion model, instead, CH4 and C2H4 are the only considered
hydrocarbons in pyrolysis products and they are even assumed to be stable components
of final syngas composition.

55

Therefore, O/C ratio in fuel elementary composition represents a limiting key parameter for
the reliability of the model simplifying assumptions, since they can be accepted only for
fuels with relatively high O/C values.
As regards char production during pyrolysis, it was assumed to be as the same amount of
fixed carbon reported in fuels proximate analyses.
In table 9, the high mass percentage of ashes as solid pyrolysis products of sewage
sludge obviously causes the decrease of the other gas yields, which therefore show lower
values than the other biomass materials.
As stated in par. 2.2.4, air gasification was assumed to be carried out for all the biomass
materials. Equivalence ratios as 0.25, 0.30 and 0.35 were fixed in this analysis and
different air / fuel ratios were consequently calculated for each biomass fuel, as reported in
table 10.

kgair / kgfresh biom

fuel

kgair / kgdaf biom

ER = 0.25 ER = 0.3 ER = 0.35 ER = 0.25 ER = 0.3 ER = 0.35
wheat straw

1,28

1,54

1,80

1,50

1,80

2,10

park waste wood

1,40

1,68

1,96

1,52

1,83

2,13

softwood

1,42

1,71

1,99

1,58

1,90

2,22

sewage sludge

1,19

1,43

1,66

2,03

2,44

2,84

RDF with plastic

2,75

3,30

3,85

3,11

3,73

4,35

Table 10: Air supplies for gasification of biomass fuels according to different ER values
By following the analytical procedure described in paragraphs 2.2.4, 2.2.5 and 2.2.6, final
process products were estimated as ashes and gaseous components leaving the
gasification zone. Gas components percentages and total yields are listed in tables 11a,
11b and 11c according to the equivalence ratios cited above, for all the biomass species.
Corresponding temperatures at the exit of gasification zone (as calculated from eq. (18))
and cold gas energy efficiencies are also included.

vol% (ER = 0.25 )

wheat straw

park waste wood

softwood

CO

22,96

29,46

25,98

17,47

-

H2

26,96

26,95

22,33

18,52

-

CH4

0,02

0,002

2,17

0,99

-

C2H4

0,84

0,004

0,33

2,65

-

CO2

10,73

7,05

8,74

10,48

-

N2

35,24

35,69

37,06

43,13

-

H2O

2,97

0,74

3,37

3,91

-

0,27

0,10

0,04

2,85

-

6350

6645

6663

6525

-

782

684

895

849

-

gas yield (Nm /kgfresh)

2,24

2,41

2,36

1,72

-

process efficiency

0,90

0,92

0,88

0,89

-

NH3
3

LHV (kJ/Nm )
Tgasif (K)
3

sewage sludge RDF with plastic

Table 11a: Syngas yields, compositions, temperatures and cold gas energy efficiencies of
thermo-chemical process at ER = 0.25
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vol% (ER = 0.3 )

wheat straw

park waste wood

softwood

sewage sludge

RDF with plastic

CO

21,70

26,63

23,89

15,83

0,23

H2

21,44

22,49

17,42

13,17

5,28

CH4

0,02

0,002

2,02

0,91

3,89

C2H4

0,78

0,003

0,30

2,44

8,22

CO2

9,78

7,45

8,43

9,93

11,44

N2

39,50

39,97

41,40

47,59

57,10

H2O

6,52

3,36

6,51

7,51

13,71

NH3

0,25

0,09

0,03

2,62

0,13

LHV (kJ/Nm )
T gasif (K)

5560

5804

5802

5558

6861

986

932

1110

1067

604

gas yield (Nm3/kgfresh)

2,40

2,58

2,54

1,86

3,55

process efficiency

0,84

0,86

0,82

0,82

0,94

3

Table 11b: Syngas yields, compositions, temperatures and cold gas energy efficiencies of
thermo-chemical process at ER = 0.30
vol% (ER = 0.35 )

wheat straw

park waste wood

softwood

sewage sludge

RDF with plastic

CO

20,39

24,60

21,84

14,01

0,93

H2

16,81

18,14

13,37

9,01

4,00

CH4

0,02

0,002

1,89

0,85

2,77

C2H4

0,74

0,003

0,28

2,26

7,05

CO2

9,15

7,36

8,39

9,88

10,76

N2

43,23

43,72

45,18

51,40

59,45

H2O

9,43

6,10

9,01

10,16

14,93

0,23

0,09

0,03

2,43

0,12

4863

5077

5048

4725

5717

1162

1130

1294

1255

832

gas yield (Nm /kgfresh)

2,56

2,75

2,71

2,01

3,97

process efficiency

0,78

0,81

0,77

0,75

0,88

NH3
3

LHV (kJ/Nm )
T gasif (K)
3

Table 11c: Syngas yields, compositions, temperatures and cold gas energy efficiencies of
thermo-chemical process at ER = 0.35
As it can be seen from table 11a, values for RDFs corresponding to ER = 0.25 are not
indicated. In fact, at this condition, total energy balance of the overall gasification process
was not satisfied, such as air supply was not enough to thermally sustain the thermochemical endothermic processes (moisture vaporization, pyrolysis and char gasification)
by providing the necessary heat from combustion reactions. Indeed, as reported in table
12, a very high pyrolysis heat was calculated for RDFs, according to pyrolysis products
composition and solid fuel heating value (eq. (6)). For this reason, thermal energy supply
and demands were not balanced in the case of ER = 0.25. Moreover, for ER as 0.30 and
0.35, estimated combustion and gasification temperatures (see table 13) also resulted too
low in respect with the usual values at which their corresponding processes are expected
to be developed.
Moreover, the high yields of methane and ethylene calculated in pyrolysis zone and
resulting from the low O/C ratios of their elementary compositions, are still present as high
volumetric percentages in final syngas compositions both for sewage sludge and
57

especially for RDFs, since these compounds are assumed to be not involved in the further
combustion and gasification steps.
Besides, RDFs are also featured by a little char production during pyrolysis step, that is
instead assumed to be the only compound to be converted to H2 and CO in the
gasification zone. As a consequence, very low percentages of these two combustible
gases are presented in the final syngas composition.
For the two woody biomasses, syngas low heating values resulted almost the same,
although their compositions were quite different. Because of its lower O/C ratio (see table
3), softwood shows an higher percentage of methane in final gas composition and a
slightly lower syngas yields.
The highest bound nitrogen content in sewage sludge elementary composition is then the
reason for the highest ammonia percentages in its corresponding final syngas
compositions.

fuel

∆Hcomb (kJ/kgdaf)

∆Hvap (kJ/kgdaf) ∆Hpyr (kJ/kgdaf)

∆Hgasif (kJ/kgdaf)

ER = 0.25 ER = 0.3 ER = 0.35 ER = 0.25 ER = 0.3 ER = 0.35
wheat straw

329

2362

-5967

-7160

-8353

1705

1851

1986

park waste wood

168

2095

-6048

-7257

-8467

2494

2585

2700

softwood

309

1308

-6283

-7540

-8744

2637

2763

2823

sewage sludge

316

3452

-7968

-9400

-10832

1805

1790

1747

RDF with plastic

95

10633

-

-12836

-14721

-

480

490

Table 12: Process heats in the different reaction zones, according to biomass nature and
equivalence ratio

ER = 0.25
T
T

pyr

(K)

softwood

sewage sludge

RDF with plastic

712

674

711

702

-

(K)

1216

1345

1510

1208

-

gasif

(K)

782

684

895

849

-

wheat straw

park waste wood

softwood

sewage sludge

RDF with plastic

712

674

711

702

664

ER = 0.3
T

pyr

(K)

comb

(K)

1409

1525

1669

1371

656

gasif

(K)

986

932

1110

1067

604

wheat straw

park waste wood

softwood

sewage sludge

RDF with plastic

712

674

711

702

664

T

ER = 0.35
T
T

park waste wood

comb

T

T

wheat straw

pyr

(K)

comb

(K)

1569

1674

1791

1509

888

gasif

(K)

1162

1130

1294

1255

832

T

Table 13: gas temperatures at the exit of the different reaction zones, according to
biomass nature and equivalence ratio
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By comparing the maximum estimated temperatures inside the gasifier (such as at the exit
of combustion zone) at the same equivalence ratio and for all the biomass materials
(except for RDFs), they seem to be depending on biomass ash content more than on air to
biomass supply (as inert nitrogen gas conveyor). Indeed, sewage sludge shows the lowest
combustion temperature and the highest ash content, and combustion temperatures for all
the materials decrease with the rise of ash amounts. The same trend can be also
observed by considering the two woody biomasses only, whose elementary compositions
are very similar and only ash and moisture content are changed.
Woody biomasses also show the highest gasification heat, ∆Hgasif, at each ER condition
(see table 12). This is also an expected result since these materials are characterized by
the highest fixed carbon contents, which are assumed to give similar char contents during
pyrolysis step and then to be totally converted in the gasification zone.
As an indirect result of the previous computations, an estimation of combustion heat
distribution among the other endothermic processes was achieved, according to
equivalence ratio. Besides heat loss (fixed to 10% of total combustion heat), two other
terms were considered: heat for processes occurring before combustion, (air and
feedstock heating, biomass drying and pyrolysis), and heat for endothermic gasification
reactions, afterwards partial oxidation. Their respective amounts, X and Y, as ratio to total
combustion heat, are reported in following table 14:

ER = 0.25

wheat straw

park waste wood

softwood

sewage sludge

RDF with plastic

ξ

0,1

0,1

0,1

0,1

-

X

0,58

0,48

0,36

0,58

-

Y

0,32

0,42

0,54

0,32

-

ER = 0.30

wheat straw

park waste wood

softwood

sewage sludge

RDF with plastic

ξ
X

0,1
0,47

0,1
0,44

0,1
0,30

0,1
0,56

0,1
0,89

Y

0,43

0,46

0,60

0,34

0,01

ER = 0.35

wheat straw

park waste wood

softwood

sewage sludge

RDF with plastic

ξ

0,1

0,1

0,1

0,1

0,1

X

0,41

0,34

0,26

0,43

0,77

Y

0,49

0,56

0,64

0,47

0,13

Table 14: Distribution of combustion heats as heat source for the other endothermic
processes involved in biomass gasification

3.1.2 Influence of moisture content and equivalence ratio on gasification
model results
Gas temperatures at the exit of pyrolysis zone are not affected by equivalence ratio, as
well as pyrolysis products. This is an obvious result, since solids devolatilization is a
thermo-physical process that is carried out without any oxidizing gas reactants, and, in a
downdraft gasification configuration, gasifying medium is fed downwards pyrolysis zone.
As expected, CO and H2 percentages instead decrease with the rise of equivalence ratio,
while CO2 and water contents increase as combustion products of reactions (7) and (8)
prevalently. This obviously leads to a consequent increase of syngas heating values for
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lower ER values (see fig. 7). Moreover, in spite of the greater syngas yields corresponding
to higher equivalence ratios, even cold gas energy efficiencies show the same trends as
gas low heating values as a function of ER (see fig. 8).
Nevertheless, these results are deeply influenced by the initial simplifying assumptions of
complete conversion of char in gasification zone and fixed energy loss as 10% of
combustion heat, by neglecting tars formation at each working condition. In practical
applications, on the contrary, air / fuel ratio plays a very important role in char conversion
and final yield of tars, so as cold gas energy efficiencies could even show opposite trends
from the analysis of experimental results.

LHV
7000

wheat straw

park waste
wood

kJ/Nm3

6000

softwood
5000

sewage
sludge
4000
0,2

0,25

0,3

0,35

0,4

ER

Figure 7: Low heating values of product gas as a function of equivalence ratio, for the
different biomass fuels

0,95
wheat straw

0,90
park waste
wood

0,85
η

softwood

0,80
sewage
sludge

0,75

0,70
0,2

0,25

ER

0,3

0,35

0,4

Figure 8: Cold gas energy efficiencies of gasification process as a function of equivalence
ratio
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As the enhanced exothermic oxidation reactions (7) and (8), also combustion heat, ∆Hcomb
(in absolute terms), increases with equivalence ratio, and, as a consequence,
temperatures in combustion and gasification zones as well, since the more energy supply
(see table 13).
Besides, as the rise of temperature in the gasification zone, the exothermic water gas shift
reaction (15), (∆H = -41 kJ/mole) is not favoured for higher ER values, so that the overall
process heat of gasification step, ∆Hgasif (as endothermic process), also results increased
at higher equivalence ratio conditions.
Water vapour percentages in final syngas compositions are clearly dependant on the
moisture contents of corresponding fuels, as it can be especially seen from the analysis of
park waste wood syngas composition according to its lowest initial water content.
The same dependence is not so evident in the case of H2 syngas percentage, instead. It
could be thus deducted that, at least for the considered biomasses, low moisture contents
(until 5%, at least) don’t represent a limiting factor for solid carbon conversion (eq. (11)),
which is on the contrary mainly carried out by the oxidation reactions products (H2O and
CO2) released in the combustion zone.
The addition of auxiliary steam for increasing process efficiency and heating value of
syngas seems therefore to be not necessary in the case of the biomasses taken in exam.
Fuel moisture content seems also to be affecting gas temperature at the exit of gasification
zone. In fact, by considering the two woody biomasses only, at the same ER condition,
gasification temperatures resulted higher for softwood than for park waste wood, although
this latter shows the lowest moisture content. This can be explained from the assumption
of water gas shift reaction equilibrium in the gasification zone. Indeed, by also considering
complete conversion of char by reactions (11) and (12), a greater H2O concentration in
final syngas composition, especially due to the higher initial water content of fuel (as in this
case of softwood), gives a lower value of equilibrium constant (see eq. (16)), and,
according to eq. (17), it consequently make a rise of equilibrium temperature.
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3.1.3 Validation of model results through the comparison with experimental
data (woody biomasses)
Results of the proposed analytical model were well validated from the comparison with
experimental data regarding wood processing, for which a great number of thermochemical conversion tests are reported in literature.
Gas temperatures and solid mass fractions (char + ashes) calculated at the exit of
pyrolysis zones (see table 9) were compared with the same parameters registered during
wood pyrolysis tests, considering their measured constant values at the end of solid
devolatilization trial (fig. 9).

model - park waste
wood

0,4

solid mass fraction

0,35
model - softwood

0,3
0,25

exper. data
(Maschio et al.,
1992)

0,2
0,15

exper. data
(Sadhukan et al.,
2009)

0,1
0,05
0
350

exper. data
(Bellais, 2007)
375

400

425

450

475

T pyr (°C)

Figure 9: Comparison of residual solid mass fractions and corresponding temperatures
between wood pyrolysis experimental tests and calculated model results for woody
biomasses.
From figure 9, it can be stated that experimental and analytical results are in quite a good
accordance. Indeed, in spite of the different wood species used for pyrolysis modelling and
experimental tests, a maximum error of 11% was estimated for residual mass fraction
between model and experimental results. Since properties of woods used for experiments
were not clearly indicated in the corresponding literature, no further analysis on this result
was possible. Anyway, the assumption of char content as final pyrolysis product equal to
the fixed carbon amount of initial solid fuel composition seems to be an acceptable
modelling simplification.
Estimated syngas compositions and gasification temperatures were also examined on the
basis of experimental results on wood downdraft gasification tests (Jayah et al., 2003).
Since still different woody biomasses were used for experiments and gasification
modelling, their proximate and ultimate analyses are reported in table 15 for better
comparison.
Figure 10 shows dry syngas compositions as they were calculated by the kinetic free
model and as measured at the exit of wood downdraft gasifier. Corresponding air / fuel
ratios, exit syngas temperatures and final solid mass fractions are listed in table 16, as
main working conditions and further outcomes.
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park waste
wood

softwood

rubber wood
(exper. tests)*

VM (d.b. %)

77,6

78,2

80,1

FC (d.b. %)

19,2

21,5

19,2

ashes (d.b. %)

3,2

0,3

0,7

moisture (d.b. %)

5,5

10,7

16

C (%)

49,6

52,5

50,6

H (%)

5,7

6,0

6,5

N (%)

0,3

0,1

0,2

O (%)

41,1

41,1

42

S (%)

0,0

0,0

-

ash (%)

3,2

0,3

0,7

proximate analysis

ultimate analysis

* Jayah et al., 2003

Table 15: Proximate and ultimate analyses of woody biomasses used for gasification
modelling and in experimental tests

60,00

park waste
wood

50,00

vol % (d.b.)

softwood
40,00
30,00

experimental
data (Jayah et
al., 2003)

20,00
10,00
0,00
CO

H2

CH4 + C2H4

CO2

N2

Figure 10: Dry syngas compositions as they were calculated by the kinetic free model and
as results of experimental tests

park waste wood

softwood

Tgasif (°C)

857

1021

exper. data (Jayah
et al., 2003)
890

air/fuel ratio

1,96

1,99

1,96

mass fraction (char + ashes, % d.b.)*

3,2

0,3

4,3

* percentage on initial dry fuel feed

Table 16: Exit syngas temperatures, air / fuel ratios and residual solid mass fractions as
analytically estimated and as experimental results on wood biomass gasification tests.
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As stated in the previous paragraphs, complete gasification of char was considered in the
kinetic free model development, although it is clearly not achieved during experimental
tests. Indeed, residual mass fraction collected at the end of wood gasification experiments
(see table 16) is much greater than initial ash content of fuel (see table 15). Therefore,
unconverted char is measured at the end of downdraft gasification trials.
This main gap between analytical and experimental results can be also considered as the
main reason for the lower CO percentage and the higher CO2 one of experimental data in
respect with model results.
In fact, as solid carbon is not completely converted in practical applications, it can be
deducted that especially the following reaction (12)
C + CO2 = 2CO

(∆H = 173 kJ/mole)

is not totally carried out during experiments, maybe because of a too low working
temperature or short gas residence time in gasification zone.
The higher N2 percentage in experimental data in respect with the analytical results, even
at the same air / fuel ratio, reveals a lower yield of dry syngas, maybe due to the higher
moisture content of tested fuel (see table 16) or still because of the incomplete conversion
of solid carbon.
Moreover, although the greatest moisture content of rubber wood, its corresponding gas
temperature at the exit of gasification zone is not higher than the estimated ones for the
other two materials. It can be hence deducted that in real experiments (in this case at
least) water gas shift equilibrium is not achieved.
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3.2 Preliminary results for estimating gasification units dimensions

As stated in par. 2.3, heterogeneous char gasification reactions, solid fuel devolatilization,
moisture vaporization and initial feedstock heating were considered as the main processes
affecting the dimensioning of gasification units, through the analysis of the respective
times required for their complete development inside the reactor. These time periods were
indeed used as residence times of solid phases in the corresponding zones, considering a
perfect plug flow regime.
With the scope of estimating the volumes of reaction zones for each biomass fuel
considered in this analysis (except for refuse derived fuels, whose results by thermochemical gasification model were not satisfactory), some initial assumptions were made.
As regard the units size, an initial fresh biomass feeding rate (W) as 100 kg/h was
considered for all of the species, and an open core downdraft configuration was used in all
of the cases.
Among the different investigated air feeding conditions (ER), the ones providing the best
cold gas efficiencies were chosen, but maintaining an exit syngas temperature not less
than 950K. Indeed, according to a previous study by Sharma, 2008, critical temperatures
above which complete gasification of biomass char can be only achieved were calculated
as 932K and 950K, according to the different models adopted.
This result was therefore considered as an initial assumption in this present analysis and,
as a consequence, equivalence ratio as 0.3 was used as air feeding condition for wheat
straw, softwood and sewage sludge, while for park waste wood ER = 0,35 was used (see
table 13).
In this way, for the two woody biomasses, working conditions providing almost the same
cold gas efficiencies were taken in exam, as well (see table 11b and 11c).
On the basis of these assumptions, gas flows through the gasifiers could be calculated for
each biomass fuel and in each reaction zone. According to the their values at the inlet of
gasification zones (Q), units diameters were calculated by choosing a gas superficial
velocity as 0.5 m/s, as suggested by Reed et al., 1999.
Numerical values of the quantities mentioned above are shown in the following table 17,
for each considered biomass type.
fuel

Wfresh (kg/h)

Wdaf (kg/h)

Qg (Nm3/kgdaf)

Qg (Nm3/h)

v (m/s)

D (m)

wheat straw

100

85,48

2,54

217

0,50

0,39

park waste wood

100

91,77

2,63

241

0,50

0,41

softwood

100

90,03

2,41

217

0,50

0,39

sewage sludge

100

58,57

2,89

169

0,50

0,35

Table 17: biomass feeding rates, gas yields and flows at the exit of combustion zone, and
corresponding units diameters for the different materials gasification applications
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3.2.1 Results from investigated conversion models for char gasification
For char gasification by reactions (11) and (12), kinetic and gas mass transfer resistances
were compared each others as possible limiting factors of the process, and two conversion
models were adopted, such as uniform reacting particle model and shrinking core one.
For the first one, as definition of the same model, mass transfer of reacting gas towards
the inner active sites of fuel particles is negligible, so that only kinetic resistance is
considered. At this scope eq. (21) was used, where kinetics of reactions (11) and (12) are
coupled in one expression only, according to partial pressures of H2O and CO2.
Results regarding temperatures and initial partial pressures of reactants, as well as char
conversion factors and corresponding gasification times are presented in the following
table 18, for the different biomass species:
Tgasif (K)
986
1130
1110
1067

fuel
wheat straw
park waste wood
softwood
sewage sludge

pCO2 (Pa)
17181
19630
19024
15287

pH2O (Pa)
11644
9847
15086
17030

τur (s)

Xc
0,999
0,999
0,999
0,999

2146
84
123
298

Table 18: solid carbon conversion factors and corresponding conversion times for the
different biomass species, according to the uniform reacting particle model,
In the case of shrinking core model, reactions (11) and (12) were initially taken in exam
separately, and successively their corresponding times for total char gasification were
combined together by means of eq.(31).
In table 19, kinetic parameters and corresponding char gasification times are reported for
the two reactions separately and for each biomass material. Table 20, instead, shows the
total conversion times for char gasification as they were obtained by considering the two
gasification reactions simultaneously

C + H2O = CO + H2

Rp (mm)

Rc (mm)

T gasif (K)

k11 (1/s)

k'11 (m/s)

rk(11) (s/m)

τk(11) (s)

wheat straw

5,00

1,42

986

58

0,027

37

590

park waste wood

12,5

2,66

1130

454

0,402

2

211

softwood

5,5

1,23

1110

361

0,148

7

133

sewage sludge

0,50

0,15

1067

174

0,008

118

349

C + CO2 = 2CO

Rp (mm)

Rc (mm)

T gasif (K)

k12 (1/s)

k'12 (m/s)

rk(12) (s/m)

τk(12) (s)

wheat straw

5,00

1,42

986

30

0,014

70

761

park waste wood

12,5

2,66

1130

120

0,106

9

401

softwood

5,5

1,23

1110

104

0,042

24

366

sewage sludge

0,50

0,15

1067

61

0,003

337

1114

Table 19: kinetic parameters and solid carbon total conversion times according to
shrinking core model and intrinsic kinetics resistance of single reactions
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fuel

τk (s)

wheat straw

332

park waste wood

138

softwood

97

sewage sludge

266

Table 20: char gasification times according to shrinking core model and intrinsic kinetics
resistance, with both reactions contemporary developed and for each biomass fuel
As said, char gasification was investigated as mass transfer limited, too. In this case, char
particles were alternatively considered as changing and unchanging size ones, so that
external and internal mass transfer resistances by reacting gases were estimated,
according to shrinking core conversion model again.
As a more conservative case, however, gasification of unchanging size char particles was
considered for the estimation of total carbon conversion time, so as internal and external
mass transfer resistances were in series combined (eq.(39)), by initially considering both
of the gasification reactions separately. Their corresponding char gasification times were
thus calculated by eq.(40) and finally they were coupled together by means of eq.(31).
Estimations of the main parameters involved in gas diffusion mechanisms analysis, and
the corresponding overall times for complete gasification of char are reported in table 21,
for each considered gasification reaction and for all the examined biomass species
C + H2O = CO + H2

Rc (mm)

Tgasif (K)

Dm (m2/s)

εc

Dme (m2/s)

rd (s/m)

wheat straw

1,42

986

0,00124

0,7

0,00087

0,4046

7

park waste wood

2,66

1130

0,00166

0,7

0,00117

0,5368

46

softwood

1,23

1110

0,00163

0,7

0,00114

0,2922

6

sewage sludge

0,15

1067

0,00115

0,7

0,00080

0,0523

0,2

C + CO2 = 2CO

Rc (mm)

Tgasif (K)

Dm (m2/s)*

εc

Dme (m2/s)

rd (s/m)

τd (s)

wheat straw

1,42

986

0,00076

0,7

0,00053

0,7664

8

park waste wood

2,66

1130

0,00102

0,7

0,00071

1,1347

48

softwood

1,23

1110

0,00100

0,7

0,00070

0,5277

8

sewage sludge

0,15

1067

0,00069

0,7

0,00048

0,0835

0,3

τd (s)

Table 21: reacting gas diffusion parameters and corresponding times for char gasification,
according to shrinking core model and overall mass transfer resistance, for each single
gasification reaction
In table 22, instead, times for complete gasification of char according to gas diffusion
mechanisms and simultaneous development of gasification reactions are reported for the
different biomass species.
fuel

τd (s)

wheat straw

4

park waste wood

23

softwood

3

sewage sludge

0,1

Table 22: times for complete gasification of char, according to shrinking core model and
overall mass transfer resistance, for reactions simultaneously developed.
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It can be noted that for char gasification process thermo-physical resistances of gas
reactants diffusion from bulk gas to the inner active sites of solid carbon particles are
almost negligible in respect with kinetic ones. Diffusion mechanisms are clearly depending
on char particles size, while for kinetics resistances gasification temperature is the only
parameter affecting the solid carbon conversion time determination. Therefore, at present
conditions, kinetics of reactions (11) and (12) can be considered as the only limiting factors
of the process.
Their corresponding conversion times were then compared according to the conversion
models were used for their estimation, such as uniform reacting particle model and
shrinking core one. Results for the different biomass materials are presented in figure 11.

3000
uniform reacting particle model

2500

shrinking core model

2000

s

1500
1000
500
0
wheat straw

park waste
wood

softwood

sewage
sludge

Figure 11: char gasification times by kinetic resistances according the different conversion
models for complete gasification time of solid carbon
A deep difference can be seen for wheat straw char conversion times, such as for the
biomass presenting the lowest gasification temperature (see table 18), and a great
dependence on temperature can be noted for all the results pertaining uniform reacting
particle model, according to eq.(21). Shrinking core model, instead, shows narrower
ranges for the different biomass species and gasification temperatures, maybe because of
the general assumption of char as solid carbon only, so as the same theoretical
gasification reactions are used.
On the contrary, since eq.(21) was empirically determined from wood char gasification
tests by Groeneweld and Van Swaji (Di Blasi, 2009), it could be maybe not properly fitting
for other biomass fuels conversion simulations or it could be only working in a limited
range of temperatures (around 1000K – 1100K).

3.2.2 Results from analytical investigation on fuels pyrolysis development
For biomass pyrolysis shrinking core model was considered only, and heat transfer
resistances were compared with kinetic ones, as stated in par. 2.3.2. Unchanging size
particles were considered as a more conservative case, in order to take into account both
internal and external resistances.
For this latter, thermal emissivity of flaming pyrolysis products needed to be estimated in
order to calculate radiative heat exchange coefficient hrad. (see eq.(46)). Since gas thermal
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emissivity depends on the reactor characteristic dimension, L, (see eq.(44)), its values
could be only estimated on the basis of the reactor diameters previously designed, such as
by considering an initial feeding rate for each considered fuel.
Gas thermal emissivities at the exit of combustion zone and the relative parameters
involved in their estimation are shown in the following table 23, for each biomass fuel:

eg

fuel
wheat straw
park waste wood

T comb (K)
1409
1674

D (m)
0,39
0,41

F
0,9
0,9

L (m)
0,35
0,37

0,228
0,217

softwood

1669

0,39

0,9

0,35

0,216

sewage sludge

1371

0,35

0,9

0,31

0,233

Table 23: thermal emissivities of flaming pyrolysis products and the corresponding beam
lengths of reactors for the different biomasses gasification applications
As also explained in par. 2.3.2, internal and external thermal resistances to pyrolysis
development were compared each other by means of the Biot number, such as the ratio
between their respective heat transfer coefficients, as it is expressed by eq. (48).
According to the initial selected particles sizes of biomass fuels, Biot number resulted
greater than unity for all the biomass fuels except for sewage sludge (see table 25), whose
particles are very small (1mm). This means that internal heat transfer resistance can be
considered greater than external one in most of the practical applications, at least for
downdraft gasification technology.
For better analysis, the sizes by which Biot number corresponds to unity in the different
fuels gasification applications (R*) were also calculated, meaning the initial biomass size
for which conductive and radiative heat transfer resistances achieve the same relevance
on biomass pyrolysis advancement. Values are reported in table 24, for each biomass
material.
fuel
wheat straw
park waste wood
softwood
sewage sludge

R* (mm)
2,2
3,3
3,1
2,0

Table 24: biomass sizes corresponding to Biot number as unity (R*)
Biot number came out in the range 0.1 to 10 for all the biomass fuels. Therefore, as
explained in par. 2.3.2, both heat transfer resistances were considered and compared with
kinetic one in order to finally estimate pyrolysis conversion time. At this scope, Thiele
numbers were also determined, according to eq. (51) and (52), for conductive and
radiative heat transfer mechanisms respectively.
Both Thcond and Thrad came out in the range 0.1 to 10 for woody biomasses, so that
conversion times regarding internal and external heat transfer resistances, as well as
kinetic one, were all considered and summed together in order to estimate the overall time
for pyrolysis complete development. They were calculated according to eq. (42), (47) and
(49) respectively.
For wheat straw both Thiele numbers were greater than 10, so that kinetic resistance was
neglected in the estimation of solid conversion time, which was thus obtained by the sum
of the times resulting from heat transfers analysis only.
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Finally, in the case of sewage sludge, conductive Thiele number, Thcond, was less than 0,1,
meaning a poor internal thermal resistance to pyrolysis development. Therefore, its
corresponding time was neglected for the calculation of the overall solid conversion time
(even if its value was still comparable with the one resulting by external heart transfer
analysis)
In the following table 25, heat transfer coefficients, Biot and Thiele numbers, single
conversion times and overall pyrolysis ones are reported for the examined biomass fuels.
wheat straw

park waste wood

sewage sludge

softwood

1409

1674

1371

1669

T pyr (K)

712

674

702

711

Rp (mm)

5,0

12,5

0,5

5,5

sphericity φ

0,8

0,7

0,9

0,75

conductive heat transfer
coefficient, hcond [W/m2 K]

15

13

133

27

radiative heat transfer
coefficient, hrad [W/m2 K]

68

94

65

96

4,55

7,49

0,49

3,60

conductive Thiele
number,Th cond

99,72

7,74

0,09

7,20

radiative Thiele
number,Th rad

21,90

1,03

0,18

2,00

18

530

1000

104

internal heat transfer
conversion time [s]

185

328

10

39

radiative heat transfer
conversion time [s]

81

88

41

21

total conversion time [s]

267

946

1041

164

T comb (K)

Biot number

intrinsic kinetic conversion
time [s]

Table 25: heat transfer and kinetic parameters regarding biomasses pyrolysis
development, and its corresponding conversion times
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In order to better point out the differences among heat transfer and kinetic resistances in
the devolatilization process of examined solid fuels, their relative conversion times are still
reported in figure 12, as they were calculated by eq. (42), (47) and (49).

1400
intrinsic kinetic
conversion time [s]

1200
1000

internal heat transfer
conversion time [s]

800
radiative heat transfer
conversion time [s]

s
600
400
200
0
wheat straw

park waste wood

sewage sludge

softwood

Figure 12: pyrolysis conversion times of biomass fuels, according to the different
controlling mechanisms.
It can be especially noted that the nature of biomass plays a very important role in
pyrolysis development, both in the case thermal resistances are examined only and for
single kinetics mechanism analysis.
For wheat straw, sewage sludge and softwood above all, in spite of their very similar
pyrolysis temperatures (see table 25), the analysis of their own kinetics resistances gave
completely different solid conversion times, the highest one for sewage sludge, whose
pyrolysis temperature is only a bit lower than the others (respectively 702 K against 711 K
and 712 K). Moreover, by comparing conversion times by thermal resistances for wheat
straw and softwood, high values for the first material can be noted, although their very
similar pyrolysis temperatures and particle sizes. This result has hence to be mainly
ascribed to the different pyrolysis heats for the two materials and therefore to their nature,
as well.
Form the comparison between the two woody biomasses only, it can still be noted that
pyrolysis kinetics (Bellais, 2007) is deeply influenced by temperature, with a great increase
of conversion time (around five times more) corresponding to a slightly decrease of
temperature (from 674 K to 711 K).
The relevance of biomass particles size can be instead observed by comparing the
conversion times by heat transfer resistances, still for the two examined woody biomasses.
Indeed, by roughly doubling particle size (from 11mm for softwood to 25mm for park waste
wood), conversion time by external radiative heat transfer resistance is increased by
around four (from 21s to 88s), while pyrolysis time by internal conductive heat transfer
resistance is increased by even eight (from 39s to 328s).
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3.2.3 Moisture vaporization time according to the examined physical
resistances
Internal and external heat transfers from bulk gas to solid phase as well as water vapour
diffusion through the pores of particles were considered as fuel drying mechanisms in this
analysis (see par. 2.3.3).
As regard water vapour diffusion, according to eq. (53), very low and negligible times of
moisture vaporization were calculated, so as they were not taken into account in fuels
drying analysis and they were not reported in this section, as well.
On the contrary, heat transfer resistances investigation gave more conservative results,
still based on shrinking core model, according to eq. (55) and (58). Their relative
relevancies on fuel drying process control were still estimated by Biot number, as for
pyrolysis process. In this case, Biot number was calculated by means of eq. (59) and it
came out less than one for all the materials, as it can be seen from table 26. This means
that radiative heat exchange has a greater effect on drying process development in
respect with conductive heat transfer, for each considered biomass treatment application.
For sewage sludge, since its very small particles size, Biot number was even less than 0.1.
Therefore, radiative heat transfer resistance was only considered for moisture vaporization
time estimation. Results are reported in table 26 for all the biomass species.
fuel
wheat straw
park waste wood
softwood
sewage sludge

(ττdry)iht [s]
36
38
11
0,5

(ττdry)rht [s]
39
62
34
13

Biot
0,61
0,40
0,21
0,02

(ττdry)TOT [s]
75
100
45
13

Table 26: drying time for the different biomasses, according to shrinking core model and
heat transfer resistances analysis

3.2.4 Required unit surfaces for biomass heating
As reported in par. 2.3.4, biomass heating process was considered to be accomplished by
three different heat exchange phenomena: convective heat exchange between fresh
biomass stream and syngas flux flowing upwards through the hollow space of the doublewalled reactor, radiative heat exchange from inner walls of reactor and radiative heat
exchange from flaming pyrolysis gases to the upper bed of solid material.
The analysis on these simultaneous heat transfer mechanisms led to the calculation of
overall available heat exchange surfaces, from which suitable gasification units lengths
were estimated in order to achieve the heating of fuels up to their corresponding final
pyrolysis temperatures.
At this task, biomass feeding rates and reactors diameters were firstly to be fixed (see
table 17), and biomass stream was considered as a single macro-fluid moving downward
through the gasifier. Its velocity, ubed, was then possible to be estimated according to the
bulk densities of materials.
In the following table 27 the main results from the analytical procedure explained in par.
2.3.4, as well as the gasification units lengths required for the overall heat exchange
development are reported for each biomass fuel heating application.
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wheat straw

park waste wood

sewage sludge

softwood

Tgasif gas (°C)

713

857

794

837

Texit gas (°C)

700

839

756

822

Tin bed (°C)

20

20

20

20

Tpyr bed (°C)

439

401

429

438

Tcomb gas (°C)

1136

1401

1098

1396

Tw (°C)

645

705

631

726

Qgas (m3/h)

789

1034

655

941

W fresh (kg/h)

100

100

100

100

3
ρbed (kg/m )

79

170

650

170

cpbed (kJ/kg K)

1,26

1,29

1,68

1,36

Dbed (m)

0,39

0,41

0,35

0,39

Di (m)

0,41

0,43

0,37

0,41

sh (m)

0,02

0,02

0,02

0,02

Rm (m)

0,20

0,21

0,18

0,20

ubed (m/s)

0,0030

0,0012

0,0004

0,0014

u (m/s)

8

10

7

10

hbed (W/m2 K)

3

9

7

6

hgas (W/m2 K)

21

29

19

26

∆Hconv (W)

1160

1815

2936

1589

eb

0,9

0,95

0,95

0,95

αb

0,81

0,77

0,72

0,77

eg

0,228

0,217

0,233

0,216

18962

12691

21075

18333

5525

11663

4051

10225

2463

2663

1980

3136

0,73

0,34

0,93

0,48

∆H

w
rad

(W)

0
∆H (W)
bed

∆H

rad (W)

Lh (m)

Table 27: units dimensioning parameters and results for biomass fuels heating process
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3.2.5 Basic dimensions of gasification units
As one of the objectives of this part of the work and as a resume of the outcomes reported
in the previous paragraphs, basic dimensions of gasification units, such as diameters and
relative heights of each reaction zone of gasifier, are listed in table 28, for each examined
biomass fuel. Total heights of units are also reported, of course.

wheat straw

park waste wood sewage sludge

softwood

D bed (mm)

390

413

350

390

H drying (mm)

217

122

6

61

H heating (mm)

729

337

931

476

H pyrolysis (mm)

665

1058

277

200

H gasification (mm)

121

41

185

48

H TOT (mm)

1732

1557

1400

786

Table 28: diameters of gasification units and relative heights of reaction zones, for each
biomass fuel gasification application
In order to better point out the differences among the biomass fuels regarding their
corresponding units dimensioning, their relative reaction zones heights are also reported in
fig. 13 and fig. 14, as absolute and percentage values respectively.

gasification

1800

pyrolysis

1600

heating

1400

drying

mm

1200
1000
800
600
400
200
0
wheat straw

park waste
wood

sewage
sludge

softwood

Figure 13: total heights of biomass gasification units and their distribution among solid
conversion steps, in absolute values
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gasification

100%

pyrolysis
heating

80%

drying

mm

60%

40%

20%

0%
wheat straw

park waste
wood

sewage
sludge

softwood

Figure 14: total heights of biomass gasification units and their distribution among solid
conversion steps, in percentage values
Although its relatively small particles size (see table 6), wheat straw shows the highest
gasification unit among the considered fuels (fig. 13), with an overall height more than
twice the one calculated for softwood, which even presents almost the same initial
particles size. One of the reasons for this result can be due to the straw lowest solid bulk
density (79 kg/m3) which obviously provides for larger volumes at the same biomass
feeding rate.
Moreover, in comparison with the woody biomasses, straw and sewage sludge show
larger gasification zone volumes, especially due to their lower gasification temperatures (in
the case of wheat straw, the result by shrinking core model was considered, since the
unacceptably high char gasification time by uniform reacting particle model)
On the contrary, the weight of fuel initial particles size is especially remarkable on pyrolysis
zone dimensioning, for which thermal heat transfer resistances are comparable with
kinetics one for all the materials, except for sewage sludge (since its very small particles).
From the comparison between the woody biomasses only (with the same pyrolysis
kinetics), it can be noted an higher pyrolysis zone for park waste wood than for softwood
one, according to the larger particles size of the first material (25mm against 11mm). In
fact, although a lower temperature at the exit of pyrolysis zone was estimated for park
waste wood (affecting kinetics rate), this result is mainly to be attributed to the internal heat
transfer resistance, which deep increases with particles size.
Moisture vaporization process is also much more affected by initial biomass particles size
than by initial moisture content of fuels. Therefore, It can even be considered negligible for
sewage sludge gasification unit design. Maybe because of its greater specific heat (see
tables 6) sewage sludge instead shows the highest unit height for biomass heating.
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3.2.6 Influence of char particles properties on gasification zone dimensioning
As stated in par. 2.3.1., biomass particles shrinkage during pyrolysis was modelled
according to the analytical procedure by Davidsson and Pettersson, 2002, with the scope
of estimating char particles size at the inlet of gasification zone.
This parameter, however, did not have any influence on gasification zone dimensioning,
since intrinsic kinetics resistance (which doesn’t depend on char particles size) was found
out as limiting factor of the process for each biomass fuel, according to the estimated
gasification temperatures, initial biomass particles sizes and char particles densities
obtained from literature data.
Nevertheless, in this paragraph an analysis on char gasification time variability according
to char properties is carried out by considering woody biomasses only, as the materials
which uniform reacting particle model expression was empirically deduced for.
As previously said, kinetic resistances to char gasification (and their corresponding times,
as a consequence) are not affected by char particles size in both the conversion models
are used for their estimation (see fig. 15a and 15b). These latter have different relative
weights on char gasification for the two biomass fuels yet. Indeed, uniform reacting particle
model provides the longer char gasification time in softwood application, while shrinking
core one presents a more conservative result in park waste wood analysis. This is mainly
due to the difference in char particle density between the mentioned materials, since this
quantity has a major effect on shrinking core model results in respect with the uniform
reacting particle ones.

3

softwood - T gasif = 1110K - ρ char = 230 (kg/m )
140
120
100

sec

80
60

uniform reacting
particle model

40

kinetic shrinking
core model

20

gas diffusion
shrinking core
model
Lineare (uniform

0
0,0

1,0

2,0

3,0

4,0
Rc (mm)

5,0

6,0

7,0

8,0

Figure 15a: total conversion time for softwood char gasification according to the different
conversion models and as a function of char particles size
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3

park waste wood - Tgasif = 1130K - ρchar = 300 (kg/m )
400
uniform reacting
particle model

350

kinetic shrinking
core model
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gas diffusion
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Lineare (uniform

sec
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200
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0
0,0

2,0

4,0

6,0

8,0

10,0

12,0

Rc (mm)

Figure 15b: total conversion time for park waste wood char gasification according to the
different conversion models and as a function of char particles size
A quadratic relation with char particle size can be instead detected for solid conversion
time in the case gas diffusion mechanism is considered as limiting factor and shrinking
core model is still applied.
Char particles sizes for softwood and park waste wood were respectively calculated as 1.2
and 2.7 mm, so that their corresponding gasification times according to physical
resistances were much lower than the ones estimated by considering kinetics of
gasification reactions.
Besides, an error of +/-20% in char particles size estimation (from the calculated values)
leads to an absolute maximum variation of conversion time as about 45%, that is still not
relevant for the overall analysis of char gasification time, since the higher values obtained
from the analysis of kinetic resistance.
Indeed, as it can be seen from figures 15a and 15b, char particles sizes at which mass
diffusion resistance results equal to the kinetics one (considering both the conversion
models) are 7.4mm for softwood and 6.4mm for park waste wood. For higher values, mass
diffusion mechanisms come out as the controlling factors for char gasification.

3.2.7 Influence of temperature on gasification units dimensioning
In this paragraph, the dependence on temperature of units dimensioning analytical
procedure was investigated for the two woody biomasses. At this scope, the temperature
values initially obtained at the exit of each reaction zone through the thermo-chemical
model simulations (see table 13) were arbitrary changed and their effects on the
corresponding solid conversion times and units dimensions were observed.
In two cases, temperatures at the exit of reaction zones were decreased all at once,
respectively by 5% and 10% in respect with the model results.
For both the materials, unit height for biomass heating process rose of about 10% and
25% for temperature decreases as 5% and 10% respectively, while unit height for drying
process rose of around 20% and 50% according to the same temperature changes.
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Nevertheless, very high increases were detected for pyrolysis and gasification zones,
above all. Indeed, by maintaining the same reactor diameters in all of the cases, pyrolysis
height increases by about twenty times more (20.5 times for park waste wood and 19.5
times for softwood) according to a temperature decrease of 10% only, and by about four
times more (3,8 and 3.7 times, respectively) according to a temperature decrease of 5%.
As regard gasification zone, reactor height increases by 12 and 8 times according to a
temperature decrease of 10%, and by 8 and 2 times according to a temperature decrease
of 5%, respectively for softwood and park waste wood. Figure 16 shows these results:

softwood - park waste wood

25

pyrolysis height
gasification height

20
15
m
10
5
0
-10%

-5%

-10%
temperature decreases

-5%

-

Figure 16: variations of pyrolysis and gasification zones heights according to overall
temperature decrease inside the reactor
These very high fluctuations are mainly due to the changes of solid conversion times
pertaining kinetics resistances, which come out as limiting factors for char gasification
process and give the highest contributes to the estimation of pyrolysis conversion times.
From figures 17a and 17b char gasification times as a function of gasification temperature
(in the range +/-10% from the values calculated by the kinetic free model) can be observed
as they were estimated according to the uniform particle reacting model and shrinking core
one, for kinetics resistances.
It can be noted that uniform particle reacting model, according to eq.(21), has a deeper
dependence on temperature than the shrinking core model (eq.(30) and eq.(31)), and
corresponding char gasification times assume very high values at gasification temperature
lower than 1000 K. For temperatures higher than about 1100 K, instead, shrinking core
model shows more conservative results, even if the difference between the two analytical
approaches are quite low.
However, according to their trends with temperature, both of the models lead to an high
increase of process time for even low temperature decreases, but less remarkable effects
if temperature rises of the same quantities.
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Figure 17a: softwood char gasification time as a function of temperature, according to
uniform reacting particle model and shrinking core one, for kinetic resistances
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Figure 17b: park waste wood char gasification time as a function of temperature, according
to uniform reacting particle model and shrinking core one, for kinetic resistances
As regard pyrolysis, by still considering temperature changes in the range +/-10% from the
calculated values during thermo-physical pyrolysis simulation, it can be noted that kinetics
shows a deep dependence on temperature in this case too, according to the exponential
form of eq.(50). Therefore, for even short temperature decreases, pyrolysis conversion
times considerably rise, as it can be seen from tables 29a and 29b. On the contrary, by
increasing temperature, heat transfer physical resistances have greater effects on solid
conversion time.
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Nevertheless, these latter show a relatively low dependence on pyrolysis temperature, with
changes in solid conversion times of about 8% and 7%, respectively for softwood and park
waste wood, according to a temperature variation of 10%.
They only show a slightly increasing trend with pyrolysis temperature since the reduction
of ∆T between combustion and pyrolysis ones, as driving force for heat transfers.
softwood pyrolysis
temperature (K)
temperature variation (%)
intrinsic kinetic conversion
time [s]
internal heat transfer
conversion time [s]
radiative heat transfer
conversion time [s]

640

675

711

747

782

-10%

-5%

-

5%

10%

3164

555

104

26

8

36

37

39

40

42

21

21

21

22

22

Table 29a: pyrolysis conversion times for softwood particles as a function of temperature
increments, according to kinetics and heat transfer resistances

park waste wood pyrolysis
temperature (K)
temperature variation (%)
intrinsic kinetic conversion
time [s]
internal heat transfer
conversion time [s]
radiative heat transfer
conversion time [s]

607

640

674

708

741

-10%

-5%

-

5%

10%

18664

3215

530

128

31

307

317

328

339

351

87

87

88

88

89

Table 29b: pyrolysis conversion times for park waste wood particles as a function of
temperature increments, according to kinetics and heat transfer resistances

80

3.2.8 Validation of pyrolysis modeling results through the comparison with
experimental data
Results on pyrolysis modelling were partially checked out by the comparison with some
experimental data regarding wood pyrolysis tests. At this purpose, park waste wood was
only taken in exam and the specific working condition by which process temperatures were
decreased by 5% in respect with the ones previously calculated through the kinetic free
model was considered (so that Tpyr = 640K, Tgasif = 1074K and Tcomb = 1590K).
Indeed, in this case, an external heating flux to biomass particles in pyrolysis zone was
calculated as the same adopted for one of the experimental investigated data sets
(Galgano and Di Blasi, 2004), such as 80 KW/m2. Moreover, the equivalent particles sizes
considered in pyrolysis modelling simulation and the ones adopted in the experimental
tests were almost the same (17,5 mm against 16 mm, respectively), while an higher initial
moisture content was registered for the tested material (11% against 5.2% for park waste
wood).
For the second set of experimental data (Sadhukan et al., 2009), pyrolysis temperature
was 410°C (against a simulated one as 367°C) and the particles size was 10 mm.
A comparison between model and experimental results is then reported in figure 18.
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Figure 18: comparison between experimental data from wood chips pyrolysis tests and
simulated results at the same working conditions
It can be seen that the simulated results well fit the experimental data in the case of the
same external heating fluxes in pyrolysis zone, and almost the same particles sizes (blue
line and red symbols). In the first steps, such as for low solid conversion degrees,
analytical simulation shows slightly lower conversion times then the real ones, maybe
because, in real cases, moisture vaporization is combined to solid devolatilization so that
the time for solid mass loosing is increased.
On the contrary, at high conversion degrees, simulated conversion times are longer than
the ones measured during the experiments. This could be due to the splitting of partially
converted particles during the last phase of pyrolysis, in spite of a perfect shrinking core
behaviour until their complete devolatilization. Smaller particles would in fact accelerate
their conversion in this case.
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4 DISCUSSIONS
4.1 Possibilities and limitations of thermo-chemical kinetic free model
On the basis of ultimate and proximate analysis of biomass fuels, the developed
gasification kinetic free model is able to predict the corresponding product gas yields,
compositions and heating values, according to the feeding amount of gasifying medium
(equivalence ratio).
An estimation of temperature profile inside the gasifier is also possible to be achieved,
considering energy balance for the different reaction zones in which the unit is
schematically subdivided.
Finally, cold gas efficiency and distribution of process heats among the different reaction
zones are possible to be appraised.
Therefore, an analytical evaluation on fuels thermo-chemical conversion properties is thus
possible to be obtained, mainly based on their chemical composition.
As regard this latter, the fundamental parameter to be checked out in order to achieve
correct simulation results is the O/C ratio. Indeed, for relatively low values of this
parameter (about less than 0.6), the kinetic free model gives gas compositions and
process temperatures unacceptably different from the experimental data on the same
materials and out of the ranges by which model assumptions can be still considered valid.
This model limitation was verified in the case of refuse derived fuels and it is mainly due to
the assumption of Østberg’s model for pyrolysis simulation (initially developed for coal
devolatilisation), by which a limited number of considered gas components are considered.
Presumably, other heavier compounds with lower H/C ratio should be considered in
pyrolysis step instead of CH4 and C2H4 only, and a different formula for solid residue
should be envisaged instead of CxNx*d/a, in order to lead to an higher H2 percentage in gas
pyrolysis products and to low down heat of pyrolysis at the same time. Besides, thermal
cracking and steam reforming of these heavier compounds should be considered in
gasification zone, so as to increase the percentages of CO and H2 in final syngas
composition.
The other main simplifying assumptions of the proposed kinetic free model are the fixed
temperature at which solids devolatilization begins (573K), the development of combustion
process by the partial oxidation of carbon monoxide and hydrogen only, the total
conversion of solid char and the equilibrium of water gas shift reaction in the gasification
zone, and a total energy loss fixed to 10% of total combustion heat.
On the basis of these hypotheses, the proposed analytical tool seems to well fit the
experimental results and other literature data for all the other considered biomass fuels.
Particularly for woody biomass, model results were compared with experimental data (at
the same working conditions) and a good conformity could be observed. Some differences
are only due to the assumption of total char gasification which is on the contrary not
achieved in those particular gasification tests.
The same assumption leads to high cold gas efficiencies for all the biomass species,
especially at low equivalence ratios. In this case, the incomplete char gasification should
be envisaged for more verisimilar results.
Moreover, in some cases (as sewage sludge, for example), cold gas efficiency is still
increased by the presence in final syngas composition of some compounds like ethylene
and ammonia. Nevertheless, in real applications, ethylene would be presumably reformed
during gasification step to other compounds with lower heating value (as CO, H2) and
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ammonia is usually removed from syngas stream, since it is detrimental for power
generation devices (usually adopted next to the solid conversion unit) and it is responsible
of NOx emissions from syngas combustion. Therefore, the estimated cold gas efficiencies
should be considered still lower in the optics of biomass cogeneration systems
assessment.

4.2 Controlling mechanisms for solid conversion steps
Since char from pyrolysis was assumed to be solid carbon for all the examined biomass
species, differences in gasification zone could only be due to the operating temperatures
and particles sizes.
As expected, time for complete char gasification decreases as process temperature rises.
Among the considered solid fuels, wheat straw thus shows the highest char conversion
time (see tables 18, 20 and fig. 11) since its temperature in gasification zone proved the
lowest. A very deep difference is detected from the other materials, especially if the results
from uniform reacting particle model are observed.
In fact, as also come out from the analysis of wood char gasification time as a function of
temperature, uniform particle reacting model shows noticeable higher gasification times
than shrinking core model ones at temperatures about less 1100K. Since eq.(21), which
uniform particle reacting model is based on, is an empirically expression, it could be
possible it has a limited range of applicability. For this reason, for dimensioning wheat
straw gasification zone, the corresponding time resulting from shrinking core model was
adopted, instead of the longest one.
In any case, process temperature is far the most important parameter affecting char
gasification development, at least for the initial biomass particle dimensions chosen in this
analysis. Indeed intrinsic kinetics resistances came out as process limiting factors for all
the materials.
A noticeable variability of gasification times with temperature was also detected, so that a
good estimation of temperature profile inside the gasifier is necessary for a correct
dimensioning.
Reacting gases diffusion resistances resulted negligible and not comparable with kinetic
ones, since the small biomass particles sizes considered in this work, as said. From the
analysis carried out according to shrinking core model, and as expected by the same
definition of gas diffusion mechanism (especially through the inner layers of char particle),
mass diffusion resistances increase with particle size, as it can hence be seen from the
results regarding the different biomass materials (see tables 21 and 22).
Char dimensions by which gas diffusion mechanisms have similar weights in gasification
process development as intrinsic kinetics were found out as about 6.4mm and 7.4mm,
respectively for park waste wood and softwood at their corresponding calculated
gasification temperatures.
These dimensions are much greater than the ones calculated for the initial wood particles
sizes, according to the shrinkage model by Davidsson and Pettersson, 2002, which,
nevertheless, should be validated by experimental tests carried out at the same working
conditions and with the same biomass materials.
Moreover, these results are affected by char void fraction parameter εc, which is difficult to
predict for practical applications and therefore it was assumed as biomass particles void
fraction in this case, that is however characterized by great variability, as well.
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As regard pyrolysis, process temperature and biomass particles size play different roles in
solids devolatilization advancement according to the considered biomass fuel. In fact, for
sewage sludge, because of its very small particles dimension (1 mm), physical resistances
by heat transfer mechanisms were almost negligible in respect with kinetic ones, while, on
the contrary, wheat straw kinetics is so fast (at corresponding estimated temperature) as it
can be neglected for the estimation of pyrolysis time. For woody biomasses, finally, kinetic
and physical resistances have comparable weights in pyrolysis development, as it is also
confirmed by Biot and Thiele numbers evaluation.
Biot numbers came out included in the range 0.1 – 10 for all the materials, as well, so that
it could be deducted that internal conductive heat transfer resistance and external radiative
one have to be considered combined together in all of the cases, such as at almost each
particles size and working temperature.
From the analysis of pyrolysis dependence on temperature for the woody biomasses only,
it can be said that, within the considered temperature ranges (+/-10% from the values
obtained by kinetic free model), pyrolysis kinetics is remarkably affected by temperature
while conductive heat transfer resistances only show short increments, and radiative heat
transfer ones can even be considered constant with temperature.
Nevertheless, since physical heat transfer mechanisms are mainly regulated by the
temperature difference between combustion and pyrolysis zone, which is in this case one
order of magnitude higher than the considered temperature intervals, the previous result
will be presumably changed if these temperature ranges of investigation are enlarged.
It is also important to point out that process temperature and particles size are not only the
main parameters to be considered for pyrolysis zone dimensioning. Nature of biomass,
with its proper kinetics expression and heat of pyrolysis also have great effect on pyrolysis
time estimation.
On the basis of these previous considerations, and as an overall conclusion about the two
main thermo-chemical processes occurring within a biomass gasifier fed with small/fine
particle materials, it could be stated that char gasification is in most of the cases affected
by kinetic factors and therefore it is regulated by operating temperature above all, while,
for pyrolysis, the different factors taken in exam, such as temperature, particles size and
nature of biomass fuel, can have different weights in process advancement according to
the particular application.
As regards solids drying, moisture diffusion through the solid particles proved almost
immediate, so that corresponding drying time was considered negligible for each kind of
material. Heat transfer resistances were instead found out to be more effective, giving
vaporization times of the same order of magnitude than pyrolysis ones (always by heat
transfer resistances, of course) Biot number was calculated lower than one for each
material, so that radiative heat transfer seems to be slower than conductive one, in this
case. However, drying process can be anyway neglected in sewage sludge gasification
unit dimensioning, according to the proposed analysis.
For biomass heating, radiative flux from hot walls of reactor resulted as the main thermal
energy source, while convective heat exchange and thermal radiation from hot gases were
about one order of magnitude less. This led to an only short decrease of exit gas
temperature in respect with gasification one, which is not always achieved in practical
applications, yet.
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PART II
GAS CLEANING LINES FOR BIOMASS COGENERATION SYSTEMS
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5 METHODOLOGY
5.1 Gas cleaning lines sizes, gas contaminants and tolerance standard
limits
As said in par.1.3, gas cleaning systems for gasified biomass were investigated in this
second part of the work, in order to use the product gas as suitable fuel for high efficiency
CHP units (i.e. internal engines and micro-turbines).
Of course, the same air downdraft gasification technology was supposed to be adopted in
practical applications but the outgoing gas composition was in this case obtained from
literature data on wood gasification tests (see table 30) and different cogeneration units
sizes were considered in this analysis.
CO

CO2

CH4

H2

N2

H2O

LHV

LHV

(vol%)

(vol%)

(vol%)

(vol%)

(vol%)

(vol%)

(kJ/kg)

(kJ/Nm )

16

10

3

15

41

15

5000

5500

3

Biomass
consumption
(kg/Nm3 gas)*
0,60

*data from gasification tests at HPT laboratory

Table 30: main components and low heating value of gas stream adopted in cleaning
systems analysis (Svensk Maskinprovning. Gengasdrift av en överladded dieselmotor,
1988)
These latter were considered in terms of three different syngas streams flowing through
the envisaged cleaning lines (thereinafter called design values in this work). They were
obtained by considering the fuel gas heating value as reported in table 30 and net power
efficiencies of generators as 20% for the medium size and 30% for the largest one (as
respectively pertaining to micro-turbines and natural gas engines, EPA, 2008) The
smallest size was instead chosen as the same of the laboratory scale downdraft gasifier
existing at HPT laboratory of Energy Technology Department in KTH University (see fig.3),
for which gas cleaning system was tried to be designed, as well.
Moreover, for all the considered cleaning line sizes, a variability range of gas flows design
values was fixed, in order to check the gas cleaning units behaviour out according to the
fluctuations of gas production or to the refitting from gasification equipment. Considered
gas flows are then shown in table 31. In the same table the estimated power outputs are
also reported for the three corresponding cogenerators sizes.
Design value
(Nm3/h)
8
125
350

Variability range
(Nm3/h)
3 – 15
75 – 250
250 – 500

Design value
(kW e output)
3*
40
160

Variability range
(kW e output)
1,15 – 6*
23 – 75
115 – 750

*considering net power efficiency as 25%

Table 31: Considered sizes for gas cleaning lines, in terms of syngas flows and
corresponding power outputs of cogeneration units
Since biomass elementary composition usually shows several inorganic components
(ashes), and as the thermo-chemical solid conversion steps are often not completely
developed inside the gasifier, many other different substances are also present in the gas
stream, besides the main components reported in table 30.
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As already said, the presence of these substances is one of the main technical barriers for
the overspread of energy cogeneration systems from biomass, since they need to be
removed from the gas stream in order to run cogeneration units.
Indeed, these equipments require a very high pureness degree of gaseous fuel, in order to
especially avoid problems regarding erosion and corrosion of the moving parts, as well as
to reach standard operating parameters of efficiency and reliability.
Besides, these same substances are also cause of toxic and harmful emissions in the
atmosphere, mainly produced during gas combustion steps for power generation.
The main secondary products which were considered as gas contaminants and therefore
corresponding removal techniques were investigated are listed below:

-

-

-

Particulate: solid residues of micron and sub-micron size due to biomass inorganic
components (ash), incomplete gasification process (char) and/or secondary
polymerization of hydrocarbons (coke and soot). They are main responsible for
erosion of moving part of cogeneration units and harmful emissions into the
atmosphere.
Tars: heavy aromatic and/or unsaturated hydrocarbons (molecular weight higher than
benzene, as definition) with boiling point relatively high. They are mainly produced
during pyrolysis step or by incomplete reactions of gasification. They tend to
condense at temperatures lower than 700 K, causing filters clogging/blinding and
plugging of valves and pipes when condensing simultaneously with particles
deposition.
Sulphur (as H2S): produced by reduction of solid-bound sulphur. It provokes materials
corrosion and harmful emissions.
Alkali metals: inorganic compounds, especially sulphates and chlorates of K and Na.
They are main cause of materials corrosion.
Nitrogen (as NH3): produced by reduction of solid-bound nitrogen. It provokes NOx
formation during gas combustion processes.
Halides (as HCl): acid components of gas stream, causing materials corrosion.

Their concentrations in the gas downstream are obviously related to the type of biomass is
going to be used for energy purposes and they also depend on gasification technology. In
this work, biomass nature is not specified but large ranges of contaminants concentrations
are examined in order to cover different kinds of materials potentially used. These values
are listed in the following table 32:
particulate

5 – 10

g/Nm3

tars

10 – 50

g/Nm3

Sulphur (H2S)

100 – 1000

ppmv

Nitrogen (NH3)

2000 – 6000

ppmv

Chlorine (HCl)

30 – 150

ppmv

Alkali metals

600 – 4000

mg/kgbiom

Table 32: Ranges of gas contaminants concentrations at the gasifier outlet
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Finally, the standard tolerance limits for the same compounds are shown in the table 33,
as the lowest permitted ones for micro-turbines or gas engines appliances.

particulate

0,03 (0 for dp > 3mm)

g/Nm3

tars

3

g/Nm3

Sulphur (H2S)

20

ppmv

Nitrogen (NH3)

100

mg/Nm3

Chlorine (HCl)

0,6

ppmv

Alkali metals

0,1

ppmv

Table 33: Standard tolerance limits for gas contaminants (Bauen, 2004; Hasler 1999)

5.2 Gas cleaning units
Gas cleaning units examined in this work are shown in the figure 19, according to the
contaminant species they are suitable to treat and their usual best working temperatures.
Their dimensioning was carried out according to the three gas flow design values
previously defined, and their efficiency and operating conditions (pressure drop,
convective heat loss and working temperature, above all) were investigated within the
corresponding flow ranges cited before (see table 31).
Units regeneration frequency was calculated on the basis of maximum pressure drops
and/or materials consumption during online operations. These latter were estimated
according to the same gas flows values and the initial contaminants amounts or
concentrations listed in table 32.
A short description of all of the units and their corresponding analytical procedures
adopted for design are presented in the following paragraphs
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particles

Sulphur
(H2S)

tars

Cyclone

Nitrogen
(NH3)

Acids
(HCl)

Alkali
metals
550 °C

Candle
filters

500 °C

Fabric
filters

Dry
scrubbing

450 °C

Catalytic tars
cracking unit
400 °C

Zn-Ti
adsorber
NaHCO3
fixed bed
adsorber

350 °C

Catalytic
ammonia
decomposition

Packed bed
filter
100 °C
Wet
scrubber
packed
column
50 °C

Activated
carbon fixed
bed adsorber

Activated
carbon fixed
bed adsorber

Wet scrubber
packed
column

Figure 19: Examined gas cleaning units
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5.2.1 Cyclone
Cyclone is commonly the first unit included in the gas cleaning line, downstream the
gasifier. Its role is to collect and remove any large solids are still conveyed by the gas
stream, in order to avoid they could damage or have negative effects on the right
functioning of the following gas cleaning devices, as well as to minimize pressure drops.
Nevertheless, its intrinsic particles collection efficiency is not enough to reach the desired
low concentrations, especially in the case of sub micron particles (see fig. 21a, 21b and
21c), so that other units are usually inserted downstream at this purpose.
Since it is almost maintenance less, cheap and easy to built, cyclone is always present in
any biomass gasification equipment.
Its dimensioning was carried out according to the empirical procedure by Arena et al.,
1991. According to this approach, particles are removed from the gas stream by the
centrifugal force they are subjected to, that pushes them towards the inner walls of
cyclone. This force is due to the vortical motion of the gas stream that is developed inside
the cyclone by the tangential injection of the gas.
The main design parameter is thus the inlet tangential gas velocity, whose value is
normally set to 25 m/s. From this input data, inlet cross section can be calculated
according to the gas flow, and, subsequently, all other dimensions of the cyclone can be
obtained on the basis of fixed ratios between them and the same inlet section previously
calculated. Results for the different unit sizes are shown below:
75 – 250 Nm3/h
(125 Nm3/h)

250 – 500 Nm3/h
(350 Nm3/h)

A (mm)

17

68

114

B (mm)

16

62

104

D (mm)

39

155

259

De (mm)

16

62

104

h (mm)

55

217

363

H (mm)

153

604

1011

S (mm)

20

77

130

s (mm)

3

3

3

De

S

a

3 – 15 Nm3/h
(8 Nm3/h)

D
h

s
H

Table 34: Cyclone dimensions for different syngas flows

B

Two main verifications are then operated in order to check cyclone behaviour out. They
are regarding pressure drops and the so called “saltation velocity” [Arena, 1991].
Pressure drops are calculated by the following equations:
2

(1)

∆p = 0.0030 ρ g vi N H
NH

 π .a 2
= 11,3.
2
 4 * De

2


 + 3,3 (2)
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The following results are then obtained:

pressure drop

mbar
60
40
20
0
3

5

8

Nm3/h

10

13

15

Figure 20a: cyclone pressure drops for unit of 3 – 15 Nm3/h gas flow size

pressure drop

mbar
80
60
40
20
0
75

100

125

Nm3/h

150

200

250

Figure 20b: cyclone pressure drops for unit of 75 – 250 Nm3/h gas flow size

pressure drop

mbar
40
30
20
10
0
250

300

350

Nm3/h

400

450

500

Figure 20c: cyclone pressure drops for unit of 250 – 500 Nm3/h gas flow size
The Saltation velocity (or critical velocity) is the maximum gas velocity at the inlet of the
cyclone by which particles can be still removed from the stream. For higher values, indeed,
turbulence inside the cyclone is too high to permit particles segregation.
Its value is calculated by the following relation:
1/ 3

 4 gµ (ρ s − ρ g ) 
(b / D )0.4 D 0.067v 2 / 3 

vc = 1.252.055
i
2

 (1 − b / D )1/ 3


3ρ g





(3)

As the ingoing gas velocity is present in the right side of this formula, the condition vc > vi
is verified by an iterative procedure.
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Finally, efficiency of cyclone is calculated as follows:

η=

1
d 
1 +  pc 
d 
 p 

(4)

2

Where dpc, cut diameter, is defined as the particle size for which cyclone efficiency is equal
to 0,5. It is calculated by:

d pc =

Ne =

9 µb
2πN e vi (ρ s − ρ g )

(5)

h + ( H − h) 2
a

(6)

Cyclone efficiencies for different gas flows and according to particles size are shown
below:

particles collection efficiency
1,000
0,900
0,800

3 Nm3/h

0,700

5 Nm3/h

0,600

8 Nm3/h

η 0,500

10 Nm3/h

0,400
0,300

13 Nm3/h

0,200
0,100

15 Nm3/h

0,000
0

5

10 15 20 25 30 35 40 45 50 55 60

µm

Figure 21a: particles collection efficiency of cyclone at 3 – 15 Nm3/h gas flow conditions
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particles collection efficiency
1,000
0,900

75 Nm3/h

0,800
0,700
0,600

100 Nm3/h

η 0,500

150 Nm3/h

125 Nm3/h

0,400

200 Nm3/h

0,300
0,200
0,100

250Nm3/h

0,000
0

5

10

15 20 25 30 35 40

45 50 55 60

µm

Figure 21b: particles collection efficiency of cyclone at 75 – 250 Nm3/h gas flow conditions

particles collection efficiency
η 1,0000
250 Ncm/h

0,9000
0,8000
0,7000
0,6000
0,5000
0,4000
0,3000
0,2000
0,1000
0,0000

300 Ncm/h
350 Ncm/h
400 Ncm/h
450 Ncm/h
500 Ncm/h
0

5

10 15 20 25 30 35 40 45 50 55 60

µm

Figure 21c: particles collection efficiency of cyclone at 250 – 500 Nm3/h gas flow
conditions
It can be seen that both pressure drops and particles collection efficiencies increase with
gas flow rate. Therefore, a compromise solution is usually adopted in cyclone design
between these two parameters (by fixing a right value of gas tangential velocity at the inlet
of the cyclone).
For particles sizes larger than 20µm the efficiency is almost the same for all the gas flow
rates, in each designed cyclone unit. This size can be therefore considered as an inherent
lower limit for these units for which they still show an acceptably high collection efficiency
(more than 95%, at least) in a wide range of working conditions.
As the vortical fluid dynamics that is established inside the cyclone, pressure drops show
relatively high increments in the considered gas flow ranges. Therefore they sound like the
parameter to better check out in respect with the collection efficiency.
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5.2.2 Packed bed filters
Packed bed filters are usually cylindrical vessels filled up with granular material (usually
sand) of relatively small size (50 – 500 µm). Gas is conveyed through the channels of this
bed where several particles retention mechanisms occur [Lee, 2001]. Neglecting the
electrostatic forces between particles and bed material, the other main phenomena
involved in particles collection process are:
Brownian diffusion
• Interception
• Inertial impaction
• Gravitational settling
•

Each of these mechanisms shows its own trapping efficiency according to the particles
size (see Appendix A), so that the overall efficiency for a single collection layer of the filter
can be assumed to be [Lee, 2001]:

Ei = 1 − (1 − Ei gravity )(1 − Ei inertial )(1 − Ei int erception )(1 − Ei diffusion ) (7)
where i = particle size
The retention efficiency for the whole filter, (ηi), whose height is H, is then given by:
 − 4 ⋅ Ei ⋅ α ⋅ H 

 π ⋅ d g ⋅ (1 − α ) 

(8)

η i = 1 − exp 

The corresponding overall trend for particles collection efficiency as a function of particles
size shows an usual drop in the range 0,1 – 1 micron, as it is shown in fig. 22 and as it was
also estimated for the different syngas flows and particulate concentrations considered in
this work (figure 23a, 23b, 23c).

Figure 22: overall trend of packed bed filter efficiency as a function of particles size
(Wakao and Funazkri, 1978)
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particles collection efficiency
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Figure 23a: efficiency and dimensions of packed bed filter for 3 –15 Nm3/h gas flow unit
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Figure 23b: efficiency and dimensions of packed bed filter for 75 –250 Nm3/h gas flow unit
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Figure 23c: efficiency and dimensions of packed bed filter for 250 – 500 Nm3/h gas flow
unit
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Dimensioning of packed bed filters was carried out by fixing an initial total efficiency of
99,99% for 3 µm size particles. During filtration, this efficiency increases thanks to the
positive effect by the retained particles which act as a barrier for the following gas stream.
This effect was not considered in this analysis but for pressure drop estimation. The initial
one was indeed calculated according to the following Ergun´s formula [Kunii et al., 1969]:

∆po

2
(
1− ε )
µ ⋅u
= 150
⋅

(φ ⋅ d )

ε3

g

2

+ 1,75

1− ε ρ ⋅u2
⋅
ε 3 φ ⋅ dg

(9)

Its rise was then estimated by the following empirical correlation [Yongwon et al., 1991]:

dp / dz
= 1 + β1 ⋅ σ β 2
dp o / dz

(10)

 dp / dz 
0 ,8568
− 1
= 0,3484St .−1,199 ⋅ N R

 dpo / dz σ =10−3

NR =

(11)

dp

(12)

dg
2

St =

Cu ⋅ ρ p ⋅ d p ⋅ u

(13)

18 µd g

where σ is the ratio between the volume already filled by retained particles and the total
volume of the bed. At the filter saturation condition, this value was set as 10-3 [Yongwon et
al., 1991], and, according to the analytical procedure reported above, maximum pressure
drops and allowable filters operational times were calculated, by considering an initial
particulate concentration of 10 g/Nm3 (see fig. 24a, 24b and 24c).
It can be noted very high pressure drops (in respect with the other filter units described
below) and very short operating times, especially for the larger size of filters. This clearly
suggests the necessity to envisage an on line filter regeneration process, maybe achieved
by the temporary fluidization of the filters beds. In some cases, especially for the higher
flow rates, the utilization of packed bed filters for the proposed applications seems to be
absolutely prevented.
Nevertheless, the analytical approach described above seems to be too much
conservative against the real applications. Indeed, Seville J.P.K., 1997, gives a saturation
times for sand filters in the same gas flow regimes and with the same bed material sizes
as less than one hour, against the calculated times as tens or even a few minutes.
Finally, the use of some lighter bed materials (like organic ones, such as bio-filters) could
be envisaged to reduce pressure drops. In this case, yet, gas stream should be cooled
upstream the filters or they should be arranged at the end of the gas cleaning line.
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Figure 24a: pressure drops and saturation times for 3 –15 Nm3/h gas flow filter unit
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Figure 24b: pressure drops and saturation times for 75 – 250 Nm3/h gas flow filter unit
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Figure 24c: pressure drops and saturation times for 250 – 500 Nm3/h gas flow filter unit
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5.2.3 Candle Filters
On the contrary of packed bed filters, candle filters are surface filtration units. They consist
on several blind cylindrical rigid elements (candles) made of porous materials (usually
ceramic or sintered metal), through which raw gas usually flows from the outside to their
inner layers, so that mostly of the particles are deposited on their external surface.
Because of this particles deposition, a layer of collected material, commonly called cake,
sticks and grows up during filtration around the filter. This cake acts as a filter element
itself, by deeply improving the retention capacity of the unit. On the other hand, it is also
responsible for the increase in pressure drops during operating time.
The design parameter for candle filters is the so called face velocity, such as the ratio
between the total gas flow and the total area available for filtration (2 – 6 cm/s, [Seville,
1997]), which corresponds to the total (external) surface of candles. From this data the
number of required candles is obtained, since their dimensions are usually standardized
by manufacturers.
As already mentioned, because of the increase of cake thickness around the candles
surface, pressure drops are also increasing in time. When a maximum allowable value is
reached, candles are on line cleaned by injecting a gas jet pulse in the opposite direction
of syngas flow, so as cake is detached from the elements and collected in a bottom vessel.
The frequency of the filter cleaning steps (usually carried out by injecting nitrogen or even
recycled clean gas) is set according to the maximum acceptable pressure drop and the
same consumption of cleaning gas.
Pressure drops are calculated as the sum of two different terms. The first one corresponds
to the pressure drop for filter elements themselves, and it usually increases with the
number of regeneration cycles (N). Indeed, since some particles penetrate into the porous
structure of candles during filtration phase, they are not removed anymore form their
positions, even during regeneration of filter.
Therefore, pressure drops for clean filters is given by [Seville,1997]:

∆p o

=

µ ⋅u ⋅ s
Κ

candle

(14)

and its value after a certain number of regeneration cycles (N) is:

∆p´candle=

µ⋅u ⋅ s
Κ

⋅ Nr

(15)

where r is an empirical coefficient usually given by manufacturers (in this case, r = 0,06
[Pall Corporation Inc.])
The second term for pressure drops is regarding cake resistance to gas flow and it is time
depending:

∆p cake = κ ´ ⋅ x ⋅ m ⋅ u 2 ⋅τ
k´=

µ
ρ cake ⋅ Κ cake

(16)
(17)
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In this application, candle filters were designed according to the design values of gas flows
(unit sizes) by choosing the less number of candle elements corresponding to a face
velocity still lower than 2 cm/s,.
Pressure drops were then calculated within the total ranges of gas flow variability, in
correspondence to an operating filtration time of 30 min, and particles mass loading as 10
g/Nm3.
Candle filter units DIA SCHUMALITH 05-20 DS by Pall Corporation Inc. were considered.
Indeed, because of the special materials which candles are made of and the proper
technologies are used, their particles collection efficiencies and their specific permeability
are usually not easy to be estimated but they are furnished as filters properties, together
with the overall dimensions of candles, by the same manufacturers.

Cin = 10 g/Nm3
n= 4
di = 40 mm
de = 60 mm
L = 500 mm
η = 100 %, dp > 0,2 µm
t = 30 min
K = 2,5*10-12 m2

mbar

Dimensioning results and pressure drops estimations for the different units sizes are
shown in the following charts 25a, 25b and 25c:
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Figure 25a: design parameters and pressure drops for 3 –15 Nm3/h gas flow candle filter
unit
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Figure 25b: design parameters and pressure drops for 75 – 250 Nm3/h gas flow candle
filter unit
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Figure 25c: design parameters and pressure drops for 250 – 500 Nm3/h gas flow candle
filter unit
It can be seen that, even for a very low face velocity (< 2 cm/s), pressure drops of filter
elements are of the same magnitude as cake ones reached in 30 min. Their effects on
total pressure drops development are hence comparable each other.
Finally, jet pulse velocities and cleaning gas flows were calculated according to the
tensional stress required to detach the cake from filters. This allowed to know cleaning gas
consumption during the life time of the overall syngas cleaning line (see Appendix B).
Besides their very high particles collection efficiencies, other main advantages of candle
filters utilization are the high working temperatures they can reach (600-800 °C for metal
filters, up to 1200°C for ceramic ones) and their on line regeneration methods.
Main disadvantages are the little resistance to thermal shocks for ceramic filters and the
corrosion for metal ones, especially in reducing gas atmosphere. They can also be
irreversibly clogged by tars when the working temperatures decrease below the boiling
point of these compounds.
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5.2.4 Fabric filters
Fabric filters are also surface filtration units for fine particles collection. They differs from
candle filters for the filtration elements only. Indeed, these latter are not rigid elements but
they are made of special woven fibres supported by rigid metallic frames. A scheme of
usual fabric filter unit is shown in fig. 26.

Figure 26: fabric filter unit (Proceedings of the 18th DOE Nuclear Airborne Waste
Management and Air Cleaning Conference, 1984).
In these arrangements, pressure drops for the filter woven elements are generally lower
than the ones achieved for rigid filters, and the overall weight of the filtration unit is also
reduced. Moreover, filters pressure drops can be considered constant with regeneration
cycles (N).
On the other hand, working temperatures for fabric filters are much lower than for candle
ones, since they can work at temperatures up to 450 – 500° C, according to the special
materials they are made of (usually ceramics). They are also more subjected to thermal
and mechanical degradation, this latter especially due to jet pulse cleaning cycles.
Face velocity is usually included from 12 to 24 mm/s and pressure drops are estimated by
the following equation [Ergudenler et al., 1996]:

∆p fabric =

µ u
⋅
µo κ

(18)

For cake pressure drops, equations (16) and (17) are still used.
In this application, fabric filters 312 by NEXTEL 3 M Company were considered, especially
because of their capability to work at high temperature (around 500°C). Inlet particles
concentration was still set to 10 g/Nm3 and working time before filters regeneration was
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still fixed as 30 min. Dimensioning results and pressure drops calculations are shown
below (figure 27a, 27b and 27c)
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Figure 27a: design parameters and pressure drops fort 3 –15 Nm3/h gas flow fabric filter
unit
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Figure 27b: design parameters and pressure drops for 75 – 250 Nm3/h gas flow fabric filter
unit
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Figure 27c: design parameters and pressure drops for 250 – 500 Nm3/h gas flow fabric
filter unit
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It can be noted that pressure drops for the filter elements are lower than the ones relating
to the cake deposition, in this case. Therefore, as already mentioned, fabric filters
generally show pressure drops lower than candle ones. This can be considered one of
their main advantages. Disadvantages are instead relating to maintenance issues and to a
lower collection efficiency for sub-micron particles (the values shown in charts above are
regarding 10 µm size particles, [Ergudenler et al., 1996]).
As for candle filters, regenerating jet pulse velocities and cleaning gas flows were
calculated according to the raw gas stream and particles concentration, in order to still
estimate the consumption of cleaning gas. Results showed an higher consumption for
fabric filters in respect with candle ones at the same operating conditions.

5.2.5 Catalytic tars cracking unit
As the large number of elementary steps which the overall gasification process is made of
and because of the complexity of involved thermal conversion processes, many different
heavy hydrocarbons are also recovered as final products, especially produced by thermal
cracking of solids during pyrolysis, or through secondary partial oxidation reactions in
gasification phase [Corella et al., 2004]. A great number of different compounds is usually
found out (mostly polyaromatics and heterocyclics), so as their single detailed analysis and
treatment are usually avoided in practical applications, but they are all considered as an
only product of gasification, commonly called tars.
For their high molecular weight (tars are also defined as hydrocarbon species whose
molecular weight is higher than benzene), the main practical issue related to tars is their
relatively high boiling point (up to 750 K), for which they are liquid at room temperature
(they are also called bio-oils) and they start to condense in a range of temperature from
400K to 700K, usually the same temperature interval at which gas cleaning lines for air
downdraft gasified biomass work.
Their condensation downstream the gasifier is the main cause of plugging for the narrower
and colder connection parts of the gas cleaning line (valves, elbows, inlet sections, etc.).
Indeed, tars droplets usually trap solid particles still present in the gas stream as well, and
they together form a sticky material that deposits on the colder walls of the instruments.
For the same reason, they also cause packed bed filters clogging and they are also able to
penetrate and condense into the ceramic and metal filters, blinding them irreversibly.
Moreover, they also present some operational difficulties in being used in gas engines, so
that they need to be eliminated from the gas stream.
One of the commonest methods for their collection is to enhance their condensation in a
dedicated unit, such as a water scrubber, where they condense by the contact with cold
water. This latter is then used for tars dilution and removal from the gas stream as well,
together with collected solid particles.
Nevertheless, water scrubber have not a very high efficiency in tars removal [Hasler et al.,
1999] and it also shows different operational issues to be faced on. One of these is
regarding the necessity to keep the temperature of gas cleaning line higher than the
boiling point of tars for all the units coming ahead the scrubber. Because tars start to
condense at temperature relatively high, heating system for these units is usually required.
On the other hand, at the exit of scrubber, gas temperature is too low for any other high
temperature treatments downstream, so that these applications are not permitted but by
re-heating the gas stream.
Finally a lot of water is consumed for this process and its handling and regeneration result
very difficult and expensive.
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Another new technology for tars removal is the so called OLGA process that is based on
wet scrubber of tars by oils instead of water. In this case, the waste-oil stream results
much easier to handle and temperature of gas is still higher than the water dew point at
the scrubber outlet, so that no waste water is produced [www.renewableenergy.nl]
In this work, the only method that was considered for tars abatement is the catalytic
cracking process, by which tars are not removed from the gas stream but they are
decomposed in lighter non condensable products through steam reforming reactions or
simply by thermal cracking enhanced by catalysts.
In this way tars condensation is avoided at all, energy content of product gas results
increased and its temperature is kept still high for further applications.
The chosen catalysts were Y zeolite materials (LZ-Y82 from Union Carbide), whereof main
characteristics are shown in the following table 35:
zeolite LZ-Y82
pore volume (ml/g) 0,35
3
ρbulk (kg/m ) 610
sphericity φ 0,7
ε bed 0,5
εmf bed 0,55
3

ρs (kg/m ) 1220
void ratio 0,30
3
ρ's (kg/m ) 1741
ks (W/m*K) 1,7
k´s (porous material) (W/m*K) 0,57

Table 35: physical properties of tars cracking catalysts (Lopez J.M. et al.,1994)
They were selected especially for their working temperature (700-800K), high cracking
efficiency and resistance to sulphur poisoning [Hopkins et al., 1996].
Nevertheless, cracking activity of catalysts is quickly reduced by means of coke formation,
such as a mixture of still heavy and solid hydrocarbons (mainly CnH2n-26, [Doka Nassionou
et al.,1998]) which are produced as sub-products of cracking reactions themselves, and
they are able to neutralize the active sites of catalysts as well as to deposit on their
external surface [Hopkins et al., 1996; Lopez et al., 1994].
The main problem regarding tars cracking catalysts utilization is then their rapid loss in
efficiency and their high frequency of regeneration consequently required.
For this reason, in industrial applications, tar cracking is often carried out in fluidized bed
reactors, where a continuous recirculation of solids is possible, so as an online
regeneration of catalysts is also achieved. Besides, hot spots inside the reactor are
avoided, preventing catalysts destabilization. Nevertheless, fluidized bed reactors usually
show a lower efficiency in respect with fixed bed reactors, in terms of required amount of
catalysts.
In this case, a comparison in efficiency between the two technologies was accomplished in
order to especially estimate their difference according to the units sizes.
Molecular formula for tars and coke were respectively chosen as C6H6,2O0,2 [Okuga] and
C4H8 [Doka Nassionou et al.,1998], and the time depending intrinsic kinetics of tars
cracking was considered as follows [Lopez, 1994]:
k = 12,8·e(-18,98·t) + 3,407/(1+0,95·t)

[s-1]

(19)
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Since this equation has been obtained empirically, it can be considered as an apparent
kinetic constant, such us an only comprehensive constant that includes all the elementary
reactions of tars cracking, as well as mass transfer phenomena of gas throughout the
pores of catalysts. It is then inserted in an Arrhenius first order law.
In the case of fixed bed technology, apparent kinetic resistance in respect with external
gas mass transfer one was checked out by means of the following relation [Levenspiel,
1962]:
(20)

kg·Sex > k·Vr

where kg is the external film mass transfer coefficient and it is estimated by the following
equation [Wakao N., 1978]:

kg =

Sh ⋅ Dm
dg

(21)

Sh = 2 + 1,1·Sc1/3·Re0,6

u ⋅ρg ⋅dg

Re =
Sc =

µ
µ

ρ ⋅ Dm

(22)
(23)
(24)

g

Dimensioning of tars cracking unit was initially accomplished for the fixed bed technology,
by setting a tars conversion factor as 0,9 after two hours of catalytic activity by zeolites,
and considering gas flow design values as units sizes parameters (see table 31).
Units efficiencies were then investigated according to the gas flow changes within the
variability fixed ranges (see table 31), by calculating the corresponding operating time of
catalysts after which tars conversion factor drops to 0,9, or, equivalently, in terms of
efficiency drop after two fixed hours of catalytic activity.
The same amount of catalysts calculated for fixed bed units was then investigated as
material for bubbling bed reactors, working at the same temperature (723K) and at the
same gas flow conditions. Analysis of efficiency trend was carried out in the same way
previously described and graphs for the two technologies were finally compared each
others. Units dimensions for the two technologies and corresponding results are reported
on table 36 and figures 28a, 28b and 28c.
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Fixed bed

Fluidized bed

3 – 15 Nm3/h
(8 Nm3/h)

75 – 250 Nm3/h
(125 Nm3/h)

250 – 500 Nm3/h
(350 Nm3/h)

3 – 15 Nm3/h
(8 Nm3/h)

75 – 250 Nm3/h
(125 Nm3/h)

250 – 500 Nm3/h
(350 Nm3/h)

950

2050

2250

H (mm)

770

1410

1400

300

750

1200

D (mm)

370

950

1600

7

7

7

dg(mm)

0,2

0,5

0,5

41

552

1551

Kg cat

41

552

1551

30

30

30

(g/Nm3)

30

30

30

0,9

0,9

0,9

X design

0,9

0,9

0,9

2

2

2

t design (h)

2

2

2

air

air

air

reg. agent

air

air

air

-

-

-

TDH (mm)

760

1210

1210

Cin

Table 36: catalytic tars cracking units dimensions, for fixed bed and fluidized bed
applications

conversion factor X - time on stream = 2h
1
fluidized bed

0,95
0,9

fixed bed

0,85
0,8
0,75
0,7
0,65
0,6
0,55
0,5
3

6

3

Nm /h

9

12

15

min

time on stream - X = 0,9
1600
1400
1200
1000
800
600
400
200
0

fluidized bed
fixed bed

3

6

9
Nm3/h

12

15

Figure 28a: conversion factor and time on stream analysis for 3 – 15 Nm3/h gas flow tars
cracking unit
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Figure 28b: conversion factor and time on stream analysis for 75 – 250 Nm3/h gas flow
tars cracking unit
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3
Nm /h

400

425

450

475
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Figure 28c: conversion factor and time on stream analysis for 250 – 500 Nm3/h gas flow
tars cracking unit
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In the case of 500µm fluidized bed material size (125 and 350 Nm3/h gas flow units), it was
calculated that tars cracking efficiencies are similar for the two different technologies (fixed
bed and fluidized bed ones) if the ratio between gas superficial velocity and minimum
fluidization velocity is about 2. Nevertheless, for lower values of this ratio, (such as lower
than 2), the bubbling bed model adopted in this analysis (see appendix C) proves close to
the analytical limits for its applicability.
For bed material size as 200µm (8 Nm3/h unit size),tars cracking efficiencies are the same
for the two technologies if ratio between gas superficial velocity and minimum fluidization
velocity is about 4 (the value that was also used for bubbling bed reactor design).
For fixed bed reactors dimensioning, plug flow axial dispersion model was used. According
to this theoretical approach, available volume for cracking reactions is estimated by the
following equation [Levenspiel, 1962]:

V=

Fo
Co ⋅ k

  1
ln 1 − X
 





(25)

In the case of catalytic reactions, this volume (V) is the total pore volume of catalysts, so
as these other equations are used in order to calculate catalysts amount and bed volume,
respectively:
kgcat = V / V’p

(26)

Vbed = kgcat / ρbulk

(27)

According to the axial dispersion model, the reaction front of a plug flow reactor is not
uniform in the cross sectional area at any time, but it shows a fluctuating distribution of
products concentration, as well as of conversion factor. For this reason, an additional
segment of reactor as transition zone needs to be added to the calculated volume, in order
to assure the same desired conversion factor at each point of the outlet section.
Therefore, total volume of reactor is increased by a factor according to the following
relation:


k 

Vr =V ⋅ 1+
2
D
⋅
u
L



(28)

where DL is the axial diffusion coefficient [m2/s] and it is calculated as follows [Yonghou X.
et al., 2007]

ε ⋅ DL
Dm

= 20 + 0,5 ⋅ Sc ⋅ Re

(29)

It can be seen that the transition zone increases as the superficial velocity of gas
decreases. Therefore, tars conversion factor is influenced by this parameter as well,
according to eq. (25), since very low gas superficial velocities reduce the effective reactor
volume available for reactions (V).
On the basis of this consideration and according to the pressure drops estimation,
diameter of fixed bed reactors were assumed, once the total volume of reactor was
calculated. Bed heights were thus obtained as a consequence.
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For fluidized bed dimensioning a two phase bubbling model was chosen [Kunii et al.,
1969]. According to this analytical approach, the reacting gas is prevalently flowing
through the bed as bubbles, which grow and accelerate from the bottom of the bed to its
upper surface. Solid catalysts are on the contrary almost completely contained in the
emulsion phase (part of the bed out of bubbles, that includes solids and gas at minimum
fluidization condition), where catalytic reactions are assumed to take place. Therefore, gas
mass transfer from bubbles to emulsion phase has to be considered for unit design.
Besides, bubbles are supposed to be surrounded by a zone of high solid concentration,
called cloud, whose thickness depends on the same bubbles size and velocity. In the
region immediately behind the bubbles another high solids concentration zone is
established, as well, because of the pressure decrease. It also depends on bubbles sizes
and it is usually called wake. In series mass transfer phenomena are hence to be
investigated for bubbling bed behaviour analysis..
As the two phase bubbling bed model was considered for catalytic tars cracking units
design only, as well as because of the complexity of required calculations, fluidized bed
units dimensioning procedure is only reported as Appendix C, in this work (moreover, fixed
bed technology was finally chosen as the one to be inserted in gas cleaning lines, as well).
Pressure drops for fixed bed units were calculated by means of eq. (9) while they were
estimated as bed material weight in the case of fluidized bed ones [Kunii et al., 1969].
Successively, pressure drops from gas distributors were also added in both of the cases.
Perforate plates were assumed to be used and the following equation was used
(considering design values of gas flow):
2

1 u 
∆pplate = ⋅ or  ⋅ ρg
2  Cd 

(30)

In order to achieve an uniform gas distribution through the bed, a minimum value as
0,1∆pbed is suggested for ∆pplate and not less than 3,4 kPa [Kunii et al., 1969]. In this way
uor can be calculated as follows:

uor =

2 ⋅ ∆pplate

ρg

⋅ Cd

(31)

By choosing an orifice diameter value, dor (in this case, dor = 1 mm), the number of holes
per unit area Nor can be calculated:

uo

N or =

u or ⋅

πd or 2

(32)

4

For a square distribution of holes on the perforate plate, the distance between two of them
is calculated as:

lor =

1
Nor

(33)

Dimensioning of gas distributor was initially accomplished for fluidized bed reactors.
Successively the same values of Nor, dor and lor were used for fixed beds, as well.
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Results on total pressure drops are shown below, in the case of the two different
considered technologies:

total pressure drop
fixed bed
fluidized bed

mbar

180
160
140
120
100
80
60
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Figure 29a: pressure drops for fixed bed and fluidized bed tars cracking units (3 – 15
Nm3/h gas flow size)
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Figure 29b: pressure drops for fixed bed and fluidized bed tars cracking units (75 – 250
Nm3/h gas flow size)
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Figure 29c: pressure drops for fixed bed and fluidized bed tars cracking units (250 – 500
Nm3/h gas flow size)
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Because of the different bed material sizes (see table 36), fixed bed units show pressure
drops always lower than fluidized bed ones, although they become comparable for high
gas flow rates.
Regeneration of catalysts was considered in terms of air consumption estimation, only.
Indeed, catalysts are regenerated by enhancing coke combustion reactions with air. In this
phase, operational issues are regarding the uniformity and the rise of combustion
temperature inside the reactor and the oxygen distribution for correct regeneration. Indeed,
hot spots should be avoided in order to keep catalysts safe from destabilization.
For the air consumption calculation, different values of initial tars concentration were
considered in the range from 10 to 50 g/Nm3 and 70% of tars amount was supposed to be
converted to coke during cracking activity.

5.2.6 Zn-Ti adsorber for high temperature sulphur removal
The total sulphur content of biomass fuel is assumed to be converted to hydrogen
sulphide, H2S, during gasification process. COS formation is therefore neglected in this
work. Hydrogen sulphide is a corrosive substance that can damage materials of traditional
gas cleaning lines as well as cogeneration units. Besides, it is the main cause of SO2
formation during combustion processes of syngas, whose emissions into the atmosphere
are not permitted but in very low concentrations.
Many different methods for H2S removal from fuel gas streams are already developed.
Some of them are carried out by liquid absorption of H2S in ammonia or alkanolamine
solutions, others are accomplished by oxidation (Claus process) and many different solid
adsorbers are also used [Kohl et al., 1997]]
In this latter case, two main categories for solid adsorbers can be distinguished:
regenerable sorbents and non regenerable sorbents. These latter are usually cheap and
disposable materials whose reaction with H2S is irreversible. Their activity is enhanced at
high temperature, yet [Schimdt et al., 1996].
Other sorbents work at lower temperature (700 – 900K) and they can be regenerated,
usually by oxidation, once they are completely exhausted by sulphur. Among them, one of
the most promising materials for H2S adsorption is Zinc-titanate oxide.
Indeed, zinc is one of the most reactive element with sulphur but it shows a little thermal
resistance to sulfidation-regeneration cycles (regeneration is carried out at about 900K up
to 1100K). Therefore, a stronger material (like Titan) is used as a binder in order to
increase thermal stability of the material.
This compound was considered for H2S adsorption in this work, too. It was chosen for its
suitable working temperature (700 – 750K) above all, and dry adsorption was preferred in
order to avoid water and other secondary materials consumption.
The specific chosen material is named ZT-4 and it was developed by Research Triangle
Institute and U.S. Deprtment of Energy (USA) [Gupta et al., 1996]. Its molecular formula is
(ZnO)1,5TiO2 and its main physical properties are shown in table 37.
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ZT- 4
(ZnO)1,5-TiO2
3
pore volume (cm /g) 0,22
3

ρbulk (kg/m ) 1260
sphericity φ 0,6
ε bed 0,4
3

ρs (kg/m ) 2100
void ratio
3
ρm (moles/cm )
ks (W/m*K)
k´s (porous material) (W/m*K)

0,316
0,0104
13,13
4,21

Table 37: physical properties of H2S adsorber (Gupta et al., 1996)
Fixed bed unit was examined for this application and 1 mm bed material size was chosen.
As already mentioned, the reacting component is Zinc oxide only, so that the sulfidation
reaction can be written as [Yrjas et al., 1996]:
ZnO + H2S = ZnS + H2O

∆H = -74,1 kJ/mol

(34)

Kinetic constant for this reaction was found out as k = 221 cm3/mol·s (T = 400°C)
[Mojtahedi et al., 1996] in respect with solid sorbent consumption.
For heterogeneous reactions developed in fixed bed units, the time for the complete
saturation of solid bed can be divided in two different steps: the necessary time for
complete development of reaction front in the first layer of the bed (whose amplitude
depend on the solid reactivity, k), and the time that the same reaction front takes to cover
the full height of the bed and reach the exit sectional area [Wang et al. 1989].
In this case, only the second term for solid bed exhausting time was considered, in order
to simplify dimensioning procedure and as a security factor for the outlet contaminant
concentration. Indeed, by neglecting the necessary time for reaction front formation inside
the bed, it can be supposed that, after the calculated saturation time, contaminant
concentration at the outlet section of the bed is still zero.
The constant velocity of reaction front along the bed is obtained as [Wang et al. 1989]:

u rf =

b ⋅ C0 ⋅ u
[ρ m ⋅ (1 − ε )]

(35)

where b is the stoichiometric coefficient of the overall heterogeneous reaction.
Adsorption units were dimensioned by choosing mass space velocities as 0,30 h-1 for each
gas flow design value. In this way, sorbent amounts inside the beds were obtained for the
three gas cleaning line sizes.
Bed diameters were chosen according to the admitted pressure drops (from 100 to 150
mbar), which were calculated as the sum of fixed bed (eq. (9)) and gas distributor ones
(see par. 5.2.5). Eq. (28) was still used in order to consider gas dispersion impact on outlet
contaminant concentration. Dimensioning results are shown in table 38:
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Fixed bed

3 – 15 Nm3/h
(8 Nm3/h)

75 – 250 Nm3/h
(125 Nm3/h)

250 – 500 Nm3/h
(350 Nm3/h)

H (mm)

640

650

700

D (mm)

200

800

1300

dg (mm)

1

1

1

Kg ads

25

411

1170

mass space vel. (h-1)

0,30

0,30

0,30

reg. agent

air

air

air

Table 38: Zn-Ti adsorption units dimensions
The saturation (or working available) time for sorbent was estimated by applying eq. (35)
to the dimensioned bed heights, H, and a range of contaminant concentration was chosen
from 100 to 1000 ppmv. Results are shown in the following charts:
w o r k in g tim e
h o u rs
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0

Figure 30a: saturation time for Zn-Ti sorbent bed, according to gas flow and H2S
concentration (3 – 15 Nm3/h unit size)
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Figure 30b: saturation time for Zn-Ti sorbent bed, according to gas flow and H2S
concentration (75 – 250 Nm3/h unit size)
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Figure 30c: saturation time for Zn-Ti sorbent bed, according to gas flow and H2S
concentration (250 – 500 Nm3/h unit size)
A great variability is detected according to both gas flow and especially H2S concentration.
Two orders of magnitude are indeed covered form the harder conditions (high gas flows
and high contaminant concentrations) to the lighter ones.
Nevertheless, an high adsorption efficiency of material can be generally estimated. Indeed,
saturation time is higher than 1000 hours for each designed unit and at all gas flow
conditions, for contaminant concentrations lower than 250 ppm. At the lighter conditions
(such as at the lower limits of considered gas flow ranges and with contaminant
concentration as 100 ppm), even more than 6500 hours can be reached before
regenerating the sorbent material. Therefore, except for the higher concentration values as
500 ppm and 1000 ppm (in such a case an increase of units dimensions could be also
envisaged), a few regeneration steps per year can be foreseen in this application.
Sorbent regeneration is then carried out by oxidation, according to the following reaction
[Yrjas et al., 1996]:

∆H = -443,3 kJ/mol

ZnS + 3/2O2 = ZnO + SO2

(36)

Oxidation temperature is usually between 900 and 1000 K [Mojtahedi et al., 1996].
Nevertheless, because of the high exothermic behavior of this reaction, temperature of
reactor tends to reach higher values during regeneration, so as stability of adsorption
material is damaged. For this reason, temperature control devices are usually required for
this application.
Another operational issue regarding sorbent regeneration is the possibility to achieve
ZnSO4 formation instead of clean regenerated sorbent, according to the following
reactions:
ZnO + SO2 + ½°2 = ZnSO4
ZnS + 2O2 = ZnSO4

(37)
(38)

Air consumption for sorbent regeneration was finally calculated in the different working
conditions (gas flows and contaminant concentrations) by means of eq. (36).
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5.2.7 Activated carbon adsorption unit
Activated carbon is one of the commonest material for the adsorption of several species
(especially organic compounds, VOCs, benzene, etc.), and it is already well in use in such
air purification applications where trace elements need to be eliminated from gas streams.
Many experimental works have been carried out in order to check the feasibility of
activated carbon utilization in gasified biomass cleaning systems, too. Some of them have
shown good results in H2S and ammonia capture [Rodriguez et al., 2007; Yonghou X. et
al., 2007] so that activated carbon adsorption unit was especially investigated in this work
for the removal of these two main contaminants.
When syngas stream flows through the bed of the adsorbing particles, gaseous
components are retained on the carbon surface by means of a physical adsorption
mechanism, in this case, such us mainly due to Van der Walls forces and polar attraction
between gas components and active sites of carbon. This process is temperature
depending and it is enhanced at low temperature values.
According to Langmuir theory, an equilibrium relation can be written between contaminant
concentration in the gas stream and contaminant amount retained on the carbon particle
surface, for each value of temperature (Langmuir isotherm):

q=

q m ⋅ K L ⋅ Cin
1 + K L ⋅ C in

(39)

q is the real quantity of gas contaminant adsorbed per mass unit of material, (mg/g), qm is
the maximum admitted quantity of contaminant per mass unit of carbon at the same
temperature (mg/g), KL is an equilibrium constant (m3/mg) and Cin is the inlet contaminant
concentration in the gas stream (mg/m3). Some values of these Langmuir parameters are
shown below, for both H2S and NH3 (Rodriguez et al., 2007; Yonghou X. et al., 2007).

Langmuir
constants

qm (mg/g)

KL (m3/mg)

T (°C)

NH3

4,2

0,00047

40

H2S

2,7

0,014

30

Table 39: Langmuir constants for NH3 and H2S adsorption
The first step for adsorption unit dimensioning was to calculate q values for different inlet
contaminants concentrations. Concentration ranges were chosen between 100 and 1000
ppmv for H2S and between 2000 and 6000 ppmv for NH3 (in the case of coupled
contaminants treatment, the highest considered concentration of H2S was 500 ppmv).
Fixed bed technology with 1mm carbon material size was chosen in this case, and
breakthrough model was adopted for units design. According to this, a curve of
contaminant concentration in the gas stream passing through the bed (or equivantly of
adsorbate concentration on the bed surface) can be detected along the bed length
(breakthrough curve). Since the shape of this curve doesn’t change during the adsorption
process but it is depending on Langmuir constants only, a gas concentration front (whose
value depends on its position on the curve) can be detected as moving towards the exit
section of the bed, While the slope of breakthrough curve is depending on Langmuir
constants only (such as temperature), the reaction front velocity is affected by the sorbent
amount in the bed and the inlet initial contaminant concentration in the gas stream.
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Therefore, by fixing bed dimensions a priori, it is possible to estimate the saturation time
for the adsorption unit by choosing a maximum contaminant concentration in the exit gas
stream and calculating the time that the corresponding reaction front takes to cover the
total length of the bed, according to its pre-determined velocity (Breakthrough point).
The following equation is used at this purpose:
1





C 1
u ⋅ z 2 (t − tmin ) 

 ⋅
= 1 + erf 
1 
 4 ⋅ DL 
Co 2 
2 
(
)
t
⋅
t
min




(40)

In this case, C is the admitted contaminant concentration at the exit section of the
adsorbing bed.
DL is the axial dispersion coefficient of gas and it is calculated through eq. (23), (24), (29).
t is the saturation time corresponding to the admitted contaminant concentration C
tmin is the saturation time corresponding to the contaminant concentration equal to the
initial one in the raw gas stream, such us it is the minimum time after which the same
concentrations at the inlet and outlet of the adsorbing unit are detected. It is calculated as:

  ε  C eq  z
t min = 1 + 
⋅

1
−
ε

 Co  u


(41)

Ceq is the contaminant concentration on carbon surface at equilibrium with the initial gas
concentration, on volumetric basis (mg/m3), and it is obtained by multiplying Langmuir q
value by bulk density of the bed.
Erf is a statistical error analytical function whose expression is:

erf =

2

π

∫

x

0

e −x

2

(42)

Gas superficial velocity through the activated carbon bed was chosen between 4 cm/s and
6 cm/s (4 cm/s for the smaller unit sizes, 6 cm/s for the larger ones). Diameters of beds
were then calculated according to the gas flow design values for the three unit sizes.
Bed heights were differently dimensioned, depending on if activated carbon unit was
supposed to be used for H2S adsorption only, or even for simultaneous removal of H2S
and NH3.
In the first case, bed heights proved different for the three unit sizes, respectively as:
Lbed = 1m for 8 Nm3/h gas flow unit size
Lbed = 1,5m for 125 Nm3/h gas flow unit size
Lbed = 2m for 350 Nm3/h gas flow unit size
They were calculated according to the admitted pressure drops for adsorption units. These
latter were estimated (in all of the gas flow ranges defined for the three unit sizes) by
means of eq. (9) and by adding gas distributors ones, as determined in par. 5.2.5. The bed
heights reported above were then determined by setting a maximum pressure drop as 30
mbar for the small unit and as 40 and 45 mbar for the two other units respectively,
according to the gas flow design values.
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On the contrary, in the case of simultaneous removal of H2S and NH3, bed heights were
always fixed as 2 m, as a maximum acceptable height for the adsorption unit. Pressure
drops were thus calculated as 37 mbar for the small size unit and 46 mbar for both the
larger ones, still corresponding to gas flow design values.
Physical properties of activated carbon material [Yonghou X. et al., 2007] and adsorption
units estimated dimensions are reported in table 40 and 41 respectively.
activated carbon
pore volume (ml/g) 0,27
3
ρbulk (kg/m ) 390
φ 0,8
ε bed 0,4
3
ρs (kg/m ) 650
void ratio 0,15
2
Dm (cm /s) 1,30
ks (W/m*K) 0,26
k´s (W/m*K) 0,063

Table 40: physical properties of activated carbon material

Fixed bed

3 – 15 Nm3/h
(8 Nm3/h)

75 – 250 Nm3/h
(125 Nm3/h)

250 – 500 Nm3/h
(350 Nm3/h)

H (mm)

2000

2000

2000

D (mm)

265

876

1476

dg (mm)

1

1

1

Kg ads

43

469

1333

(g/Nm3)

0,1

0,1

0,1

Cout H2S (ppmv)

20

20

20

reg. agent

steam (130°C)

steam (130°C)

steam (130°C)

Kg vapor / kg H2S

10

10

10

Cout NH3

Table 41: Activated carbon adsorption units dimensions
Once the adsorption units dimensions were determined, available working times before
their regeneration were calculated through eq.(40), according to the gas flows and inlet
contaminant concentrations, as well as by choosing exit permitted concentrations as 20
ppmv for H2S and 100 mg/Nm3 for NH3. Results are shown in figures 32a, 32b and 32c, in
the case of single contaminants abatement.
As regard H2S, the same trend of saturation time detected for chemical adsorption units
can be noted in this case as well, but with an overall decrease as about one order of
magnitude. As it could be expected, hence, physical adsorption is less efficient than
chemical one, although its corresponding sorbent regeneration process is generally easier
to be accomplished (see below).
Ammonia is much less adsorbed on activated carbon than H2S, as it can be also noted
form their relative equilibrium constants KL (see tab. 39). Except for the small unit, the
saturation time is not higher than 60 hours, even at the lighter conditions of gas flow and
contaminant concentration.
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Nevertheless, for the highest considered ammonia concentration in the gas stream, such
as 6000 ppm, saturation time is still higher than 10 hours at each gas flow condition and
for all the designed units. It can be still considered a reasonable operating time, according
to the designed units dimensions and the proposed application.
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Figure 31a: Saturation times of activated carbon material for separate H2S and NH3
adsorption processes (3 – 15 Nm3/h gas flow size)
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Figure 31b: Saturation times of activated carbon material for separate H2S and NH3
adsorption processes (75 – 250 Nm3/h gas flow size)
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Figure 31c: saturation times of activated carbon material for separate H2S and NH3
adsorption process (250 – 500 Nm3/h gas flow size)
Activated carbon is able to adsorb water vapour, as well. [Dubinin,1981; Barton et al.
1991]. Although this is obviously not listed as contaminant for the gas stream, vapour
adsorption was also considered in this application, in order to estimate its influence on
activated carbon bed exhausting time.
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The relative adsorption isotherm can be written as follows [Dubinin, 1981]:

h=

a

 c −1 a
⋅
c ⋅ (a o + a ) ⋅ 1 −
c as



(43)





h is the ratio between the vapor pressure in the exit gas stream and the saturation one on
active sites of carbon. Therefore, for complete saturation of the bed, this value has to be 1.
c is a kinetic parameter
ao and as are respectively the initial adsorbing active sites concentration and the maximum
one at the working temperature (mmol/g), since different adsorption layers can be
assumed to be developed during adsorption process.
a is the concentration of water vapor adsorbed on the bed surface (very close to as, for h
value equal to 1), (mmol/g)
Values for these parameters have been empirically found out by Barton at al. [1991] and
they are shown in the following table:
vapor
adsorption

c (-)

ao (mmol/g)

as (mmol/g)

T (°C)

1,62

1,44

19,4

25

Table 42: kinetic parameters for water vapour adsorption on activated carbon
By using a value as equilibrium concentration in eq. (41) and by fixing C / Co ratio as 0,001
in eq. (40), (Co is supposed to be the saturation vapour pressure at the bed inlet
temperature), exhausting time of carbon bed by vapour adsorption was calculated.
Results regarding the same dimensioned units for H2S and NH3 adsorption processes are
reported below, as saturation times by vapour retention.
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Figure 32: saturation times for activated carbon units for water vapour adsorption
In the case different contaminants were assumed to be simultaneously adsorbed by the
same gas cleaning unit, the corresponding total saturation time (of activated carbon bed, in
this case) was calculated as follows:

1

τ=
Σi

1

(44)

t si

tsi = saturation time for single contaminant adsorption (hour).
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As an example, results regarding the simultaneous removal of H2S and NH3 by the
activated carbon units previously dimensioned are reported in the following figures. In this
case, the inlet contaminants concentrations were coupled together by following the same
increase order for both the contaminants.
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Figure 33a: available working time of activated carbon unit for combined contaminants
adsorption (3 – 15 Nm3/h gas flow size)
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Figure 33b: available working time of activated carbon unit for combined contaminants
adsorption (75 – 250 Nm3/h gas flow size)
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Figure 33c: available working time of activated carbon unit for combined contaminants
adsorption (250 – 500 Nm3/h gas flow size)
As it can be seen, in this case the saturation times are very close to the ones calculated
for single ammonia adsorption, such as for the material which is worse adsorpted by the
carbon. Since they can be even less than 24 hours (as operating limit for off line
regeneration methods) tandem arrangements are usually set up for this technology.
This means that two identical adsorption units are used, alternatively working in adsorption
and regeneration phases. In this way, a continuous adsorption operation can be achieved
in the overall gas cleaning line, although several carbon regeneration cycles are required.
An operational scheme of this arrangement is shown below.

Figure 34: tandem arrangement for adsorption units (www.hdm-stuttgart.de)
Carbon regeneration is carried out by steam injection. Steam temperature is suggested to
be 130°C and a ratio of 10kg steam per kg adsorbate is reported in literature [Germerdonk,
1993]. On the basis of this parameter, steam consumption for regeneration of dimensioned
carbon bed adsorbing units was calculated in each operating condition, and for all the
three considered unit sizes.
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5.2.8 Wet scrubber packed column
Wet scrubber can be considered as the most adopted technology in gas cleaning systems.
It is based on the transfer of gas contaminants from the syngas stream to a cleaning water
flux, whose contact with gas is achieved in different arrangements (venturi scrubbers, tray
columns, spray columns, packed bed columns, etc.).
Depending on the nature of contaminants are supposed to be treated, water stream can
play different roles in the gas cleaning line: particles trapping for particulate collection,
enhancement of tars and oil condensation, or chemical absorption of different gaseous
species, such as acids, some organic materials and other inorganic soluble compounds
(especially NH3).
For the present study water scrubber was considered for the last case only, such as for
chemical absorption of acids (HCl) and ammonia (NH3). For particulate and tars collection,
indeed, different units are assumed to be used, because of their higher efficiencies (Hasler
et al., 1999) and in order to avoid some operational problems usually occurring from the
use of water scrubber for tars condensation (see par. 5.2.5).
Wet scrubber packed column was the investigated unit in this case, since it is mainly
distinguished by a good quality of contact between gas and liquid phases, in respect with
the other arrangements. It roughly consists on a cylindrical vessel in which some packing
materials are filled in, whereof main role is exactly to increase available contact surface
between gas and water streams, as well as to rise gas flow residence time for adsorption.
In this case, plastic rashig rings from Pall Corporation Inc. were chosen. Their
characteristics are presented below.
e

dr (m) 0,006
e
dr (mm) 5,625

2

3

a (m /m )
320

Rashing rings
packing factor (Cf) σs surface tension (N/m)
315
0,036

free space e
0,7

Table 43: Pall rashig rings properties
Water is sprayed or distributed from the top of the column (and in some other middle
sections, if necessary) and it is percolating downward while wetting the raschig rings. Gas
stream flows upward to the opposite direction, so as a counter current fluid-dynamic flow is
developed. A figure of traditional wet scrubber packed column is shown below.

Figure 35: wet scrubber packed column (www.extolhydro.com)
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Absorption process is defined by the Henry’s law, that states the equilibrium condition
between gas and liquid phases concentrations is reached according to system
temperature and it can be expressed by the following equation:
*

pi = Hi ⋅ xi

*

(45)

Contaminant can be therefore transferred from one phase to the other (in this case from
gas to water stream) until equilibrium is reached.
As already mentioned, HCl and NH3 were considered as the main contaminants to be
removed in water scrubber unit.
For HCl, Henry constant was calculated by means of the following empirical formula
[Zhang et al., 2006]:
ln HHCl = ho / T + h1·lnT + h2·T + h3

[kPa]

(46)

where ho, h1, h2, h3 are empirical constant parameters for water-hidrochloric acid system.
For NH3, this other formula was used [Hand et al., 1999]:
log HNH3 = -∆H / RT + J

(47)

where ∆H is the adsorption energy and J is an empirical constant. For NH3, ∆H = 3,75·103
kcal/kmol and J = 6,31.
Working temperature was chosen as the average between the gas and water values, both
of them calculated in the middle section of the column (therefore as the mean value
between the inlet and outlet temperatures of the unit, for both of the streams).
Dimensioning of wet scrubber packed column followed a standard procedure [Hand et al.,
1999]. From the contaminant mass balance on the overall column, the minimum required
water flux for absorption was calculated, by assuming equilibrium of water and gas phases
at the exit section of the same water stream (at the bottom of the column) and supposing
inlet contaminant concentration in water as zero.

Ql

min

=

Q gas ⋅ ( y in − y out ) ⋅ H

(48)

y in ⋅ p

yin and yout are respectively the molar fractions of contaminant compound in the gas
stream at the inlet and outlet sections of the column.
As inlet concentrations, a range of values was chosen for the two considered species,
such as 2000 ÷ 6000 ppmv for NH3 and 50 ÷ 150 ppmv for HCl. The outlet concentrations
were instead fixed to 132 ppmv (100mg/Nm3) for NH3 and 0,6 ppmv (1mg/Nm3) for HCl.
Qlmin was increased by a factor of 3 ÷ 5 (in this case 5) in order to obtain the real water flow
through the column.
Diameter of the column was instead dimensioned according to the gas stream pressure
drops and the flooding point limitations regarding gas and water mass loadings ratio.
Flooding point is indeed the undesired condition by which the column is totally full of liquid
and gas bubbles in it. It is mainly due to an incorrect regulation of water and gas flows
inside the column.
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After choosing acceptable pressure drops per unit length ∆p/L, gas mass loading rate Gm
(kg/m2·s) is initially calculated through the following equations:
Gm =

M ⋅ ρ g (ρl − ρ g )

(49)

C f .(µl )

0,1

log 10 (M ) = a 0 + a1 .E + a 2 .E 2

 Q
g
E = − log 10 
 Ql



.


 ρg

 ρl

(50)

  ρg
 − 
  ρl





2






(51)

a 0 = −6,6599 + 4,3077.F − 1,3503.F 2 + 0,15931.F 3

(52)

a1 = 3,0945 − 4,3512 .F + 1,6240 .F 2 − 0,20855 .F 3

(53)

a 2 = 1,7611 − 2,3394.F + 0,89914.F 2 − 0,11597.F 3

(54)

(

F = log10 ∆P

L

)

(55)

Water mass loading rate, Lm (kg/m2·s), is then calculated as follows:

Lm =

Gm
 Q g  ρ g


 Ql  ρ l





(56)

and finally sectional area and diameter of the column are obtained:

A=

Ql .ρ l
Lm

(57)

D=

4. A

π

(58)

As usually, these calculations were carried out by considering gas flow design values (as
gas cleaning line sizes), and pressure drops were subsequently estimated within all the
fixed ranges of variability for gas flows.
The height of the column is calculated as the product by two different factors, respectively
called height of transfer unit and number of transfer units [Fair et al., 1985].
The first term is regarding mass transfer resistances in gas or in liquid phases
(respectively indicated as HG or HL) and it can be considered constant for diluted streams
(indicated as HOG or HOL), since in this case mass transfer coefficients can be assumed
proportional to gas or liquid streams velocities only.
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It assumes different expressions depending on if mass transfer resistance is referred to
gas or water phase. In this case, gas phase was considered, so as:

H OG =

Qgas

(59)

KG ⋅ a ⋅ p ⋅ A

1
KG ⋅a

=

1
H
+
k g ⋅ a kl ⋅ aw

(60)

H = Henry constant (atm · m3 / mol)
aw is the wet specific surface of the bed provided by the rashig rings (m2/m3), such as the
effective specific surface of the bed that is covered by water stream. It is calculated
through the following relation [Onda et al., 1967]:
−0, 05
0, 2
0 , 75
0 ,1


 Lm 2
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aw = a 1 − exp− 1,45.  
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(61)

σw = surface tension of water (dyn/cm) = 132,674 · (1 – T / Tc)0,955
kg and kl are mass transfer coefficients respectively for gas and liquid sides. Their
expressions were determined empirically [Onda et al., 1967]:
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(63)

Dgm and Dlm are molecular diffusion coefficients for contaminant compound in gas and
liquid phases (values are found in literature).
The second term for the column height dimensioning (number of transfer units) is
regarding the quantity of material that is assumed to be transferred from gas to liquid
phase and, therefore, it obviously depends on gas and water mass loading rates, as well
as on the inlet and outlet contaminant concentrations in both of the phases [Fair et al.,
1985]:
NOG =

 mGm   yin − mxin  mGm 
1
⋅
+
ln1 −

1 − (mGm / Lm ) 
Lm   yout − mxin  Lm 

(64)

m = Henry constant, as ratio between contaminant molar fractions in gas and liquid
phases, at equilibrium conditions (-)
Gm and Lm are mass loading rates of gas and water streams (kg/m2·s)
y and x are the real contaminant molar fractions respectively in gas and liquid phase (-). In
dimensioning procedure, xin is usually set to zero (clean initial water flux).
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As already mentioned, wet scrubber packed column height is finally calculated as:
(65)

Hcolumn = HOG · NOG

Pressure drops are then obtained as the product of ∆p/L by Hcolumn, with the addition of an
empirical term referring to concentrated head losses inside the column (depending on gas
velocity):

∆pTOT = ∆p/L · Hcolumn + 275 · ugas2

(66)

In this analysis, wet scrubber packed column is supposed to be used for simultaneous
removal of NH3 and HCl. For this reason, design was initially carried out for the two
contaminants separately. Dimensions, pressure drops and other operating parameters (i.e.
water flux) were calculated according to the procedure described above for each raw gas
flow and single contaminant concentration.
Successively a single unit was dimensioned for both of the species: the minimum water
fluxes separately calculated for the two contaminant species (by means of eq.(48)) were
summed and multiplied by a factor of 5. According to the gas flow design values, pressure
drops for unit length were chosen as 100 Pa/m for the small unit size and 10 kPa/m for the
larger ones.
On the basis of these assumptions, diameters of the column for each unit size were
obtained through eqs. (49) – (58). Column height was arbitrarily set as 2m and HOG was
recalculated on the basis of the new water flux value (L or Lm) according to eqs. (59) –
(63).
Finally, by means of eq. (64), the obtained outlet contaminants concentrations in the gas
stream were compared with the standard limits for the same contaminants, in order to
check out efficiency of water scrubber unit at each operating condition (such as gas flows
and inlet gas concentrations).
Main dimensions and operating parameters of wet scrubber packed columns are
presented in the following table.
3 – 15 Nm3/h
(8 Nm3/h)

75 – 250 Nm3/h
(125 Nm3/h)

250 – 500 Nm3/h
(350 Nm3/h)

H (mm)

2000

2000

2000

D (mm)

107

164

275

Water flow (l/s)

0,033

0,614

1,79

Tin gas (C°)

120

120

120

Tout gas (°C)

30

30

30

Tin water (°C)

30

30

30

Cout NH3 (mg/Nm3)

100

100

100

Cout HCl (ppm)

0,6

0,6

0,6

Packing material

Raschig rings

Raschig rings

Raschig rings

V tank (liters)

200

1000

2000

Table 44: wet scrubber packed column units dimensions
As it can be seen, temperature at the gas inlet section is around kept at 120°C, in order to
avoid cleaning water vaporization during the contact with the same gas stream. As a
consequence, this latter has normally to be cooled down before entering the packed
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column, so as loosing part of its enthalpy. Moreover, an heat exchanger needs to be
inserted into the gas cleaning line at this purpose.
Absorption heats were calculated according to eq.(47), as well. Nevertheless, in the case
the total heat capacity of water, Lm· cpw, is much higher than gas one, Gm· cpg, it can be
supposed adsorption heat is totally transferred to water stream, while gas is leaving the
column at the same temperature of the inlet water stream (in this case, 30°C).
Water stream is then assumed to be recycled through the column until the contaminant
concentration reaches the equilibrium value (x*out) corresponding with the one in the exit
gas stream (such as the permitted contaminant concentration, yout), according to Henry’s
law.
As a consequence, available water re-circulating time and the number of possible cycles
were estimated, as well. At this scope, the volumes of tanks to collect the total amounts of
water were arbitrarily chosen a priori. For the small unit size a 200 litres tank was assumed
to be used, while for the other two units a 1000 litres tank was considered. Assuming that
water stream is clean at the beginning of the first cycle (free of contaminant) and by
calculating the total amount of contaminant moles which are transferred to the water
stream during the single cycle, their required number to saturate the water stream was
possible to be estimated.
Besides, the real velocity of liquid flux through the column was also calculated by means of
the following equation:
vw = Ql · a / (A · ε · aw)

(67)

and therefore the required time for each water cycle was estimated as:
(68)

tcycle = Hcolumn / vw

Finally, the total exhausting time was obtained as the factor of tcycle by the number of
cycles previously estimated.
These calculations were initially achieved for both of the contaminants (NH3 and HCl)
separately. Successively, in order to calculate the total saturation time of water stream
eq.(44) was used. Results are shown below.
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Figure 36a: saturation time of water stream in 3 – 15 Nm3/h gas flow wet scrubber unit
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Figure 36b: saturation time of water stream in 75 – 250 Nm3/h gas flow wet scrubber unit
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Figure 36c: saturation time of water stream in 250 – 500 Nm3/h gas flow wet scrubber unit
Although the water saturation times for the single contaminants absorption are not
presented here, it could be checked ammonia is even in this case the contaminant
compound that is worse removed from gas stream in respect with the other considered
species, such as chloride acid. Therefore, the water saturation times reported in fig. 36a,
36b and 36c can be considered really similar to the ones estimated for the only absorption
of ammonia.
According to the water tanks volumes previously defined, they have to be thought very
short, especially in the case of the larger cleaning units. Indeed, since water is considered
as a non regenerable material in this analysis, on the basis of these results a lot of water
consumption would be yearly produced in such applications.
This is mainly due to the high absorption efficiency required to reach the low standard limit
of ammonia concentration in the gas stream (100mg/Nm3). In order to avoid an high water
consumption, it could be thus envisaged to reduce the water scrubber designed efficiency
(at least for ammonia removal) and to put downstream an higher performance unit at the
same scope.
In this optics, coupling water scrubber and activated carbon adsorption units could be an
effective solution, even for the simultaneous removal of the other considered
contaminants.
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5.2.9 Catalytic partial oxidation unit for ammonia decomposition
An alternative method to remove ammonia from gas stream is given by its decomposition
through partial oxidation, that is usually carried out in catalytic reactors (selective partial
oxidation).
Many catalysts have been already tested for this task even in simulated gasification
conditions (such as with adopted gas mixture similar to gasified biomass products) [Jones
et al., 2005; Darvell et al., 2003]. One of the most promising catalysts seems hence to be a
copper alumina supported material (Cu/Al2O3) [Jones et al., 2005; Gang Lu et al., 2000].
Indeed, it shows an high ammonia cracking efficiency even at low temperatures (550 –
650K), it is resistant to sulphur deactivation (reaction seems to be even enhanced by H2S
content at low concentrations [Jones et al., 2005]) and it can be also considered as a
stable catalyst during operation [Gang Lu et al., 2000]. Best performances have been
registered with Copper loading in the catalyst composition between 7% and 10% mass
percentages [Jones et al., 2005; Darvell et al., 2003].
Physical properties of this considered catalytic material are shown below.
Cu/Al2O3 catalyst
pore volume (ml/g) 0,8
ρbulk (kg/m3) 800
sphericity φ 0,7
ε bed 0,45
ρs (kg/m3) 1455
void ratio 0,54
ρ's (kg/m3) 3147
ks (W/m*K) 22
k´s (porous material) (W/m*K) 12

Table 45: physical properties of ammonia partial oxidation catalyst
A fixed bed of 300µm catalyst particles (dg) was considered in this application, in order to
achieve operating conditions close to the ones of experimental tests cited above.
The main catalytic reaction can be written as follows:
2NH3 + 1,5O2 + Cus = N2 + 3H2O + Cus

∆H = -314,65 kJ/mol

(69)

Its kinetic constant was determined from experimental data [Jones et al., 2005], by
assuming first order Arrhenius’ law (apparent kinetic constant). Consequently, the formula
which were used are:

 − Ea 
k(Arhenius’
= k 0 exp law)

 RT 

(70)

 (1 − X ) 
k = − ln

 t 

(71)

X is the ammonia conversion factor at different temperatures, whose values were obtained
from the experimental tests reported in literature. Time t corresponding to the same
experimental tests was calculated as 0,21s, from the mass space velocity and bed
material amount adopted in the empirical procedure.
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By plotting k values versus 1/T in a logarithmic scale, ko and Ea parameters were obtained,
respectively as Ea = 34272 J/mol and Ko = 1068s-1. According to the operating temperature
at which catalytic unit is assumed to work in the gas cleaning line (around 350°C), kinetic
constant k was calculated. This value was then decreased by a factor as 0,9 in order to
take in account the efficiency loss that is usually detected during the first hours of catalytic
activity [Gang Lu et al., 2000].
Dimensioning of catalytic units was carried out according to the plug flow axial dispersion
model (see par. 5.2.5). Eq.s (23) – (29) were still used in order to estimate fixed bed
volume, considering a constant ammonia conversion factor as 0,98 for each gas flow
design value. Indeed, Initial ammonia concentration in the gas stream was still chosen in a
range of 2000 – 6000 ppmv and standard emission limit was still kept at 132 ppmv
(100mg/Nm3), so that X = 0,98 resulted as the required efficiency value in order to reach
the standard concentration limit with the maximum initial contaminant concentration in the
gas stream (6000ppmv).
Bed diameters were still estimated according to pressure drops limitations (200mbar for
the small unit and 250mbar for the larger ones), and eq.(9) was still used for their
estimation, with the addition of gas distributors head losses.
The main results on catalytic units dimensioning for partial oxidation of ammonia are
reported in table 46.

Fixed bed
3 – 15 Nm3/h
(8 Nm3/h)

75 – 250 Nm3/h
(125 Nm3/h)

250 – 500 Nm3/h
(350 Nm3/h)

H (mm)

280

260

250

D (mm)

500

940

1620

dg (mm)

0,3

0,5

0,5

Kg cat

25

144

412

Cin (ppmv)

4000

4000

4000

X design

0,98

0,98

0,98

O2/NH3 vol.

7

7

7

Table 46: dimensions for catalytic ammonia decomposition units
An analysis on ammonia conversion factor as a function of gas flow (within the variability
gas flow ranges) was also carried out for the dimensioned units, as it is reported the
following figures 37a, 37b and 37c.
It can be seen that conversion factor analysis shows a downwards parabolic curve for
each dimensioned unit, so that this has a maximum point in correspondence with a
particular gas flow value. For other even lower gas flows, conversion factor proved
decreased in spite of the lower mass contaminant loadings, as well. This unexpected trend
can be maybe explained by the assumption of plug flow axial dispersion model, according
to which larger transition zones of bed volume have to be considered for lower gas
superficial velocities, so that the effective available volume for catalytic reactions is
reduced, so as conversion factor.
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Figure 37a: conversion factor as a function of gas flow for 3 – 15 Nm3/h ammonia
decomposition unit
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Figure 37b: conversion factor as a function of gas flow for 75 – 250 Nm3/h ammonia
decomposition unit
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Figure 37c: conversion factor as a function of gas flow for 250 – 500 Nm3/h ammonia
decomposition unit
As already said and as it can also be seen from reaction (69), ammonia decomposition is
obtained by partial oxidation. Although the stoichiometric coefficient of the mentioned
reaction is 0,75, an O2/NH3 volumetric ratio as 7 is suggested to be adopted in practical
applications (Gang Lu et al., 2000) in order to achieve the complete development of
reaction.
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Moreover, copper catalyst is able to enhance hydrogen oxidation too, according to the
following reaction:

∆H = -240,56 kJ/mol

H2 + 0,5O2 + Cus = H2O + Cus

(72)

Therefore, an unavoidable consumption of hydrogen has also to be accounted when
partial oxidation of ammonia is accomplished.
According to the predicted values of ammonia concentrations in the product gas stream
(see table 32), this consumption was estimated as percentage of the total hydrogen
content of gas, as it was calculated from its composition reported in table 30.
From figure 38 a very high hydrogen consumption can be noted. For the highest
considered ammonia concentration (6000ppm), even half of the initial total amount of
hydrogen is indeed oxidized. Therefore, it can be concluded that ammonia partial oxidation
technology can be better envisaged as a gas refining method than a proper removal
technology, such as it can be mainly taken into account in such applications where
contaminant concentrations are one or two orders of magnitude less than the considered
ones.
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Figure 38: hydrogen consumption in ammonia partial oxidation process, as percentage of
the initial total amount contained in the raw gas stream

5.2.10

HCl dry adsorption unit

In biomass gasification applications, one of the most usual products derived from the fuel
chloride content is chloride acid, HCl, such as a reactive, very corrosive and toxic gas.
Therefore, both for environmental pollution control and for protection of cogeneration unit
devices (from corrosion, above all) it needs to be removed from raw syngas stream.
Besides wet scrubber (see par. 5.2.8), another effective method for HCl abatement is the
chemical dry adsorption, especially adopted in such applications where high syngas
temperature are still required at the exit of gas cleaning system.
Most of HCl sorbents are non regenerable minerals (alumina, alkaline earth carbonates or
oxides, activated carbons, etc.). On the basis of some successful experimental tests
[Krishnan et al., 1996] achieved in this application, Nahcolite (or Sodium bi-carbonate,
NaHCO3) mineral was considered as material bed for the fixed bed adsorption units in this
work. Bed material size was assumed as 5mm, like mineral particles dimension already
used in the experimental analysis. The other mineral properties are shown in the following
table 47.

132

Nahcolite NaHCO3
pore volume (ml/g) 0,35
ρbulk (kg/m3) 540
φ 0,7
ε bed 0,5
ρs (kg/m3) 1080
void ratio 0,500
ρ's (kg/m3) 2159
Dm (cm2/s) 2,52
ks (W/m*K) 1
k´s (W/m*K) 0,55

Table 47: physical properties of HCl mineral sorbent
HCl concentrations in the raw gas stream were considered in the range 30 –150 ppmv and
standard limit was fixed as 0,6 ppmv (1mg/Nm3).
Gas superficial velocities in adsorption units were set as 10cm/s for the small size unit (8
Nm3/h gas flow) and 15 cm/s for the larger ones, in order to almost achieve the same
working conditions of experimental tests (u = 13,3 cm/s). On the basis of these values,
units diameters were calculated according to gas flow design values, as usually. Bed
heights were arbitrarily fixed as 10cm for the small unit and 15cm for the larger ones, in
order to always have the same mass space velocity (2,4h-1). Units dimensions resulting
from these assumptions are presented in table 48.
Eq.(28) was still used to estimate the effective volume of the bed, while the following
equation (73) was used as breakthrough curve expression [Krishnan et al., 1996] in order
to predict the units available working time before the concentration limit is reached at the
exit section of the bed (breakthrough points)

Yout
=
Yin

exp

k ⋅ P ⋅ Yin ⋅ t
−1

S max ⋅ M Cl
k ⋅ P ⋅ Yin ⋅ t
k ⋅ ρs ⋅ R ⋅T ⋅ z
exp
+ exp
−1
−1
u
S max ⋅ M Cl

(73)

Smax is the maximum sorption capacity of solid (0,58 gCl/gs) and k is the apparent first order
kinetic constant (5,2 molHCl · atm-1 · g-1 · h-1).

Fixed bed
3 – 15 Nm3/h
(8 Nm3/h)

75 – 250 Nm3/h
(125 Nm3/h)

250 – 500 Nm3/h
(350 Nm3/h)

H (mm)

100

150

150

D (mm)

260

880

1500

dg (mm)

5

5

5

3

51

143

2,4

2,4

2,4

0,6

0,6

0,6

Kg ads.
mass space vel.

(h-1)

Cout HCl (ppmv)

Table 48: HCl adsorption units dimensions
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Estimated breakthrough points as a function of gas flows and Inlet contaminant
concentrations are shown in the following charts, for the three dimensioned unit sizes.
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Figure 39a: breakthrough points for HCl adsorption unit of 3 – 15 Nm3/h gas flow size
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Figure 39b: breakthrough points for HCl adsorption unit of 75 – 250 Nm3/h gas flow size
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Figure 39c: breakthrough points for HCl adsorption unit of 250 – 500 Nm3/h gas flow size
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5.2.11

Dry scrubbing of alkali metals

The alkali species which are of main concern in biomass gasification applications
(especially in the case of non woody biomasses conversion) are Sodium and Potassium.
At the usual gasification temperatures, these elements are released to the syngas stream
as alkali sulphates or alkali chlorites, according to the relative contents of chlorine and
sulphur in solid fuel elementary composition [Uberoi M et al., 1990].
Nevertheless, both alkali sulphates and alkali chlorites are characterized by a great
corrosion capacity towards the traditional materials which gasifiers and gas cleaning
devices are made of. Indeed, through their nucleation as metal aerosols (sub micron
particles and droplets), they also act as a binder for fly ashes, by giving them a sticky
behaviour and by decreasing their melting point, as well. Therefore, a corrosive ash
deposition along gas cleaning line equipments is usually detected when fuels with high
alkali metals contents are gasified.
The only practical difference between alkali sulphates and alkali chlorites is due to their
condensation temperatures. Sulphates condense at temperatures below 600°C, so that
they are supposed to already nucleate around solid particles surface (char and ashes) at
the exit section of gasification unit. As a consequence, they are also supposed to be
removed from the raw gas stream in the same units adopted for particulate collection
(cyclone and filters). In this case, ash deposition on the inner walls of cyclone could be
only found out as an operational issue to be faced to. If so, in situ (inside the gasifier) alkali
removal techniques would be required.
On the contrary, alkali chlorites condense at lower temperature, so that they are the main
cause of corrosion and ash deposition along the other gas cleaning line equipments, as
well as on the moving parts of cogeneration units.
For this reason alkali metals were all considered as alkali chlorites in this analysis, and
their concentration was related to the maximum chlorine content of biomass fuel. By
choosing one of the highest values of chlorine content for woody biomasses, the resulting
alkali concentration in raw gas stream was estimated as 0,45g/Nm3
In order to achieve alkali abatement in the first sections of the overall gas cleaning line, as
well as to avoid the use of further single units at this scope, dry scrubbing technology was
considered for chemical adsorption of alkali metals from syngas.
It practically consists on the injection of solid particles of alkali adsorber materials
upstream the candle or fabric filters arranged in the same gas cleaning line, so that they
are able to adsorb alkali metal gases on their external surface and successively they are in
turn trapped by the same filters used for particulate collection (see fig. 41).
According to some experimental tests on alkali adsorption capacity [Turk B.S et al., 1996;
Uberoi M et al., 1990], kaolinite mineral (2SiO2-Al2O3) seems to be the best promising
sorbent material. Therefore it was considered as the alkali getter for this application, too.
Its corresponding adsorption reaction can be hence written as follows:
MCl + H2O + 2SiO2-Al2O3 = M2O-2SiO2-Al2O3 + 2HCl

M = Na, K

(74)

It can be seen that HCl is also produced by this reaction. Therefore, some dedicated units
are to be foreseen for the abatement of this secondary product, as well (see par. 5.2.8 –
5.2.10).
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Figure 40: dry scrubbing overall scheme
The maximum adsorption capacity of kaolinite was found to be 0,023 molMCl/cm3s [Uberoi
M et al., 1990] and its particle density was estimated as 2160 kg/m3 (from literature).
According to these parameters and considering a constant initial contaminant
concentration in the raw gas stream as 0,45g/Nm3, the adsorber material mass loadings
required for the total adsorption of alkali metals were calculated for the three gas cleaning
line sizes and at the different gas flow conditions, as it is reported in table 49.
C MCl (g/Nm3)

0,45

g/h 2SiO2-Al2O3
14

23

38

47

61

70

3 – 15 Nm3/h (8 Nm3/h)

442

589

737

884

1179

1473

75 – 250 Nm3/h (125 Nm3/h)

1601

1921

2242

2562

2882

3202

250 – 500 Nm3/h (350 Nm3/h)

Table 49: sorbent material mass loadings required for the total adsorption of estimated
alkali amounts
These values were successively added to the particulate mass loadings considered in
candle and fabric filters dimensioning (see par. 5.2.3 – 5.2.4), in order to re-calculate the
effective pressure drops for these latter units.
Moreover, the time for complete alkali adsorption was also estimated according to the
supposed initial concentrations in gas stream, and it was then compared with the filters
regeneration frequency (fixed as 30min, for both candle and fabric filters). The adsorption
time was thus checked to be lower than the cake formation one on the external surface of
filters. For this calculation, the following two formula were used [Levenspiel O., 1962]:

τ=

ρ m ⋅ rp

(75)

k '⋅Co

where τ is the time for complete conversion of solid sorbent and k’ is the surface kinetic
constant estimated from experimental data.
In order to know the alkali adsorption time, tad, this second relation was also considered
[Levenspiel O., 1962]:

t ad

τ

1

= 1 − (1 − X ) 3

(76)

where X is the solid conversion ratio, calculated in this case as maximum adsorption
capacity of kaolinite divided by its molar density.
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5.3 Gas cleaning line assembly
As second step of the analysis on gasified biomass cleaning systems, the development of
a simple methodology by which previously analyzed gas cleaning units can be assembled
together was achieved, with the scope of arranging overall gas cleaning lines which are
suitable to clean the product gas up to the standard quality degree required for
cogeneration units utilization (see tab. 33).
This methodology was simply set up by detecting some operational constraints which limit
the right functioning of the cleaning system. Some of them are dealing with the best
working conditions for single gas cleaning units (temperature, above all) while others are
mainly concerning the correct settlement of their relative positions in the overall gas
cleaning line arrangement.
Moreover, some assumptions on gas cleaning line design were also considered in order to
reduce the field of investigation and focusing on some simpler configurations only.
One of these initial assumptions is that any gas (re)heating system is not inserted in the
gas cleaning line, so as the maximum gas stream temperature is registered at the exit of
gasification unit (500°C, [Svensk Maskinprovning. Gengasdrift av en överladded
dieselmotor, 1988]) and a decreasing temperature profile is developed along the cleaning
equipments. Possible heat exchangers are assumed to be gas coolers only, and cleaning
devices temperature is kept constant by the only mean of insulation materials, when
necessary.
In the following paragraphs, the main technical barriers which were taken into account for
gas cleaning line configurations set up are shortly described, by focusing on the solutions
which were adopted for their overcoming.
As a simplification, in this second part of the analysis, gas flow design values
corresponding to the three gas cleaning line sizes were considered only, and initial
contaminant concentrations were fixed as follows:

Initial contaminants concentration
particulate

10

g/Nm3

tars

30

g/Nm3

Sulphur (H2S)

200

ppmv

Nitrogen (NH3)

4000

ppmv

Chlorine (HCl)

100

ppmv

Alkali metals

0,45

g/Nm3

Table 50: considered inlet contaminants concentrations for gas cleaning lines assembly
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5.3.1 Gas cleaning line temperature profile
As already mentioned, one of the main constraints according to which gas cleaning line
arrangements were fixed is the achievement of the optimal working temperatures for each
gas treatment unit. Since the maximum raw gas temperature in the cleaning line is
registered at the exit of gasifier (fixed as 500°C), all the cleaning devices were chosen
among the ones whose working temperature is lower than this predetermined value.
Once their relative positions in the overall arrangement were defined (according to the
other operational issues described below, as well), corresponding inlet and outlet gas
temperatures were estimated by calculating convective heat loss to the external
environment. It was therefore checked out that the mean gas temperature inside each unit
was close to the optimal one for the right working conditions (see fig. 19). If this condition
was not verified, insulation material was assumed to be used or even unit position was
changed.
As said, working temperature of each single unit was always considered as the average of
inlet and outlet temperature of gas stream flowing through it (Tm). Outlet temperature, Tout,
was calculated by means of the following energy balance:
m˙ · cp gas · (Tin – Tout) = ∆H˙i + ∆H˙ex

(77)

∆H˙i = process heat, related to the gas treatment process accomplished inside the unit [W]
∆H˙ex = heat loss by external convective exchange [W]
Assumed ∆Hi (kJ/mol or kJ/kg) for the different cleaning processes are presented in the
following table:

∆Hi

reference

Particles collection

-

-

Tars cracking

-42 (kJ/kg)

From the analysis of heats of
formation

-74,1 (kJ/mol)

[Yrjas et al., 1996]

-45 (kJ/mol), -40 (kJ/mol)

………..

-314,65 (kJ/mol)

Jones et al., 2005

-224,5 (kJ/mol)

………..

-

-

Chemical adsorption of H2S (Zn-Ti
adsorber)
Physical adsorption of H2S, NH3
(activated carbon adsorber)
Ammonia partial oxidation
Chemical adsorption of HCl
(Nahcolite)
Alkali chemical adsorption
(kaolinite)
NH3 absorption
(water scrubber)
HCl absorption
(water scrubber)

-36,15 (kJ/mol)
-78,1 (kJ/mol)

Analytical estimation from Henry
constant values
Analytical estimation from Henry
constant values

Table 51: process heats in different gas cleaning units
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For fixed bed units, ∆H˙ex was always estimated by means of the following equation:

∆H ex =

π ⋅ ∆T ⋅ Lbed
D  1
D  1
1
1
+ ln e 
+ ln ins 
+
hbed ⋅ Di
 Di  2k w
 De  2k ins hair ⋅ Dins

(78)

∆T = Tm – Tex
Tex is room temperature [K]
Di and De are inner ad external bed diameters respectively [m]
Dins is the unit diameter including insulation material layer [m]
kw and kins are thermal conductivities, respectively for bed walls and insulation material
[W/m·K]
hair is the convective heat transfer coefficient for external (air) side. It was calculated as:

Nuair .k air
D

hair =

(79)

kair is air thermal conductivity [W/m·K]

Nu air = 0,12.(Pr .Gr )
Pr =

Gr =

1

3

µ air .C p

(80)
(81)

k air
2
9,81.ρ air
.D 3 .β .∆T

µ air 2

(82)

β = air thermal compressibility [0,0033K-1]
hbed is the overall heat exchange coefficient between bed and inner walls of unit. It is
calculated by means of the following relation:
o

hbed =

ke

o

2k e
+ 0,05 ⋅ c p ⋅ ρ g ⋅ u
dg




1
= ε ⋅ k gas + (1 − ε ) ⋅ k s 
φ  k s
 w k
  gas

(83)




 1
+
 3



(84)

φw represents the film thickness (as a ratio with bed particle size) within the heat exchange
is supposed to be developed, It is empirically estimated according to ks/kgas ratio [Kunii et
al., 1969]
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Thermal insulation was necessary for tars cracking and H2S chemical adsorption units. In
both of the cases and for all the unit sizes, expanded perlite was chosen as insulation
material (kins = 0,002 W/m·K ) and a layer of 10 cm was estimated enough to keep
constant temperature inside the beds.
For cyclone and candle/fabric filter vessels ∆H˙ex was calculated as:

∆H˙ex = Kex · A · ∆T

(85)

∆T = Tm – Tex
A = total external surface of unit [m2]
Kex = overall heat exchange coefficient [W / m2 K]
Kex = 1 / (1/hgas + s/kw + 1/hair)

(86)

hgas is the heat transfer coefficient for gas side and it is estimated through the following
relations:
hgas = Nu · kgas / D

(87)

Nu = 0,023 · Re0,8 · Pr0,333

(88)

Pr =

Re =

µ ⋅Cp
k gas

u⋅ρg ⋅D

µ

(89)
(90)

In the case of cyclone, D is the main body diameter of the unit while vi is the inlet
tangential velocity of gas (in order to take in exam the vortical fluid-dynamics inside the
cyclone). For filters vessels, instead, D is still the main diameter of the unit but vi is the
ratio between gas flow and the cross sectional area of the same vessel.
Only for water scrubber packed column, inlet and outlet temperatures of gas were fixed a
priori, and absorption heat was supposed to be totally transferred to water flux (see par.
5.2.8).
Since Tout is present in both of the right and left sides of eq.(77), its estimation was carried
out by an iterative procedure (in Excel sheets).

5.3.2 Clogging of pipes and filters by tars condensation
One of the most usual problems to be solved in gas cleaning operations is represented by
the high frequency of filters clogging and narrow sections plugging, especially due to the
simultaneous tars condensation and solid particles trapping by the same tars droplets. The
sticky material that is formed by this mechanism usually deposits on the colder and narrow
sections of the gas cleaning line or in the first layers of packed bed units.
In this latter case, pressure drops of packed beds rapidly increase, even if almost the total
bed of filter is still clean. On line methods of filter regeneration are often not sufficient, as
well.
Tars condensation is quite detrimental for candle and fabric filters as well, since their
droplets can penetrate into the inner layers of filter mediums and blind them irreversibly.
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For these reasons, gas cleaning line arrangements were always set up by avoiding tars
condensation in any section of the line where fine particles are still present.
Nevertheless, since raw gas temperature at the exit of cyclone (always the first unit in gas
cleaning line), is close to the tars condensation one (at least for the heavier compounds),
such as around 400-450°C, fine particles filters (i.e. candle or fabric ones) can’t even be
put immediately downstream the cyclone without the risk to blind them.
The only solution that was thus accepted to face clogging and plugging problems was the
use tars cracking units to be inserted between cyclone and particle filters, in order to
eliminate tars instead of enhancing their condensation.
As a consequence, the first three units of gas cleaning line arrangements always resulted
to be the same, such as cyclone, catalytic tars cracking unit and fine particles filters.
Among these latter, fabric filters were chosen in all of the cases, especially for their lower
pressure drops. Nevertheless, they also show an higher cleaning gas (nitrogen)
consumption in respect with candle filters (3÷4 times more), so that this choice could be
even better evaluated, on the basis of particles collection efficiency as well.

5.3.3 Materials corrosion
All the materials which gas cleaning equipments are made of are assumed to be resistant
to chemical corrosion, even at high temperature. For this reason, ceramic filters would be
preferred to metal sintered ones in the case candle filters were used for particles
collection.
The most corrosive contaminant species considered in this work are HCl and Alkaili
metals. Neglecting the corrosive effect of HCl (since it is not involved in nucleation
mechanisms), alkali metals were only considered from this point of view. Therefore, they
were always supposed to be removed in the first sections of gas cleaning line (see par.
5.2.11). Dry scrubbing was then chosen as the best solution, so as to avoid the insertion of
a further single adsorption unit that could increase total pressure drop and have negative
effects on temperature profile.

5.3.4 Catalyst poisoning
Catalytic materials are usually poisoned and deactivated by different compounds which
react with them in irreversible processes. Among these poisoning substances, sulphur
components are certainly some of the most reactive ones and they are also present in
syngas stream quite often.
For this reason, all the catalytic materials considered in this work (both for tars cracking
and for ammonia partial oxidation) were chosen among the ones which were proven to be
sulphur resistant in proper experimental tests. For ammonia partial oxidation catalyst, it
was even demonstrated [Jones et al., 2005] that catalytic reaction was enhanced by low
H2S concentrations in the gas stream.
However, on the basis of the different methods which were in turn used for H2S abatement
(such as chemical or physical adsorption), catalytic partial oxidation unit for ammonia
decomposition was inserted both upstream and downstream the sulphur removing
equipments, according to their relative optimal working temperatures,
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5.3.5 Frequency of regeneration
As seen in the previous paragraphs, most of the materials used for syngas treatment need
to be cleaned or regenerated after an estimated saturation time, which mainly depends on
gas flows and inlet contaminant concentrations, as well as maximum allowable pressure
drops. Except for catalytic tars cracking unit, the available working time for each other
equipment was arbitrarily fixed not less than 24 hours, in order to simulate gas cleaning
systems working conditions as similar as possible to real applications.
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6 RESULTS AND DISCUSSIONS
On the basis of the performances analysis on gas cleaning units described in the previous
chapter and according to the methodology adopted for their assembly, several basic
arrangements were determined as possible alternatives for overall gas cleaning systems.
For simplicity, they are called paths thereinafter, as it is shown the following figure.
500 °C
Cyclone (large
particles)
gasifier
Catalytic tars
cracking unit

475 °C

Dry scrubbing
(alkali m etals)
Fabric filters
(fine particles)

450 °C

Candle filters
(fine particles)
Packed bed filter
(fine particles)

425 °C
Zn-Ti
adsorber
(H 2 S)
NaHCO 3 fixed
bed adsorber
(HCl)

NaHCO 3 fixed
bed adsorber
(HCl)

400 °C

Heat
exchanger

375 °C
Heat
exchanger
Catalytic am monia
decom position

Catalytic
am monia
decomposition

Heat
exchanger

path II

100 °C
Heat
exchanger

Activated carbon
fixed bed
adsorber (H 2 S)

Wet scrubber
packed column
(NH 3 , HCl)

Activated carbon fixed
bed adsorber (H 2 S)

path I

Wet scrubber
packed column
(NH 3 , HCl)

path III

path IV

50 °C

Activated carbon
fixed bed adsorber
(NH 3 , H 2 S)

path V

Figure 41: determined arrangements for gas cleaning line (paths)
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As explained in par. 5.3.2 and 5.3.3, all these paths show cyclone, catalytic tars cracking
unit, alkali dry scrubbing device and fabric filters as the first four units of the gas cleaning
line. Differences among them are therefore detected for the further downstream
equipments only.
By following the analytical procedures described in par. 5.2, gas cleaning units included in
each of the five paths were dimensioned more than once, according to their relative
position in each single cleaning line (which working temperatures and inlet gas flow are
affected by) and to the gas flow design values fixed for the three gas cleaning line sizes.
For heat exchangers, instead, thermal energy released by the gas stream cooling
operation was calculated only.
Besides dimensions, efficiencies and pressure drops, secondary materials consumptions
by the single units were also calculated during both cleaning and regeneration steps, so
that each path was finally characterized by the estimation of the following parameters:

-

Total pressure drop, such as the pressure drop calculated from the exit section of
gasifier to the exit section of the last unit in the path.

-

Total temperature drop, such as gas stream temperature decrease between the exit
section of the gasifier (500°C) and the exit section of the last unit in the path

-

Total enthalpy loss, such as the sum of the enthalpy losses for all the units included in
the path, calculated in an overall working period as 8000 hours.
The loss of enthalpy for the single unit was thus calculated as:

∆hi = m˙ · cp gas · (Tin – Tout) + Qi gas · ∆pi + λcond · Qw cond

(91)

Qw cond = mass flow of condensed water, calculated as the difference of water vapour
content in the gas at the inlet section of the unit and the vapour saturation content in
the same unit at gas outlet temperature.
λcond = condensation latent heat of water (2260 kJ/kg)
(The term λcond · Qw cond was calculated for heat exchangers and wet scrubber
packed columns only)

-

Air consumption, as the total amount of air consumed for the regeneration of tars
cracking catalysts and Zn-Ti sulphur adsorbers, during an overall gas cleaning line
working period as 8000 hours

-

Kaolinite consumption, as the kaolinite mineral quantity consumed for alkali metals dry
scrubbing during an overall gas cleaning line working period as 8000 hours

-

Nitrogen consumption, as the total amount of nitrogen used in the jet pulse cleaning
system of fabric filters, corresponding to an overall gas cleaning line working period as
8000 hours

-

Water consumption, as the total amount of water consumed in the wet scrubbing
operations, during an overall working period as 8000 hours

-

Vapor consumption, as the necessary steam amount consumed for the regeneration
of activated carbon material, during an overall gas cleaning line working period as
8000 hours

-

Nahcolite consumption, as the nahcolite mineral quantity consumed for HCl dry
adsorption, during an overall working time as 8000 hours

-

Oxygen consumption, as the total oxygen amount consumed for the catalytic partial
oxidation of ammonia, in an overall working period as 8000 hours.
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-

Number of units, such as the total number of gas cleaning units included in the path
with the addition of one for each present tandem arrangement (such as in the case of
catalytic tars cracking unit and activated carbon H2S adsorber)

In the following tables, all these mentioned quantities are reported for all the paths and for
each gas cleaning line size.
∆pTOT (bar)
0,102

∆TTOT (°C)
474

∆hTOT (W)
1962

kg air
17164

kg Kaolinite
300

kg N2
23585

kg water
117216

kg vapor kg Nahcolite
769
-

kg O2
-

n
7+2

path I

∆pTOT (bar)
0,404

∆TTOT (°C)
175

∆hTOT (W)
800

kg air
17273

kg Kaolinite
300

kg N2
23585

kg water
-

kg vapor kg Nahcolite
37

kg O2
2560

n
7+1

path II

∆pTOT (bar)
0,186

∆TTOT (°C)
470

∆hTOT (W)
2077

kg air
17273

kg Kaolinite
300

kg N2
23585

kg water
130435

kg vapor kg Nahcolite
-

kg O2
-

n
7+1

path III

∆pTOT (bar)
0,326

∆TTOT (°C)
475

∆hTOT (W)
2025

kg air
17164

kg Kaolinite
300

kg N2
23585

kg water
-

kg vapor kg Nahcolite
792
37

kg O2
2560

n
8+2

path IV

∆pTOT (bar)
0,129

∆TTOT (°C)
475

∆hTOT (W)
1956

kg air
17164

kg Kaolinite
300

kg N2
23585

kg water
-

kg vapor kg Nahcolite
3900
37
3

kg O2
-

n
7+2

path V

Table 52a: paths analysis for 8 Nm /h gas flow size
∆pTOT (bar)
0,332

∆TTOT (°C)
469

∆hTOT (W)
30554

kg air
269226

kg Kaolinite
5893

kg N2
355884

kg water
731707

kg vapor
10555

kg Nahcolite
-

kg O2
-

n
7+2

path I

∆pTOT (bar)
0,464

∆TTOT (°C)
-202

∆hTOT (W)
-5922

kg air
270912

kg Kaolinite
5893

kg N2
355884

kg water
-

kg vapor
-

kg Nahcolite
542

kg O2
40000

n
7+1

path II

∆pTOT (bar)
0,411

∆TTOT (°C)
470

∆hTOT (W)
30336

kg air
270912

kg Kaolinite
5893

kg N2
355884

kg water
800000

kg vapor
-

kg Nahcolite
-

kg O2
-

n
7+1

path III

∆pTOT (bar)
0,359

∆TTOT (°C)
469

∆hTOT (W)
33651

kg air
269226

kg Kaolinite
5893

kg N2
355884

kg water
-

kg vapor
11000

kg Nahcolite
536

kg O2
40000

n
8+2

path IV

∆pTOT (bar)
0,146

∆TTOT (°C)
466

∆hTOT (W)
29759

kg air
269226

kg Kaolinite
5893

kg N2
355884

kg water
-

kg vapor
61200
3

kg Nahcolite
536

kg O2
-

n
7+2

path V

Table 52b: paths analysis for 125 Nm /h gas flow size
∆pTOT (bar)
0,351

∆TTOT (°C)
468

∆hTOT (W)
87306

kg air
754613

kg Kaolinite
17934

kg N2
888069

kg water
2051282

kg vapor
21863

kg Nahcolite
-

kg O2
-

n
7+2

path I

∆pTOT (bar)
0,5

∆TTOT (°C)
-254

∆hTOT (W)
-20852

kg air
759264

kg Kaolinite
17934

kg N2
888069

kg water
-

kg vapor
-

kg Nahcolite
1520

kg O2
112000

n
7+1

path II

∆pTOT (bar)
0,437

∆TTOT (°C)
470

∆hTOT (W)
86973

kg air
759264

kg Kaolinite
17934

kg N2
888069

kg water
2280285

kg vapor
-

kg Nahcolite
-

kg O2
-

n
7+1

path III

∆pTOT (bar)
0,388

∆TTOT (°C)
468

∆hTOT (W)
100159

kg air
754613

kg Kaolinite
17934

kg N2
888069

kg water
-

kg vapor
22864

kg Nahcolite
1507

kg O2
112000

n
8+2

path IV

∆pTOT (bar)
0,156

∆TTOT (°C)
464

∆hTOT (W)
86793

kg air
754613

kg Kaolinite
17934

kg N2
888069

kg water
-

kg vapor
172900
3

kg Nahcolite
1507

kg O2
-

n
7+2

path V

Table 52c: paths analysis for 350 Nm /h gas flow size
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According to the methodology was used for the paths set up (such as the main technical
constraints which regulate the units relative positions along the cleaning line), ammonia
catalytic partial oxidation technology was found out to be unsuitable for the larger gas
cleaning line sizes (125 Nm3/h and 350 Nm3/h gas flows design values).
Indeed, because of the high exothermic behaviour of ammonia partial oxidation reaction
and hydrogen combustion (see par. 5.2.9), catalyst temperature inside the reactor would
be unacceptably increased during operation, since the heat losses in the same unit are
two orders of magnitude less. Therefore, temperature control devices would be required in
order to maintain the constant temperature close to the optimal working condition for
catalytic activity, as well as for safety measures. Nevertheless, these devices are not
considered as gas cleaning equipments, according to one of the initial assumptions for this
analysis. Moreover, as said in par. 5.2.9, partial oxidation of ammonia is undesirably linked
to an high hydrogen consumption, so that its use seems to be not properly fitting with the
real scope of the application (energy cogeneration).
The analysis and comparison of data reported in tables 52a, 52b and 52c allowed to
choose preferential paths for each corresponding gas cleaning line size. These choices
can be only considered as first indications for the cleaning systems design but they are not
representing the overall best arrangements yet. Many other aspects need in fact to be
investigated to reach this goal, such as dimensioning and performance analysis of units in
regeneration phase, overall reliability of system, maintenance feasibility, costs estimation,
and so on.
For the small line size (8 Nm3/h gas flow), two different paths are presented, respectively
called high temperature gas stream option (path II) and cold temperature gas stream
option (path V).
In fact, the first one shows a still relatively high temperature (325°C) of gas at the end of
cleaning line, so that clean gas stream could be suitable for such applications where high
temperatures are required (i.e. gas turbines utilization for energy cogeneration). It also
shows the lowest number of cleaning units together with path III, but the highest pressure
drops (404mbar). These latter can be mainly ascribed to the ammonia partial oxidation unit
(200mbar) and to the sulphur adsorption unit by Zn-Ti adsorber (112mbar), especially
because of their small bed materials sizes (see tables 37 and 46). Since they were chosen
as the ones adopted for the materials experimental tests (Gupta et al., 1996, Gang Lu et
al., 2000), it could be envisaged to reduce pressure drops by only increasing these sizes,
but maintaining the same fluid dynamic conditions at which the intrinsic kinetic parameters
were obtained.
Path V was indicated as the second option for the small size gas cleaning line especially
because of its low total pressure drop and in order to still avoid the large water
consumption by the scrubber unit for ammonia removal. Indeed, for this small size
equipment, a very large waste water production was also estimated. In the better case
(path I), around 350 waste water litres per day were obtained, while in the worst case (path
III) even 390 litres of water consumption were calculated, with a frequency of water
discharge as about twice per day (200 litres water tank adopted).
On the contrary, by using activated carbon material for abatement of ammonia (together
with H2S), a water vapour consumption in its regeneration step was estimated as about
12kg per day, with a frequency of regeneration in tandem arrangement as 32h.
For the same reason, path V was indicated as the preferable line arrangement for the
larger plant sizes, as well. In this case, as said, path II and path IV did not prove suitable
for the overall assessment, since the temperature increase by the ammonia decomposition
units.
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A very high water consumption was instead calculated for path I and path III. For 125
Nm3/h gas flow line size, a daily frequency of 1000 litres tank recharge was estimated as
2,2 – 2,4 (respectively for path I and path III) while for the larger size, this frequency rose
to 6,15 – 6,8 tanks per day.
Path V seems therefore the only practical solution to be adopted in these cases. Moreover,
it also shows the lowest pressure drops among all the considered paths, at these large
sizes.
Nevertheless, the simultaneous adsorption of NH3 and H2S by the activated carbon units
causes a deep increase of their regeneration frequency: in the case of 125 Nm3/h gas flow
size, the activated carbon saturation time decreases from 119h for the only H2S adsorption
to 24h for both the contaminants retention, while for 350 Nm3/h gas flow size, the
saturation time drops from 161h to 24h at the same conditions, according to the designed
units dimensions for these equipments (see table 41).
As an overall conclusion regarding these first considerations, it can be thus said that dry
gas cleaning methods seem to be preferable to the ones including water scrubber
technology even in those cases where gas stream needs to be cooled down the same, for
its complete purification.
This result is especially connected to the possibility to use activated carbon units for
ammonia removal and Nahcolite adsorber for chloride acid. The very high efficiency of this
latter material is also remarkable.
Ammonia proved instead as the main considered contaminant affecting the choice of
preferable paths, from this analysis.
Another overall result to be highlighted is the difficulty of removing tars from gas stream. In
this case a catalytic cracking technology was envisaged. Nevertheless, according to the
chemical properties of selected material (see par. 5.2.5) a very high regeneration
frequency is required in order to still reach a tars conversion factor as 0,9. In fact, a
catalysts working time as only two hours could be fixed for the designed units dimensions.
As a consequence, a very high air consumption for catalysts regeneration was calculated,
as well.
Finally, as an estimation of the overall energy loss pertaining the gas cleaning process, the
total enthalpy losses estimated for the three plant sizes were compared with the respective
gas streams energy contents, these latter obtained on the basis of low heating value of
gas only.
For the small line size, the energy loss was around 7% of gas stream energy content in the
case of high temperature gas stream option (path II) and 17% for the low temperature gas
stream one (path V).
For the 125 Nm3/h gas flow size, the cleaning line energy loss was estimated as about
15% of gas stream energy content, while for the 350 Nm3/h gas flow size this value rose to
around 16%, for all the considered possible paths.
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Figure 42a1: high temperature gas stream option (path II) for 8 Nm3/h gas flow cleaning
line
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Figure 42a2: low temperature gas stream option (path V) for 8 Nm3/h gas flow cleaning line

149

T = 500 °C
P = 1 bar

gasifier
Catalytic tars
cracking unit

Cyclone (large particles)

500 °C

H = 604 mm
D = 155 mm
a = 68 mm
Zeolite LZ-Y82
H = 2050 mm
D = 750 mm
dg = 7 mm
insulation: 100 mm exp. Perlite
tr = 2 h

T = 480 °C
P = 0,984 bar

T = 479 °C
P = 0,938 bar

475 °C

Nahcolite, 737 g/h

NEXTEL 312 M
n = 15
h = 1200 mm
d = 155 mm
H vessel = 2500 mm
D vessel = 1000 mm

P = 0,938 bar
T = 478 °C
Fabric filters
(fine particles)

Dry scrubbing
(alkali metals)
450 °C
Candle filters
(fine particles)
Packed bed filter
(fine particles)

T = 443°C
P = 0,922 bar
425 °C
Zn-Ti
adsorber
(H2S)

T = 443 °C
P = 0,922 bar
NaHCO3 fixed
bed adsorber
(HCl)

NaHCO3
fixed bed
adsorber
(HCl)

Nahcolite
H = 150 mm
D = 880 mm
dg = 5 mm

400 °C

T = 410 °C
P = 0,90 bar

Heat
exchanger

375 °C
Heat
exchanger
Catalytic ammonia
decomposition

Catalytic ammonia
decomposition

Heat
exchanger

100 °C

Heat
exchanger
Activated carbon fixed
bed adsorber (NH3, H2S)

Wet scrubber
packed column
(NH3, HCl)

Activated carbon
fixed bed
adsorber (H2S)

Wet scrubber
packed column
(NH3, HCl)

H = 2000 mm
D = 876 mm
dg = 1 mm
tr = 24 h

P = 0,90 bar
T = 30 °C

T = 34 °C
P = 0,854 bar

Figure 42b: selected arrangement (pathV) for 125 Nm3/h gas flow cleaning line
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Figure 42c: selected arrangement (pathV) for 350 Nm3/h gas flow cleaning line
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50 °C

7 OVERALL CONCLUSIONS
Present work was essentially carried out with the scope to estimate flexibility of small scale
biomass downdraft gasifiers in accepting different feeding fuels, in order to check out their
technical feasibility in rural scenarios (where a lot of heterogeneous agricultural refuses
are produced yearly), as integrated units in energy micro-cogeneration systems.
As first step of this study, an overall analysis on gasification of different biomass fuels was
carried out in order to learn how some of their properties (composition and particles size,
above all) affect the development of this thermo-chemical conversion process and
influence gasification units design.
Five biomass species were initially considered: park waste wood, softwood, wheat straw,
sewage sludge and refuse derived fuels. Their particles dimensions were chosen as the
usual ones observed after their typical pre-treatments, while proximate analyses and
elementary compositions were derived from literature data.
An open core air downdraft gasification technology was assumed to be used, especially
because of its suitability to even treat small sized materials (as the ones considered in this
work), its easy handling and small size units adaptability.
At first, a thermo-chemical kinetic free model for fuels processing was formulated.
According to this, gasifier is divided in four reaction zones: biomass heating and drying,
pyrolysis, partial oxidation and gasification. The novelty of this analytical approach was the
use of the ratio between kinetic constants in order to determine oxygen distribution among
the different oxidation reactions (regarding volatile matter only) while equilibrium of water
gas shift reaction was considered in gasification zone, by which energy and mass
balances involved in the process algorithm were linked together, as well.
The main results of this kinetic free model were the yields and compositions of gaseous
and solid products at the exit of each reaction zone, as well as the corresponding exit gas
temperatures, for every biomass fuel. The analysis was conducted at different equivalence
ratios in the range 0.25 – 0.35. Other interesting outcomes of the analytical tool were the
distribution of combustion heat among the other endothermic processes and the cold gas
efficiency of the overall gasification process.
Good conformity of these results with the other literature data and experimental results
was detected for all the materials except for refuse derived fuels. The reason of this
limitation is maybe due to the model simplifying assumptions especially concerning
pyrolysis step, where some other expected gaseous products should be probably added.
Indeed, the particular RDFs elementary composition (low fixed carbon percentage and
high C/O ratio, above all) seems to don’t properly fit with mass balance expression
concerning pyrolysis step. Robustness of the model could be thus improved by means of a
more detailed implementation, considering a greater number of possible products in the
first steps of thermo-chemical conversion.
Anyway, for the other biomass fuels, the kinetic free model results (corresponding to the
highest cold gas efficiencies but presenting gasification temperatures not less than 950K)
were also used for the analysis of thermodynamic mechanisms which are at the base of
gasification units dimensioning.
In fact, for an initial fresh biomass feeding rate of 100 kg/h, the volume of each reaction
zone of gasifier was researched considering the necessary residence time of biomass flow
(considered in perfect plug flow regime, in this case) in order that the corresponding
process can be completely developed.
Solids residence time was estimated through the investigation of different alternative
conversion mechanisms for each step, and it was finally determined by combining together
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the corresponding solid conversion times, or even by choosing the longest one when they
were not comparable each others.
In this manner, for char gasification process, kinetic rates of gasification reactions were
compared with gas mass transfers from bulk gas to the external surface of solid particles,
as well as through the inner pores of them.
Kinetic rates of pyrolysis were instead compared with radiative heat transfer from hot
combustion gases towards the external surface of particles, and with conductive heat
transfer through the inner layers of the same particles.
Drying of biomass was envisaged as water vapour molecular diffusion through the inner
pores of particles or even as an internal and external heat transfers limited process, as
well.
Finally, biomass heating process was considered as the combination of convective heat
transfer between gas and solid phases through the walls of reactor, radiative heat transfer
by the same hot walls of reactor and radiative heat transfer from combustion hot gas.
As main outcomes from this analysis, it was shown that gasification step is kinetic rate
limited if small/fine biomass particles are fed to the reactor, as in all the examined cases.
Working temperature is hence the main controlling parameter of this process.
For pyrolysis, instead, chemical and physical resistances are comparable in the cases of
woody biomasses (Biot and Thiele numbers always included in the range 0.1 – 10),
kinetics takes on less importance in wheat straw pyrolysis while heat transfer resistances
are negligible in the case of sewage sludge. Therefore, the estimation of pyrolysis times
has to be carried out by taking into account different factors according to the particular
material is going to be gasified and the particular working conditions are set up inside the
reactor. Any only main design parameter is not possible to be detected in this case.
Another very important result is the great variability of gasification and pyrolysis times
according to the process temperatures achieved inside their corresponding reaction zones,
especially due to the exponential temperature dependence of kinetics expressions. As a
consequence, the dimensions of gasification and pyrolysis zones could also undergo great
changes with even short temperature variations. For correct design, therefore, a right
estimation of temperature profile inside the gasifier is necessary (by means of detailed
energy balances and overall thermo chemical models, presumably).
Biomass drying process was found out to be heat transfer limited, while fuel heating is
mainly accomplished by radiative heat transfer from the hot walls of reactor.
On the basis of all these results, the reactor heights corresponding to the different
conversion steps were calculated for each biomass materials. Gasifier was simply
considered as a cylindrical vessel whose diameter was determined according to the gas
superficial velocity in gasification zone (0.5 m/s for Nm3/h).
It was therefore possible to estimate the relative weight of each conversion step in the total
unit height determination. Pyrolysis was the most time demanding process in the case of
park waste wood gasification, while biomass heating was the same for sewage sludge and
softwood as well, as an unexpected result. As it could be expected, instead, fuel drying is
the most rapid process occurring inside the gasifier and it proves almost negligible in the
case of sewage sludge gasification. Wheat straw, finally, shows similar unit heights for
heating and pyrolysis processes.
As regard gasification units flexibility, it has to be said that each biomass material shows a
different volumes distribution, so that any dimensioned gasification unit does not seem to
be suitable for more than one biomass species.
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Even for the two examined wood species, the reaction zones whose volumes are mainly
affected by biomass particles size are quite different each other. Of course, in this case, it
would be possible to use the same gasifier by only levelling the size of feedstock
materials.
On the contrary, in order to feed the same unit with different biomass species, it can be
noted that diameters of reactors are quite similar for all the examined materials, since
almost the same gas yields. Therefore, it could be envisaged to adopt the largest diameter
and to design an only gasification unit by combining together the maximum heights of each
reaction zone, as they were calculated for the different fuels. In this way, a total unit height
as 2391 mm would be obtained, that could be still considered acceptable for the size of
gasifier.
Besides, this unit could be equipped with air injecting nozzles arranged at different levels
along the reactor, in order to properly set up gasification zone (and consequently the upper
zones, as well) according to the particular material to be gasified.
Finally, since gasification and pyrolysis times were found to considerably change
according to even short temperature variations, it could be also envisaged to regulate air
feeding rate for each gasified material (which process temperatures depend on), so as the
available reactor volumes would be suitable for the complete development of solid
conversion in each case, without even changing fluid dynamics behaviour of the unit as
well as air/biomass ratio in noticeable measure.
From the viewpoint of gas cleaning practical necessity for running high efficiency energy
cogeneration units, the technical barriers deriving from the use of multi-fuel gasifiers, with
a presumably higher number of contaminant compounds in the raw gas stream, seem to
be overcome thanks to the large variety of already available or still experimental gas
cleaning units.
One of the main issues regarding the gas cleaning process is due to the tars condensation
at relatively high temperatures, for which they need to be eliminated in the first sections of
gas cleaning line, together with particulate. Nevertheless, because of the risk of blinding or
plugging the filter units adopted for fine particles collection, the use of a tars catalytic
cracking unit seems to be the only solution to avoid these hold-ups and keep clean the
following devices in the line.
At this scope, a catalytic material which is able to work at such temperatures similar to the
ones achieved at the exit of gasifier needed to be chosen, as well. Nevertheless, a rapid
drop in tars cracking efficiency of this same material was also detected. This therefore
leads to an high frequency of catalysts regeneration, so that a maximum working time for
these units was possible to be fixed as two hours only, in order to still have acceptable
dimensions and pressure drops. Besides, an high air consumption for catalysts
regeneration was also estimated.
Similar difficulties are presented for alkali metals compounds, which condense at lower
temperatures than tars but they also need to be removed in the first sections of gas
cleaning line in order to avoid corrosion of materials. In this case a dry scrubber
technology was envisaged, by using the same fine particles filter units and by choosing for
them corrosion resistant materials like ceramic ones.
In spite of these two solutions which seem to be unavoidable in gas cleaning line design,
several overall arrangements (paths) were then designed for the different considered plant
sizes (respectively corresponding to 8Nm3/h, 125Nm3/h and 350Nm3/h gas flow values),
by which the possibility to clean the gas up to the required standard degree was
technically demonstrated, even in the case several contaminants are simultaneously
present in the gas stream.
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For this design procedure, several technical constraints were fixed a priori, among which
the restraint to only have a decreasing gas temperature profile along the cleaning line (in
order to reduce the field of investigation and to avoid the use of sophisticated temperature
control devices). According to this initial assumption and on the basis of the gas
contaminant species considered in the gas stream, high temperature gas cleaning lines
were not possible to be achieved for the two larger plant sizes. Indeed, with the scope to
still have an high temperature gas flow at the exit of gas cleaning line (such as more than
300°C), the only suitable solution provided in this study is the use of catalytic oxidation
units for ammonia decomposition. Nevertheless, since the high exothermic behaviour of
reactions involved in this process, for large size reactors, the increase of working
temperature would be not balanced by heat losses and therefore suitable temperature
control devices would be required.
On the contrary, for the cleaning line at small size (8Nm3/h gas flow), both high and low
temperature options were presented as possible solutions.
Besides, all the possible paths designed for the different plant sizes were compared each
others on the basis of some defined operational parameters, among which total pressure
drops, total energy losses, number of units and secondary materials consumption.
As an overall conclusion of this analysis, dry gas cleaning methods proved preferable to
the ones including water scrubber technology, especially because of the high water
consumption provided by water scrubber units in ammonia adsorption process. This result
is yet connected to the possibility to use activated carbon units for ammonia removal and
Nahcolite adsorber for chloride acid. The very high efficiency of this latter material is also
remarkable.
Finally, as an estimation of the overall energy loss pertaining the gas cleaning process, the
total enthalpy losses estimated for the three plant sizes were compared with the respective
gas streams energy contents, these latter obtained on the basis of low heating value of
gas only. For the small line size, the energy loss was around 7% of gas stream energy
content in the case of high temperature gas stream option (path II) and 17% for the low
temperature gas stream one (path V). For the 125 Nm3/h gas flow size, the cleaning line
energy loss was estimated as about 15% of gas stream energy content, while for the 350
Nm3/h gas flow size this value rose to around 16%, for all the considered possible paths.
The overall worked out analysis on gas cleaning systems is proposed as an analytical tool
by which different gas cleaning line configurations can be valuated according to the
particular practical application and cogeneration unit size.
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8 FUTURE WORK
This work is propaedeutic for an experimental activity by which all the main obtained
results could be validated by evident outcomes.
By using the same considered biomass materials in downdraft gasification applications,
kinetic free model reliability could be checked out and some implementations could be
certainly produced. Such improvements could be probably regarding more sophisticated
algorithms for pyrolysis step simulation (by which to add more product components) and
the use of proper elementary composition for each biomass char (whereof characteristics
would be obtained through the same experimental tests) instead of solid carbon one.
Besides, by also adopting the same initial physical properties of fuels, such as moisture
content and particles size, the dimensional aspects mentioned in this analysis could be
validated through the observation of temperature profiles inside the gasifier.
However, in order to estimate the real flexibility of gasification units, not only working
conditions and available volumes for different fuels conversion need to be checked out, of
course. Many other operational aspects have to be considered.
For downdraft units, particular attention needs to be put on feedstock feeding system and
bottom grate spacing, on the basis of fuel particles size above all. The control of pressure
regime inside the gasifier and the quality of contact between gas and solid phases are also
very important issues to take into account, by in case arranging proper devices for
gasifying medium injection. The experimental activity would be useful to better face on all
these operational issues, as well.
Experimental outcomes would be required for the investigation of gas cleaning units
behaviour, as well, in order to better estimate all the working parameters and conditions
envisaged in design procedure. Efficiency and reliability of the overall considered
arrangements would be also checked out, with particular attention to be focused on
catalytic tars cracking units and particles deep filtration devices.
As regard the analytical methodology for the assessment of overall gas cleaning lines,
some improvements are suggested to be achieved, too. Especially performances analysis
of gas cleaning units in regeneration phase need to be still carried out, and a rating
method for the overall system reliability should be defined. Maintenance operations for the
different gas cleaning units should be also included in the overall system valuation.
Other cleaning units could be also added to the one considered in this analysis.
Finally, costs estimation should be also carried out for the different paths in order to
complete gas cleaning lines evaluation, even from financial point of view.
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APPENDIX
A Single efficiencies for packed bed filters:
Interception:
1. Ei int erception =

(1 − ε ) ⋅ N R i 2

K ⋅ (1 + N R i )

dp

2. N R =

dg
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Brownian diffusion:
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B Jet pulse calculation for cleaning of candle and fabric filters
When an opposite gas flow is injected to the filtration equipments during operation, the
stress (Pa) that acts on the separation surface between the filter medium and the cake can
be estimated as the difference between the total pressure drop in the unit and the one
pertaining to the only same filter medium. Indeed, this difference also corresponds to the
cake pressure drop, that can be in turn written as a function of the jet pulse velocity Uc.
1.

∆pcake = κ´⋅U c ⋅ M o

2.

M

= x ⋅ m ⋅ u ⋅τ

o

In order to detach the cake from the filter surface, this calculated value has to be at least
equal to the so called detachment stress, that depends on particle nature and size, but it is
not affected by cake thickness. According to the Rumpf’s agglomerate strength model
[Seville, 1997], the detachment stress can be estimated as follows:
3.

σc =π ⋅

(1 − ε ) ϑ
⋅
ε

dp

As a consequence, the minimum necessary jet pulse velocity can be calculated as:
4.

Uc =

σc
κ´⋅x⋅ m⋅ u⋅τ

And the gas cleaning flow (averaged in a regeneration cycle) is:

5.

Qc =

A⋅tp ⋅σc

κ´⋅x⋅m⋅u⋅τ 2
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C Dimensioning of fluidized bed reactors for catalytic tars cracking
In this work, the same catalyst amounts calculated in the case of fixed bed units design
were also considered for sizing fluidized bed catalytic tars cracking units.
Catalyst particles sizes were instead chosen in order to belong to Geldart B Group
[Geldart, 1986] (for which bubbling fluid dynamic behaviour of the reactor is easy to be
established) and as to achieve the best operating conditions (in terms of tars conversion
factor) according to the raw gas flows and the same amounts of catalyst. 200µm bed
material size was chosen for 8 Nm3/h gas flow unit and 500 m particles were envisaged for
the other two larger units
Minimum fluidization velocity was calculated by means of the following relation [Kunii,
1969]:
1.

1.75

ε mf 3ϕ s

(

d g umf ρ g

µ

150 (1 − ε mf ) d g u mf ρ g
d 3g ρ g (ρs − ρ g ) g
) +
(
)=
3
2
2
2

ε

mf

φ

s

µ

µ

The ratio between gas superficial velocity and minimum fluidization velocity was fixed to 4
in the case of 8 Nm3/h unit and to 3 in the other two cases.
From the ratio of gas flow design values and gas superficial velocities, cross sections and
bed diameters were calculated. Void fraction of the bed εmf at minimum fluidization
condition was estimated according to bed material size [Kunii et al., 1969] and, finally, bed
heights at minimum fluidization condition were calculated as follows:
2.

kgcat / [Abed · ρs · (1 – emf)]

According to the two phase bubbling model, fluidized bed is divided in bubbles and
emulsion phase. Most of the gas is flowing trough the bed as bubbles, while catalyst
particles are almost completely included in the emulsion phase.
Bubbles grow and accelerate from the bottom of the bed to its upper surface and they are
surrounded by an high solids concentration zone, called cloud. Besides, because of the
different velocities between bubbles and gas in emulsion phase, a depression zone is also
created in the bottom part of bubbles, called wake. As a consequence of depression, an
higher concentration of solids is detected in this zone, as well.
Both cloud and wake amplitudes depend on bubbles size and velocity. Nevertheless, the
most of the catalyst is still considered to be in the emulsion phase, that therefore is also
considered as the main zone where catalytic reactions take place.
Reacting gas is on the contrary supposed to be in bubbles only, since the emulsion phase
gas is considered at minimum fluidization condition or even stagnant, so that it can be
neglected in respect with the total gas flow. For this reason, two phase bubbling model can
be only applied in the case gas superficial velocity is quite higher than minimum
fluidization velocity. Minimum ratio between them is suggested to be around 2.
In order to estimate the effective tars cracking efficiency of reactor, gas mass transfer
phenomena from bubbles to clouds and wakes, and/or from these latter to the emulsion
phase need to be considered, besides the intrinsic kinetics of reactions.
Conversion factor for bubbling bed tars cracking units is given by:
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 Lbed ⋅ k  
1
 ⋅ γ b +
3. X = 
k
1
 ub  
+
1

(K bc )b γ +
b

k
1
+

(K ce )b γ e














γb, γc and γe are respectively the volumes of solids in bubbles, clouds and wakes, and
emulsion phase, in respect with the total volume of bubbles.
As already mentioned, solids in bubbles are almost zero. In this case, γb is estimated as
0,005, while γc and γe are calculated as follows:



3u mf / ε mf

4.

γ c = (1 − ε mf )

5.

γ e = (1 − ε mf ) ⋅ 

 0,711( gd b )

0,5

− u mf / ε mf


+α


1− δ 
 − (γ c + γ b )
δ



where α is the ratio between the volume of the wake and the volume of the corresponding
bubble, Vwake / Vbubble. It is calculated through the following empirical formula:
6. α = 1 − exp(−0,057 ⋅ d b )

δ is the bed volume consisting on bubbles and it is in turn estimated as:

7.

δ=

u o − u mf
u b − u mf

ub is the bubbles velocity and it is given by:
8.

[

( )

ub = 1,6 ⋅ (uo − umf ) + 1,13 db

s 0,5

]⋅ D

1,35
bed

1

2  1 6
0,5
+
⋅
 ⋅ (gdb )
3 1− α 
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(Kbc)b and (Kce)b are respectively the gas mass transfer coefficients from bubbles to wake
and cloud and from these latter to the emulsion phase (in respect with the bubbles volume
in the bed). They are estimated by the followings:

9.

 u mf
= 4,5 ⋅ 
 db

(K bc )b

( )

 D m 1/ 2 ⋅ g 1/ 4

 + 5,85 ⋅ 
3/ 4

db








1

10.

(K ce )b

 ε mf ⋅ D m ⋅ u b
= 6,78 ⋅ 
3

db


2




As it can be seen, bubble diameter appears in many of these formula. Since they grow
from the bottom of the bed to the upper surface, their average value was considered as
the bubble size in the overall bed.
Different equations have been found out in order to estimate bubble size at gas distributor,
dbo (at the bottom of the bed), as well as the ones at the upper surface of the bed, dbs. The
formula considered in this work are shown below:
Darton:
11.

[

]

0,411 ⋅ Aor ⋅ (uo − umf )

d b0 =

g 0,2

0, 4

(

0,54⋅ (uo − umf ) ⋅ Lbed + 4 Aor
0,4

s

12.

db =

14.

d b = d bo + 0,027 ⋅ Lbed ⋅ (u o − u mf

)

0,8

g0,2

Geldart:
13.

[

]

0,361⋅ Aor ⋅ (uo − umf )

db0 =

0, 4

g 0, 2

s

)

0 , 94

Mori and Wen:
15.

db0 =

[

]

0,347 ⋅ Aor ⋅ (uo − umf )

max

g 0, 2
s

0, 4

16. d b

 −0,3⋅Lbed 

Dbed 



db − db

17.
=
e
max
d b − d bo
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max

=

[

0,374 ⋅ π ⋅ Dbed ⋅ (u o − u mf
2

g 0, 2

)]

0, 4

Average values from these relations were considered for both of the case, dbo and dbs.
Lbed was then estimated using an iterative procedure, according to eq. 7, 8 and the
following one:
18.

Lbed = Lmf · (1 + δ)

Finally, TDH for bubbling beds was estimated by means of the following empirical
equations [Geldart, 1986]. The average value was chosen in this case, too.
19. TDH = 1000 · uf2 / g

(Fournol et al.)

20. TDH = 4,47 · dbs 1/2

(Horio et al.)

21. TDH = 0,85 · uf1,2 (7,33 – 1,2 log10uf)

(Amitin)

uf is the gas velocity in the freeboard. According to the gas flows considered in this work,
in some cases it was reduced by enlarging reactor diameters, in order to obtain acceptable
values of TDH.
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